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ABSTRACT

Liquid phase mxing and holdup are two inportant
paraneters required for the nodelling and consequent
eval uation of the performance of anaerobic fluidized bed
bi oreactors. Few papers have appeared in recent tines,
attenpting to characterize liquid phase m xi ng and hol dup
in sinulated biological reactors. But, the peculiar nature
of biological systens as regards in gtu gas production,
which is difficult to sinulate, nmean that results from
sinulated studies need to be verified against active
bi ol ogical system One of the problens hindering this
verification is finding suitable tracer for wuse, in
determning the axial liquid dispersion coefficient, wth
m crobi al system

In this work, the effects of superficial Iliquid and
gas velocities in the ranges 0.0084 to 0.0351 cnmls and
0.054 to 0.335 cnis respectively, on axial l[iquid

di spersion coefficient (D,) and liquid holdup (e, were
studied in an anaerobic colum bioreactor, of 3.81 cm
i nt ernal di anet er, containing flocculent strains of
Saccharomyces cerevisiae. The strains used are Y6 and NCYC
1026. The gas velocities were cal cul ated fromthe ethanol
concentrations and were varied by varying the glucose feed
rate. Since D and e, were determned from the liquid
residence tinme distribution, a search for a tracer
suitable, for use with the yeast, was conducted. 1In
addition the performance of the bioreactor was studied
under the sane liquid and gas flow conditions.

Five tracers, methyl violet, nethyl green, aniline
bl ue, fluorescein and dextran blue, were tested at three
stages. Inthe first stage, shake flask fernentations were
performed. Methyl wviolet was found to affect yeast
nmet abolism by hindering it while methyl green pronoted
yeast netabolism These tracers were also partly lost due
to adsorption on cells surfaces. Fluorescein, aniline blue



and dextran blue had no significant effect on the yeast
metabolism but the optical density of fluorescein was
affected by pH changes. Thi s necessitat ed t he
recalibration of fluorescein solutions, taking into
consideration the effect of pH

In the second stage, anaerobic batch fernentations
were perforned in a one liter LH batch fernmenter. Al the
tracers used, aniline blue, fluorescein and dextran bl ue,
did not affect the bioconversion. But, aniline blue was
conpletely lost after eight hours of fernentation. On the
ot her hand, the concentrations of fluorescein and dextran
blue remained unchanged for the entire fernentation
peri od.

Inthe third stage, fluorescein and dextran blue were

t est ed in colum anaerobic bi or eact or cont ai ni ng
floccul ent yeast, strain Y6. Both fluorescein and dextran
blue were, in turn, injected into the colum and the

response determned at a point downstream The results
i ndicated that fluorescein was absorbed by the yeast floes
and the response curves had very long tails; only about
9.7% of the tracer injected was recovered. On the other
hand, dextran blue was not absorbed and its recovery was
over 70% Therefore, dextran blue was chosen for use as
tracer, for the purpose of determining the Iliquid
resi dence tinme, in the bioreactor.

Study of the performance of the bioreactor were
performed with inlet glucose concentrations of 30, 50 and
70 g/1 and liquid flowrates of 5.75, 12, 18 and 24 mMl/mn
respectively. The results have indicated that the reactor
was simlar to tower fermenters reported in the
literature. Biomass concentrations of about 48 and 63 g/1
were obtained for strains NCYC 1026 and Y6 respectively.
The fluidized bed height ranged from 49 to 129 cm
t hroughout the course of the experinents. Et hanol
productivity, based on liquid volume, was in the range
28.76 to 138.37 g/ (l.hr). Ethanol concentrations in the



range 9.2 to 31.6 g/1 were obtained. Gl ucose consunption
was over 80% for all conditions except at inlet glucose
concentration of 70 g/1 and liquid flowrate of 24 m/mn,
where it was 76% Ethanol yield was over 67%in all cases,
except at inlet glucose concentration of 70 g/1 and liquid
flowrate of 24 m/mn, where it was 48%

Axial liquid dispersion coefficient and liquid hol dup
wer e eval uat ed from the l'iquid resi dence time
distribution. Attempt to determne the liquid hol dup by
draining the liquid content of the bed, failed because gas
production continued even when liquid flow was stopped and
the yeast bed blocked the base of the tower, preventing
the liquid from draining. Measurement of Iliquid holdup
using the pressure drop method also failed, because yeast
escaped into the manometer tubes and gas production
interfered with manometer readi ngs. Nonetherless, estimate
of the bed voidage was made using the height difference
between the fluidized bed and the bed under no flow
condition. Consequently, the gas holdup and the solid hold
up were obtained by difference.

Results fromthe dispersion study, indicated that the
axi al di spersion coefficient was correlated by the
followi ng relationship:

D, = 7.0471i {7y -3

with a goodness of fit of 52.9% and D, was given in cm/s.
Significance testing has shown that the gas superficial
velocity has little effect on the axial Iliquid dispersion
coefficient and as such, for these type of system the
di spersion coefficient can be evaluated from the Iliquid
velocity al one. Furthernore, axial variation in the
di spersion coefficient was negligible, due to the weak
effect of gas velocity on D, Values of the dispersion
coefficient obtained were in the range 0.47x10 to 8.3x10"*
nr/s 29 a'e Jower than values reported for non-active



fluidized beds.
Results for the liquid holdup indicated that this

paraneter was increased linearly by increased liquid
vel ocity and decreased linearly by increased gas velocity.
The liquid holdup was correlated to liquid and gas

velocities by the realtionship:

G =0.124 - 0.067uqy + 3.85uL

with a goodness of fit of 75.1% Significance test also
indicated that the influence of gas velocity on liquid
hol dup, was margi nal and therefore, the liquid holdup can
be obtained from the liquid velocity alone. The
correlation of Richardson and Zaki (1954) was al so noted
to fit the data and val ues of the exponent n were found to
depend on inlet glucose concentration and strain type. The
values obtained were in the range 0.227 to 0.528 for
strain NCYC 1026 and 0.997 for strain Y6 respectively.
Axial variation in liquid holdup was not pronounced due to
the weak effect of gas velocity on this paraneter. Liquid
hol dup values were in the range 0.111 to 0.243 and are
generally low, below the value of 0.4 regarded as the
voi dage at mninum fluidization condition

The contribution of the gas hol dup to the bed voi dage
was found to be significant; a maxinmum of 59.8% was
obtained while the mninum was 0.58% Therefore, this
contribution depended on the process condition.

It should be noted that in this system due to the
floccul ant nature of the yeast, proper fluidization of the
yeast bed was not achieved inspite of using higher inlet
gl ucose concentration of 100 g/1. However when a 3 Mol ar
solution of sodium chloride was added into the growh
medi um fluidization was achieved, but there was total
i nactivation of the bed.
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CHAPTER ONE

GENERAL INTRODUCTION



1.1 GENERAL

In biotechnology, microorganisms are used as
catalysts in two major areas of application; in the
stabilization or treatment of domestic and industrial
wastewaters and in bioproduction of useful materials such
as enzymes, antibiotics, fuel, alcoholic beverages and
vinegar and numerous other organic compounds.

The basic principle, in most of these applications,
is the same. The microorganisms are supplied with adequate
growth nutrients. The limiting substrate is usually the
carbon source. Environmental conditions such as
temperature and pH, are controlled at optimum values
conducive for the healthy growth of the microorganisms.
Oxygen may be supplied in form of air or pure oxygen.
There are, however, some microorganisms which require an
absence of oxygen. These types are called anaerobic so as
to distinguish them from those needing oxygen or aerobic
types. In wastewater stabilization, the main cause of
pollution, the carbon source, serves as the substrate.

At favourable environmental conditions, the
microorganisms consume the substrate and their population
increases while byproducts of metabolism, which may be
useful materials, are produced. The nature of the products
formed and the rate at which the production or waste
stabilization proceeds, are dependent on the type of the
microorganisms, the food source and the prevailing
enviromental conditions in which the organisms live.

Bioconversions proceed via a multiple of complex
biochemical reactions taking place within the microbial
cells. In some cases the substrate or the byproduct,
formed, could inhibit some of these reactions causing low
rate of microbial activity and this may affect the overall
rate of the bioconversion. Transportation of substrate in
and products out of the microbial cells can also,
significantly, affect the performance of the
microorganisms. It is thus essential to ensure that



transport phenomena are not rate limiting or that their
effects must be considered in determining the overall rate
of product formation or wastewater stabilization.

In suitable environment, the rate of growth of the
microorganisms depends on the nature of the organisms and
substrate, concentration of the microorganisms and the
kinetics of the bioreaction; whether it is product or
substrate inhibited. The specific growth rate of the
microorganisms (u) is defined as shown in equation 1.1.

o TN 1.1)

The specific growth rate is not a constant; it is
dependent on substrate concentration. The most commonly
used eguation, giving the relationship between specific
growth rate and the limiting substrate concentration, is
the Monod's equation (Egn. 1.2),

= ...___._.C'
p pm K, + C,

Substituting this value of p into equation 1.1, gives

dc, C,
.éijgf = “"“‘EZT}EZ 1:3)
The left hand side of equation 1.3 is the specific growth
rate of the microorganisms and its inverse gives the
solids or cells retention time (SRT). Thus, the minimum
solids retention time is closely related to the maximum
growth rate of +the organisms, An efficient microbial
process must have solid retention time (SRT) that is ten
times the minimum SRT (Jewel, 1985).

The rate of growth of microorganisms is related to
the rate of substrate utilization via the yield factor
(¥;,) and is given by equation 1.4.



_dCsz 1 dCy 1.4)
dt Y,s dt

Therefore, if the endogenous respiration of the cells is
neglected and neither the product nor the substrate are
inhibiting, the rate of substrate utilization is given by
equation 1.5 (Bailey and 0O]lis, 1977; Jewel, 1985}).

_dC__,= Mpax Cs Cp 1.5)
dt Y., K, v+ Cy

It is evident, from equations 1.3 and 1.5, that high
concentration of micreorganiasms coupled with high SRT are
essential if efficient microbial process, as seen by high
rate of substrate utilization and high rate of
bicconversion, is required. A means to achieving high SRT
and high biomass concentration, in bioleogical systems, is
the immobilization of the microbial cells. Immobilization
was reported to cause tremendous increases in biomass
concentration and solids retention time (Kosaric and

Blaszczyk, 1990).

1.2 IMMOBILIZATION OF MICROBIAL CELLS
Microorganisms are said to be immebilized if they are

physically confined to particular regions in space and

used repeatedly without losing their microbial activity or
characteristics (Klein and Wagner, 1983). Godia, Casas and

Sola (1987b) have outlined the advantages of

immobilization as follows:-

1 Population of microbial cells is substantially
increased and +his results in increased rate of
substrate utilization and productivity.

ii) Risk of contamination is minimized because of +the
high density of immobilized cells in the reactor.

iii) Accidental changes in the feed composition or other

operating conditions can be contained easily. This is



because fermentation activity can be restored quickly

cnce the problem is solvad.

iv) Immobilized systems are very suitable for use in
continuous operations and hence, effective system
control can be applied.

Cell immobilization rcan, however, have negatilve
effects on the behavicur of cells. The extent of any
effect depends on the type of microorganism, carrier,
immobilization technique and the biochemical reaction of
interest. Common effects encountered include poiscning of
cells, high diffusional resistance of carrier material,
and partitioning effects (Klein and Wagner, 1983; Kennedy
and Cabral, 1983; Fan, 1989} . In spite of +these,
immobilized microbial systems have been used in the
production of enzymes, fuel ethanol, wvinegar, beverages
and a number of organic acids and substances and for the
treatment of municipal and many industrial effluents
{Linko and Linko, 1983; Jewel, 1985; Fan, 1989).

There are, broadly, two methods of cell
immokilization; attachment and entrapment (Scott, 1987).
The later refer to cases where organisms are caught in the
interstices o¢f fibrous or porous materials or are
restrained within by a solid or porous matrix such as
stabilized gel or membrane. Attachment refers to methods
in which the organisms are made to adhere to surfaces or
other organisms by self adhesion or chemical bonding.
There are also many sub-categories within each of these
types o¢f immobilization. These are reviewed elsewhere
(Klein and Wagner, 1983; Kennedy and Cabral, 1983; Scott,
1987; Godia, et al., 1987b; Fan, 1989) and, as such, only

brief discussicn is presented here.

1.2.1 Attachment of cellis
Many types cf cells have the ability to aggregate
with other organisms or to adhere to inert solid surfaces.

Immokilization of microorganisms to solid surfaces is an



ancient practice for the manufacture of vinegar and in
trickling filters, used for the treatment of potable water
(Karkare, Dean. Jr. and Venkatasubramanian, 1985). The
mechanism involved in the immobilization is not fully
understood (Atkinson and Fowler, 1974). It is however
believed that some +types of organisms secrete macro
molecules such as polymucosaccharides that act as a 'glue!’
which binds cells, together, or to the soclids' surfaces
{Scott, 19B7; Kosaric and Blaszczyk, 1990). The two most
important methods of c¢ell attachment are aggregation and

attachment to surfaces.

1.2.1.1 Cell aggregation

Some organisms +tend %o form aggregates or floc
particles. This cccur with various yeast strains including
Saccharomyces cerevisiae and some bacteria; for example
certain strains of Zymomonas mobilis (Prince and Barford,
1982c). The size of flocs depend on <he +type of
microorganisms and on other factors such as cell age,
ionic strength, pH, and medium composition (Scott, 1987).
Greenshields and 8mith (1971) have observed that the yeast
8. cerevisiae has strains of differing flocculation
capacity; the physically iimited and +<he fermentation
limited. With the former, increase of liquid flow rate,
above a certain value, can cause the complete washout of
the yeast flocs. With the later type, the flocs do not get
washed out even at considerably high liquid flow rates,
but the fermentation becomes less efficient. Self
flocculating microorganisms have been used for +the
manufacture of ethanol (Ault, Hampton, Newton and Roberts,
1969; Prince and Barford, 1982a).

Microbial aggregation can be induced under some
enviromental conditions and can also be enhanced by the
addition of polyelectrolytes (Aiba and Nagatani, 1971;
Kosaric and Blaszczyk, 1990),



1.2.1.2 Attachment to surfaces

Many +types of microorganisms have a +tendency +to
adhere to solid surfaces. This sometimes causes problems
as in the case of marine fouling or tooth plague, but it
alse has bioprocessing applications. A +thin microbial
layer or biofilm, of thickness about 50 to 200 pgm, is made
to grow on the surfacesg of stones and sand, coal, or resin
particles of sizes 0.2 to 0.B cm (Heijnen, Mulder, Enger
and Hoeks, 1989). There is, usually, an optimum bicfilm
thickness above which penetration of nutrients into the
microbial film is hindered. This means that there is no
supply of essential nutrients to the cells at points deep
inside the biofilm. Decay of these cells could lead to the
losz of the entire biofilm (Atkinscn and Fowler, 1974).

Factors affecting the formation of biofilm on inert
surfaces are still being studied {(Gorris, van Deursen, van
der Drift and Vogels, 1989), however, addition of
synthetic polymer was found ¢o enhance retention of
biomass on saolid surfaces (Stronach, Diaz—-Baez, Rudd and
Lester, 1987).

Microbial cells have been attached to surfaces of
granular activated carbon, coal and sand particles and
used for the +treatment of Dblodegradable and non-
biodegradable wastewaters (Pfeffer and Suidan, 1989}, whey
(Boening and Larsen, 1982), and synthetic waste waters
{(Chen, Li, and Shieh, 1985a; Gommers, Eijleveld and
Kuenen, 1988a}.

1.2.2 Entrapment of cells

These technigques of immobilization do not depend on
cell properties. The cells are held within the interstices
of porous materials such as sponge or fibrous substances,
or physically restrained by membrane cor encapsulating gel

matrices.



1.2.2.1 Encapsulation

Physical entrapment of organisms inside a polymeric
matrix is a widely used technique for cell immobilization.
The biocatalysts are mostly used in form of beads and are
formed by first adding the cell suspension to an aqueous
solution of the gelling material. The resultant mixture is
then feormed into droplets either by forcing it dropwise
through a nozzle or orifice or by dispersing it into a non
interacting liquid medium (Klein, Vorlop. Eng, Xluge and
Washausen, 1979; Scott, 1987). MNatural gels such as
alginate and K-carrageenan are mostly used (Godia, Casas
and Sola, 1987a). However, other synthetic materials such
as polyacrylamide are also used (Morikawa, KXarubke and
Suzuki, 1980). Alginate Dbeads have been used for the
manufacture of ethancl (Williams and Munnecke, 1981; Lee,
Ahn and Ryu, 1983).

The choice ©f carrier depends on +the process
requirements, but materials which are cheap, have high
porosity and mechanical strength and do not have any
harmful effects on +the microorganisms, are preparable

(Nagashima, Azuma, Noguchi, Inuzuka and Samejima, 1984).

1.2.2.2 Membranes

Semipermeablie membirane materials are used to isolate
cells from +the bulk 1liquid. The membrane allows the
molecular transpeort of soluble matter to and from the
immobilized cells while confining and protecting the
organisms. This method of immobilization has been used for
the manufacture of ethanol (Mehaia and Cheryan, 1984) and
for the hydrolysis of protein (Deeslie and Cheryan, 1981).

Substrate and product diffusion, membrane plugging,
and low operational stability are the main problems
assoclated with this immobilization technique (Godia et
al., 1987b). It 1is also necessary to control microbial
" growth in order to prevent excessive build-up of biomass

since this could cause high pressure that may rupture the

7



membrane.

1.2.2.3 Porous materials

Mats of fibres such as cotton, nylon mesh or cloth,
metallic mesh and various types of foams or sponge have
voids that allow organisms to penetrate and grow into
large colonies. This immobilization method was used for
conversion of xylose to ethanol (MacDonald, 1991) and for
the manufacture of vinegar (Ationu, 1986).

1.3 BIOLOGICAL REACTORS

Numerous types of biological reactors or fermenters
are used 1in processing of biochemicals. There are,
however, two types of operational modes; batch and
continuous. The batch mode is the traditional means of
carrying out bioconversions. A batch fermenter is a large
vesse]l into which the organisms, substrate and nutrients
are placed together. Stirring may be provided while the
temperature and pH are, usually, controlled  until
virtually all the substrate is utilised. The product and
the organisms are then removed and separated.

The major problem with batch fermenters is that they
cannot easily be integrated into continuous operation
systems (Margaritis and Merchant, 1987). They are also not
suitable for processes exhibiting substrate inhibited
kinetics because of the high starting concentration of
substrate. Furthermore, biomass build-up in the batch
fermenter is limited. When immobilized cells are used, a
separation process 1is required to recover the cell
preparation, to permit its re-use. During the operation of
this recovery process, appreciable loss of biomass may
occur, as well as, loss of activity. So, for industrial
processes, the use of immobilized <c¢ells in a batch
operation will be limited to the production of rather
small amounts of fine chemicals (Kennedy and Cabral,
1983).



Other forms of Dbatch fermenter are +the batch
recirculation and fed batch bioreactors. The former may be
packed or fluidized bked with complete recycle of the
effluent. It is useful in cases where a single pass gives
inadequate conversion and it has the advantage that mass
transfer effects can be reduced due +to the high
ocperational fluid velocities (Kennedy and Cabral, 1983).
In the fed batch fermenter, +the substrate 1s fed
continucusly and no outlet is provided. The advantage of
this system over the conventional batch fermenter, is that
the substrate inhibition effect could be reduced, because
of the high biomass concentration and low substrate feed
rate, However its major drawback is the accumulation of
praoduct in the fermenter, and this could interfere with
the viability of the crganisms, expecially for processes
exhibiting product inhibition,.

There are many types of continuous fermenters in use
for biochemical reactions. Four of these are most widely

used and are dizscussed in the proceeding sections,

1.3.1 Continuously Stirred Tank Fermenter (CSTF)

The CSTF is a stirred tank, containing the organisms,
into which the substrate and nutrients are continuously
fed (Fig. la). The product and biomass are also,
continuously., removed in the effluent. The rate of blomass
removal, in the effluent, is balanced by the rate of
biomass precducticon in the bioreactor. Because of this
biomass wastage, it is difficult t¢o obtain high biomass
concentration in the CSTF. Productivity of the CSTF is,
therefore, limited as a result of relatively low biomass
concentration. Even where the organisms are immobilized in
alginate beads, significant leakage and attrition of
active cells has been observed (Lee et al., 1983),
Constant stirring may also cause destruction of viable
cells and carrier, due o the shearing effect.

The CSTF is suitable for processes with substrate

9
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(Venkatasubramanian, Karkare and Vieth, 1983)

inhibited kinetics because the substrate concentration
anywhere within the bioreactor is +the same as the
substrate concentration in the effluent. On the other
hand, high product concentration in the reactor make CSTF
unsuitable for processes having product inhibited

kinetics.

1.3.2 Packed Bed Fermenter (PBF)

This is the commonest bioreactor used with
immobilized cell systems. When the biocatalyst is in the
form of beads, chips, disks, foam, fibre, pellets or
sponge, it can be packed easily into a column (Fig. 1b).
Usually liquid, containing the substrate, is passed intc
the column from the bottom, though, it can also be passed
from the top as in trickle filters. If the velocity
profile across the packed bed is flat, then the reactor is

said to operate as a plug flow. But, deviations from this

10



idealized condition do occur (Anselme and Tedder, 1987;
Swaine and Daugulis, 1989).

Packed Dbed fermenters have the advantage of
simplicity in operation and are particularly suitable for
processes with product inhibited kinetics, because high
product concentration occurs at the reactor exit only. On
the other hand, PBF 1is not suitable for processes
inhibited by substrate due to high concentration of
substrate at the entrance to the reactor.

For aerobic systems or where gas is produced, poor
gas—liquid contact may cause inefficient bloconversion.
Furthermore, packed bed fermenters have the disadvantage
of relatively poor mass transfer rates, channelling (which
inactivates portions of the bed) and compaction under
downward flow conditions (Karkare et al., 1985). Moreover,
plugging of packed beds also does occur due to biomass
growth or presence of inert solids in the feed. This could
result in high pressure drop across the bed and high gas
hold up (Anselme and Tedder, 1987).

However, in spite of the above shortcommings, packed
bed fermenters have been used, in the laboratory, for the
manufacture of ethancl, using yeast immobilized in calcium
alginate (Williams and Munnecke, 1981), carrageenan (Godia
et al., 1987a) and on brick particles (Anselme and Tedder,
1987). They were also used for pilot scale manufacture of
ethanol (Nagashima et al., 1984). Packed bed fermenters,
often referred to anaerobic filters, have been used for
anaerobic treatment of wastewaters (Sahm, 1984; Kosaric
and Blaszcyk, 1990).

1.3.3 Hollow Fiber Fermenter (HFF)

As the name suggests, this fermenter is made-up of
layers of hollow fibers that separate the biocatalysts
from the substrate (Fig. 1lc). The Dbiocatalyst Iis
immobilized either on the shell or tube side of the hollow
fiber. This type of fermenter was used by Mehaia and

11



Cheryan (1984), for the production of ethanol using 5.
cerevisiae. They obtained ethanel! productivity of 10
g/(l.hr), which was about five +*times that of a batch
fermenter. Their observations indicated that the fibre
barrier causes very low mass transfer rates. Also cells
far from the fibre become non-viable due to lack of
nutrients. Removal of these cells form the reactor was
necessary, otherwise the high cell density could cause
pumping problems that may lead to rupture of the sensitive
fibre.

The hollow fiher fermenter 1is not suitable for
processes with substrate inhibited kinetics, because due
to poer liquid mixing, the cells at the entrance to the
reactor experiance high substrate concentrations. But it
is suitable for processes exhibiting product inhibition,
because high product concentration occurs only at the exit

of the reactor.

1.3.4 Fluidized Bed Fermenter (FBF)

The FBF is in between the CSTF and the packed bhed
fermenter. The substrate is passed through the bottom of
the reactor (Fig. 1d) at a velocity sufficient enough to
expand the bed of particles, of immobilized
microorganisms, beyond the point at which the frictional
drag, exerted on the particles by the flowing liguid, is
balanced by +the down-ward force, exerted by gravity.
Usually, the organisms are either self flocculating or
immobilized on fine inert particles such as sand, coal,
charcoal and beads made from natural or artificial
materials (Setiadi, 1989). The support particles are
usually of size 0.2-0.8 mm in diameter, creating a surface
area in the order of 2000 ml/m3 of bed: and fluidization
allows the entire surface of each particle to be colonized
by the organisms, resulting in a biomass concentration
near 40 g/l (Heiijnen et al., 1989). This high biomass

concentration allows the reactor size and processing times

12



to be markedly reduced (Switzenbaum, 1985).

Fluidized beds containing flocculant yeast have been
used in the production of beer and fuel ethanol (Ault et
al,, 1969; Prince and Barford, 1982a). FBF have also been
used for the treatment of domestic wastewater and many
types of industrial effluents (Sahm, 1984), and for the
manufacture of antibiotics, enzymes, and vinegar (Fan,
1989). Examples of these applications are listed in Tables
1.1 and 1.2 for wastewter treatment and bioproduction,

respectively.

Table 1.1 Some applications of fluidized bed
fermenters in wastewter treatment

—e — —
Type of Reference
wastewater

Sulphide and Gommers et al., 1988a&b
acetate waste

Nitrate waste Narji, Khilar, and Mahajan, 1984

Phenolic waste | Pfeffer and Suidan, 1989

Dairy waste Bull, Sterritt and Lester, 1982

Whey treatment Boening and Larsen, 1982

Synthetic meat | Stronach et al., 1987

waste

Industrial Bull, Sterritt and Lester, 1984
waste

Sewage and Yoda, Hattori and Miyaji, 1985;

Municipal waste | Stronach, Rudd and Lester, 1986a&b;
Goris et al., 1989

Sahm (1984) has outlined some of the advantages of
fluidized bed biorectors as follows:-
i) Maximum contact between 1liquid and immobilised
microorganisms is provided. This enhances the mass

transport rates, in and out of cells.

13
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Table 1.2 Some applications of fluidized bed

fermenters in bioproduction

Product Reference

Ethanol Ault et al., 1969; Greenshields and
Smith, 1%971; Scott, 1%83; Bland, Chen,
Jewel, Bellanny, and Zall, 1982;
Prince and Barford, 1982b; Jones,
Korus, Admassu and Heimsch, 1984;
Nagashima et a&al., 1984; Karkare st
al., 1985; Davison, 1988

Fructose Ching, Ho, and Rathor, 1984

Hydrolysis of | Hamdane, Wilhem and Riba, 1988

maltodextrins

|| Glycerol Vijaikishore and Karanth, 1986
Isopreopancl Schoutens, Guilt, Zielemen, Luyben,
and Kossen, 1986
Bacitracin Morikawa et al., 1980
Patulin Berk, Behie, Jones, Lesser, and

ii)

iii)

iv)

V)

vi)

Gaucherl, 1984

Problams of channelling, plugging and gas hold-up are
avoided because the bed can expand to accomodate the
gas bukbles or growing biomass (Andrews and
Przezdziecki, 1986).

Ability to contrel and optimize the size of the
immobilized organisms.

The support medium enables the FBF to retain high
biomass concentrations and +thereby operate at
significantly reduced hydraulic retention time,.

In wastewater +treatment, large changes in organic
loading rates and temperature can be tolerated
without significantly damaging the treatment
efficiency; and both high and low strength
wastewaters originating from diverse sources can be
treated successfully.

There is relatively bhetter fluid mixing in FBF

14



compared to PBF and because of this mixing, processes

with both substrate and product inhibition, can

fairly be handled in FBF (Venkatasubramanian, Karkare

and Vieth, 1983; Fan, 1989),

However, operation of a fluidized bed bhioreactor
could be curtailed by shearing effects, on immobilized
cells, due to liquid and gas flows. Therefore, both gas
and liquid flows have +to be properly controlled (Fan,
1989). Moreover, there is also inevitably some liquid back
mixing which reduces the overall efficiency of the reactor

(Ching et al., 1984).

1.3.5 Other Fermenter types

Other +types of bioreactors, used particularly in
wastewater treatment, are the contact reactor (CR) and the
upflow anaerobic sludge blanket {(UASB). The contact
reactor igs essentially a CSTF with biomass recycle; the
effluent from the C3TF is passed into a clarifier where
the biomass is settled and returned into the CSTF. Because
the biomass is retained and recycled., the performance of
this system could be better than that of the CSTF.
However, a major difficulty encountered with this reactor
is in the biomass separation process, where gas bubbles
tend to adhere to the biomass flocs and hinder proper
settling (Sahm, 1984).

The UASB is very much similar to the fluidized bhed
bioreactor. The liguid is passed, from the bottom, through
a bed of flocculated hiomass. The performance of UASB
depends on the flocculating characteristics of the biomass
(Sahm, 1984).

Various combinations or variations of these
bioreactors can be used in crder to achieve the desired

objective (Venkatasubramanian et al., 1983).
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1.3.6 Choice of reactor type
The choice of the reactor type is very much
influenced by the operational requirements. Type of

organisms, method of immobilization, nature of the support
material and the chemical and the physical properties of
the substrate and the products also influence the choice
(Venkatasubramanian et al., 1983). A
the

bioreactors is presented in Table 1.3.

of reactor type

summary of some of characteristics of these

Table 1.3 Characteristics of continuous

fermenters

Character

HFF

PBF

FBF

Operation

Easy

Easy

Difficult

Catalyst:
Attrition
Replacement

Low
Easy

Low
Difficult

Low
Easy

Cell removal

Easy

Difficult

Easy

Pressure drop

Low

High

Low

Mixing

Good

Fair

Poor

Good

Viable cells

Uniform

Uneven

Uneven

Uniform

Oxygen transfer

Good

Fair

Poor

Good

Scale-up

Easy

Difficult

Easy

Difficult

Cost

Low

Low

Low

High

Control

Easy

Difficult

Difficult

Easy

Suitability for:
Product inhibited

Kinetics
Substrate inhibited
kinetics
(CSTF = Continously stirred tank fermenter; PBF
bed fermenter; HFF = Hollow fibre fermenter:

Fluidized bed fermenter)

(Fan,

1989)
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A comparism of their capabilities, in anaerobic treatment
of wastewater and ethanol production, are shown in Tables

1.4 and 1.5 respectively.

Table 1.4 Capabilities of bioreactors in
anaerobic wastewater treatment

Reactor type b Loading rg}er L
(kg COD m*d™")

r

CSTF 0.25-3
CR 0.25-4

10-30

1-40

1-100

(CR = Contact reactor; UASB = Upflow anaerobic sludge
blanket; HRT = Hydraulic retention time; SRT = Solids
retention time)

(Kosaric and Blaszczyk, 1990)

Table 1.5 Capabilities of bioreactors in
ethanol production

Glucose Ethanol Productivity
used, G, | concn., C, P g/(l.hr)
(g/1) (g/1)

ing 130 4.8

a7 12 26

59.7 8.9

47

(Godia, Casas and Sola, 1987b)
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It is evident, from these tables, that the fluidized
bed bioreactor has some unique advantages over the rest.
It enjoys good mixing of phases, low catalyst attrition,
uniform distribution of wviable cells, high scolids
retention time (SRT) and high through-put at relatively
short hydraulic retention time (HRT). Ethanol productivity
and sugar utilization in the FBF are also high compared to
other fermenter types.

1.4 OPERATION OF FLUIDIZED BED FERMENTER

A FBF can be operated either as a two phase (S-L) or
as a three phase (S-L-G) system. In both cases, the
immobilized cells form the solid phase and the growth
medium is the liquid phase. The ogais phase, in the three
phase system, may be oxygen or air if an aerobic condition
is required. It will be ancther gas if an anaerobic
condition is needed.

An example of the fluidized bed anaerobic fermenter
(FBAF) is the tower fermenter used in the production of
beer and fuel ethanol from gluccse, using flocculating
strains of the yeast §. cerevisiae or the bacterium Z.
mobilis (Greenshields and Smith, 1971; Prince and Barford,
1982b) .

Much work on FBAF 1is, at present, mainly in
laboratory and pilot scales. FBAF has successfully been
employed, in the laboratory, for the treatment of
municipal and industrial wastewaters, and for the
manufacture of ethanol as earlier presented in Tables 1.1
and 1.2. Pilot scale testings have shown that the reactors
are very effective for +the +treatment of wvarious
wastewaters including those from the dairy, chemical, food
processing, and soft drink industries; where more than 80%
COD removal at organic 'oading rates of 16 kgm ‘day * COD
or higher, has been achieved (Sahm, 1984).

Three full scale fluidized bed anaerobic fermenters

have been constructed, for wastewater treatment, by three
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companies; Ecolotrol HY-FLO, Dorr-Oliver and Gist-Brocades
(Heijnen et al., 1989). Also, industrial scale reactors
have been in use in the U.X., for the manufacture of
beverages and vinegar, since 1971 (Greenshields and Smith,
1971) .

Many applications of fluidized bed anaerobic
fermenters produce gas in situ as a by-product of the
biochemical reactions. This gas constitutes the gas phase

in an otherwise, two phase, S-L system.

1.4.1 FBAF with in situ gas production

In conventional fluidized bed anaerobic bioreactors,
the particles are supported by the combined flow of liquid
and gas, both of which are introduced at the bottom of the
reactor. In FBAF with in situ gas production, no gas is
passed into the reactor; it 1is produced in situ as a
result of the biochemical reactions. Because of the low
ligquid flow experienced in this type of reactors, the
generated gas bubbles were thought to support the
bioparticles (Gommers et al., 1986; Fan, 1989). Examples
of such applications include the treatment of sewage and
industrial effluents where carbon dioxide, methane,
nitrogen, and hydrogen sulphide gases could be produced.
Also in beer and fuel ethanol manufacture, large amounts
of carbon dioxide are produced.

Despite the numerous advantages of FBAF and its
potential for use for many biochemical processes, it is
not in much commercial wuse when compared +to batch
fermenters or CSTF (Fan, 1989). The main reason for this
is that fluidized beds have traditionally been assocciated
with problems of cumbersome and difficult operation:; a
tendency exacerbated by the difficulty of modelling the
behaviour of fluidized bed reactors and, consequently, the
inability to predict accurately the performance of the
scaled-up version of the reactor (Vekatasubramanian et

al., 1983). But, in sgpite of these complications, many
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researchers have directed efforts at modeling the FBF
(Ching et al., 1984; Hamdane et al., 1988; Davison, 1988;
Setiadi, 1989; Lin, 1991; Setiadi and Larsen, 1991). The
model they generally used is that of a plug flow with
superimposed dispersion, which accounts for the deviation
from ideal plug flow behaviour. It consists of three
terms; dispersion, convection and reaction. In this model
the substrate concentration, at any point along the column
length, is given by eguation 1.6, for steady state

situation.

d*c, 4, dC.

# dz? e, dz

+ R, =0 1.6)

The basic assumptions, in using this model, are that
the axial liquid dispersion coefficient (D,) and phase
holdups are uniform throughout the column and the radial
dispersion is negligible. The assumption of negligible
radial dispersion holds well particularly for beds of
small diameter particles because, for these systems, the
D, was found to be twenty to thirty times higher than the
radial dispersion coefficient (El-Temtamy, El-Sharnoubi
and El-Halwagi, 1979b).

On the other hand, assumptions regarding the
uniformity of axial 1liquid dispersion coefficient and
phase holdups may not hold, particularly in fluidized bed
anaerobic bioreactors with in situ gas production. This is
because D, and the holdups may be dependent on gas velocity
which increases with increasing bed height.

The dispersion model, shown in equation 1.6, is a
single parameter model in which deviation from ideal plug
flow is represented by the axial 1liquid dispersion
coefficient, D,. This deviation occurs as a result of
backmixing of the ligquid phase caused by the rising gas
bubbles, liquid turbulence and the motion of the suspended
particles (El-Temtamy, El-Sharnoubi and El-Halwagi,
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1979a). Thus, the dispersion coefficient, is a measure of
the extent of liquid mixing, in fluidized bed bioreactors.
It is evident, from equation 1.6, that liquid mixing,
represented by D., is an important phemonenon in the
medelling and subsequent scale-up of FBF. It has been
noted that liquid mixing in fluidized bed bioreactors has
significant influence on physical processes such as
interphase, intercellular or interparticle mass and heat
transfer (Kikuchi, Konno, Kakutani, Sugawara and Ohashi,
1984). Liguid mixing also affects the residence time of
fluid elements that enter the reactor which, in turn,
determines the reactor height required to achieve a given
substrate conversion level (Setiadi and Larsen, 1991).

A further look at equation 1.6 indicates that the
liquid holdup (e;) is another important parameter, for
modelling of fluidized bed bioreactors. This parameter
also affects the residence time of fluid elements entering
the system and, as such, it also determines the conversion
level achievable.

There exists much information concerning the
estimation of the dispersion coefficient and liquid holdup
in fluidized bed reactors. But, much of this information
relates to the applications of fluidized bed reactors in
chemical ©processes, whereas different particles and
process conditions are used in bioprocesses. Typical
bioparticles have density very close to that of the liquid
medium and, because of the low density of the particles,
the operating gas and liquid velocities are very small. In
FBAF with in situ gas production, the velocity of gas is
in the order of 0.05 to 0.20 cms’ (Gommers, Christoffels,
Kuenen and Luyben, 1986).

It is, perhaps, the realization of these basic
differences between chemical and biological processes that
induced some researchers (Kikuchi et al., 1984; Gommers et
al., 1986; Setiadi 1989) to study axial liquid dispersion
in fluidized bed reactors, at conditions similar to those
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obtained in fluidized bed bioreactors. Unfortunately,
these studies were carried out with abiotic systems in
which gas was supplied externally and, as such, the
correlations arrived at cannot, with certainty, be said to
be applicable to biological systems. Moreover, according
to Gommers et al. (1986), results obtained with external
gas supply set the upper limit for modelling of reactors
with in situ gas production. But, results obtained from
experiments with two phase, liquid-sclid systems may not
be of use either, because as Brohan and McLoughlin (1984a)
observed, the liquid veleccity at which complete liquid
mixing occured in tower fermenter was about eighteen times
higher in abiotic systems compared to bioactive ones.
Measurements of axial liquid dispersion coefficients
in fluidized bed anaerobic bioreactors were made by a few
researchers (Brohan and McLoughlin, 1984a; Admassu, Korus
and Heimsch, 1985; Davison, 1988). These measurements were
independently made at selected liquid velocities and the
attempt, to correlate the measured dispersion coefficients

to particle properties and liquid velocity, was not made.

1.5 OBJECTIVES

The primary objectives of this project are the study
of liquid mixing and bed expansion behaviour in fluidized
bed anaerobic bioreactors with in situ gas production; in
particular, the effects of gas and liquid velocities on
the axial liquid dispersion coefficient, and liquid phase
holdup. An active column bioreactor, containing
flocculating yeast strains of §. cerevisiae was used. The
reactor was operated anaerobically with glucose as the
sole and limiting substrate while ethanol and carbon
dioxide gas were produced in situ as a by-products.

The liquid axial dispersion coefficient and liquid
holdup were determined wusing the residence time
distribution (RTD) technique. A dye was used as the tracer
material and, for this reason, preliminary experiments
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were performed in order to find out the most suitable
tracer material for RTD determination. The performance of
the bioreactor was also studied so as toc enable comparison
with other bioreactors and the gquantification of the in
situ gas production.
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CHAPTER TWO

ETHANOL PORMATION AND PRODUCTION



2.1 INTRODUCTION

Manufacture of ethanol is probably cone of the best
known industrial bioprocesses. Ethanol is the principal
constituent in beer (Smith and Greenshields, 1973).
Concentrated ethanol can be used as substituts for motor
vehicle fuel and as a raw material for the manufacture of
numercus organic compounds (Kesaric, Puvnjak and Stewart,
1981).

Though industrial ethanol is currently mainly
produced by hydration of ethylene, there is now a general
drive towards the use of renewable resources processed
biochetnically (Keim and Venkatasubramanian, 1989).
Moreover, all beverage ethanol is produced by biological
processes (Gong, Chen, Flickinger and Tsao, 1981). The
production of ethanol using renewable resources such as
biomass and industrial wastes, has found favour in many
countries; for example the United States of America and
Brazil have establiished such fermentation plants. In these
countries, the potentials of ethanol for use as a
substitute for motor wvehicle fuel, are being investigated
and developed through Government funded projects (Keim and
Venkatasubramanian, 1989).

Many different microorganisms can be used for the
production of ethanol, but the vyeast Sacharomyces
cerevisiae is predominantly used (Kosaric et ai., 1981}
and can utilise, as substrate, a varlety of raw materials.
However, sugars and starches are most widely used.
Materials containing celluiose may also be used to produce
ethanol after some pretreatment (Chang, Chou and Tsao,
1981). Whey and some industrjial wastewaters have also bsen
used for ethanol production (Boontanjai, 1983).

In this section, the kinetics of ethanol formation
using §. cerevisiea and glucose substrate, is discussed.
Factors affecting the kinetics of ethanol formation will
be highlighted. Other factors affecting the production of

ethanocl, particularly in tower fermenters, will alsc be
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reviewed.

2.2 ETHANOL FORMATION

At suitable environmental conditions and in <the
absence of molecular oxygen, the yeast S. cerevisiase
metabolizes glucose (Cgﬁf%) and produce ethanol (C}ipH)
and carbon dioxide (CO;) as primary metabolites (Maiorella,
Wilke and Blanch, 1981), For every mele of glucose
consumed, two moles each of ethanol and carbon dioxide is
produced. In addition energy is released some of which are
required for biosynthesis. This reaction., in its simplest
form, is shown in equation 2.1 (Lievense and Lim, 1982).

CeH,,0 ~ 2C,H,OH + 2C0, + Energy 2.1)

The stoichiometry of equation 2.1 indicates that, on a
weight basis, every gramme of glucose can, theoretically,
yield 0.51 g of ethanol. In practice, though, actual
ethanol yields are about 90 % o©of the theoretical wvalue
because a portion of the glucouse is being used for
synthesis of new cells (Maiorella, et al., 1981).

Under aerobic conditions and at high glucose
concentration, glucose 1is predominantly fermented in
accordance with equation 2.1. Under these conditions, the
maximum specific growth rate of the yeast (u,,) is 0.4 -
0.45 hr! and the biomass yield (Y,) is about 0.15 g dry
biomass per g glucose consumed (Coppella and Dhurjati,
1989). But, at low glucese concentration (50 - 130 mg/l),
glucose is oxidised to CO; and new cells (Eqn. 2.2), with
Hgay ©f 0.25 - 0.30 hr™! and Yy, of 0.5 g dry biomass per g
glucose consumed and wvery little or no ethanol formed
(Coppella and Dhurjati, 1989).

CH,,0, + 60, -~ 6H,0 + 6CO, + Energy 2.2)

When the glucose becomes exhausted, yeast then oxidises

ethanol to produce more cell mass and CO; according to
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equation 2.3 (Lievense and Lim, 1982).

C,H,OH + 30, - 2H,0 + 2C0, + Energy 2.3)

A py,, of 0.14 - 0,20 hr'! and Y, of 0,6 - 0.7 g dry biomass
prer g ethanol consumed were obtained (Coppella and
Dhurjati, 1989).

The entire set of enzymatic reactions for ethanol
formation are very complex, but a simplified chart,

indicating some of the path ways, is shown in figure 2.1.

ADP trom blosyntheais

200 2
2 EtOH
Glugose b Glucose ]——D—Q Pyluulv—L')-‘w e'w.;—h

{1 mole}
ouced Anaerobic
nuclectidaa '
2 ATP oA Aerobic
Poo) A e .
gy F@" 6co,
Te blosyniheals

/ LI

Goll mass r Elaotron Transport Chain J

Oxlidizad nuciectidea ‘l
¢y ADP 8HO

Fig. 2.1: Aerobic and anaerobic catabolism of 5.
cerevisiae

{Maiorella et al., 1981)

The overall rate of ethanol formation depends,
primarily., on the nature and concentration of the
microorganism wused and on the type of raw material
utilized. Enviromental factors that include temperature,
medium pH, substrate and product concentrations, and

concentrations of medium additives, can have significant
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effects on the growth rate of +the microorganisms= and
subsequently on the kinetics of ethancl formation (Jones,
Pamment and Greenfield, 1981). Process conditions such as
the dilution rate or residence +time and internal and
external mass transfer rates could also have considerable
effects on the overall rate of ethanol production
(Greenshields and Smith, 1971).

2.2.1 Effects of glucose concentration

Maiorella et al. (1981) stated that at glucose
concentrations, less than 10 mg/l, ethanol production
proceeds at a rate that varies linearly with the glucose
concentration or first order reaction rate., But, at high
glucose concentration (above 150 g/1), glucose inhibits
ethanol production, while at intermediate glucose
concentratiocns, the rate of ethancl production is given
roughly by a Monod type relationship;

However, under anaercbic conditions, the specific rate of
ethancl production is essentially at its maximum value,
independent of glucose concentration, for 4glucose
concentrations above 3.5 g/l and less than 150 g/1,
because the saturation constant K,' has a low value in the
order of 0.35 g/1 (Maiorella et ai., 1981), The low wvalue
of the saturation constant also indicates that ethanol
production proceeds at zere order rate at intermediate
glucose concentrations,

The effect cof glucose on ethanol formation was also
reported by Lee et al., (1983). They used a packed bed
fermenter containing cells of S. cerevisiae immobilized in
calcium alginate beads. Their results shown in figure 2.2
indicated an optimum specific rate of glucose assimilation
at an inlet glucose concentration of 80 g/1.
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Subsequent increases in inlet glucose concentration caused
decreases in the specific rate of glucose assimilation.
The existence of an optimum specific rate of glucose
assimilation confirmed substrate inhibition of the yeast
metaboliam.

The results of Ghose and Tyagi (1979b) have not shown
an optimum glucese consumption rate, within inlet glucosse
concentration range of 71 g/l to 357 g/l, but a steady
decrease aof spevific growth rate and specific rate of
ethanol production as shown in Table 2.1. This was
probably because the fermentation was started at a high
glucose concentration, near that at which the optimum was
ocbserved by Lee et al. (1983).

The gradual decrease in the specific rate of ethanol
production due to increased concentration of glucose was

in accordance with the observation of Lee et al. (1983).
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cellodextrines like cellotriose, cellotetrose, etc.) that
may not have undergone fermentation was oprobably
responsible for the high inhibitcry effect of sugars in
bagasse hydrolysate.

2.2.2 Ethanol inhjhition

Ethancl, which 1is the main product in alcohol
fermentation, is itself toxic to yeast. Several
researchers have studied the effect of ethanol
concentration on the kinetics of ethancl formation by S.
cerevisiae.

Aiba, Shoda and Nagatani, (1968) have studied the
effects of ethanol inhibition in chemostat and batch
fermenters, in situations where glucose was not limiting,
They found that the inhibition effect of ethanol was given
by eguation 2.6, irrespective of the meode of operation.

- c
v =voexac- s 2.6)

However, they found values of v to be 3.4 hr™? and 1.1 hr’
and the kinetic parameter, Kg, to be 0.029 1/g and 0.015
1/9 for the continucus and batch fermentations
respectively, thus, showing different kinetic behaviour in
batch and continuous fermentations. The saturation
constant, X,' of 0.44 g/l was also obtained. Complete
inhibition of yeast growth occcured at ethanol
concentrations of 65 g/l for the batch experiment and 90
g/l for the continucus process, but ethanol production
appeared not to be completely inhibited,

Bazua and Wilke (1977) also studied ethanol
inhibition effects on a glucose fermentation in a CS8TF,
using glucose concentration of 50 g/] and a constant pH of
4.0. Their data did not fit equation 2.6, but a linear
type equation (Egqn. 2.7) with a standard deviaticon of

0.0172.
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v =y - 22 2.7
ma ° K‘—Cm ‘

The kinetic parameters K, and K, were found to have values
of 0.506 hr™! and 119.25 g/l respectively, The v, was 1.802
and K,' was 0.329 g/l. Their resultes indicated that cell
growth was completely inhibited at ethanol concentrations
of 93.1 g/l, confirming the findings of Aiba et al.
{1968). However, their data alisoc indicated that ethanol
production was stopped at ethanol concentration of 93.84
g/l.

Ghose and Tyagi (1979b), have reported that their
data did not fit the equation of Aiba et al. (1968) or
that of Bazua and Wilke (1977), but an equation of the
form:

v = v (1 - C/Cg) 2.8)

Furthermore, ethanol production was completely inhibited
at ethanol concentration of 114 g/l1. But, yeast growth was
completely inhibited at an ethanol concentration of 87
g/l, which was in reasonable agreement with the result of
Aiba et al. (1968) and Bazua and Wilke (1977). They alsc
found the value of v, to be 1.4 hr'!. A similar result was
obtained by Lee et al. (1983), but they observed (Fig.
2.3) complete inhibition of the speciflc rate of glucose
assimilation at a higher ethanol concentration of 140 g/1
when a growth medium containing 50 g/l glucose was used.
This slightly higher ethanol concentration at which
ethancl production stops may be due to an increased mass
transfer resistance and poor liquid/solid contact in the
pached bed used by Lee ot al. (1983).

A different approach was used by Hoppe and Hansfoxd
(1982) in their study of the effects of ethanol
concentration on the growth of 8. cerevisiae, in a CSTF.
They observed the effects of ethancl, produced by the
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yeast itself, at glucosse concentrations of 20, 100 and 200

g/1l, temperature of 30 % and pH of 4.0. Their results

further c¢onfirmed +the inhibition of yeast growth by

ethanol, but their data did not fit any of the equaticns

discussed above. The data was correlated by equation 2.9.
C, K

_—P . 2.9)
K, +C, K +C,

B = Mo

Values of Ks, the ethancol saturation constant KP' and the
maximum specific growth rate p . ., were found to be 3.3 g/1,
5.2 g/l and 0.64 hr! respectively. Their results showed
that, at a glucose concentration of 20 g/l, yeast growth
was completely inhibited at ethanol concentration of 10
g/l, whereas ceomplete inhikition of yeast growth occured
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at ethanol concentration of 50 g/1 for glucose
concentraticns of 100 g/l and 200 g/l. These results
indicate that complete inhibition of yeast growth occurs
at a relatively low ethanol c¢oncentrations. They argued
that ethanol added extracellularly is not as strongly
inhibitory as that produced intracellularly by the yeast
itself.

Differences bhetween the reported observations and
kinetic parameters obtained, may be attributed to the use
of different yeast strains and fermentation conditions.
The mode of operation, initial glucose concentration and
the type of fermenter used, may have significant effects
on the resulting wvalues of +the kinetic parameters
obtained. It is worth neoeting that all the above =tudies
have concluded that ethanol inhibition of glucose
fermentation is non—-competitive.

Prolonged, continuous, exposure of yeast to high
concentrations of ethanol results in loss of viability of
cells and consequently, the rate of ethanol formation
(Jones et al., 1981). However, adaptation of yeast cells
to 7 % ethanol was found to lower the specific rate of
cell death, at various ethanol concentrations, by a factor
of 40 fold compared to non-adapted culture (Jones and
Greenfield, 1984}. Hoppe and Hansford (1984) have reported
that the use of oxygen at a concentration of 0.5% of
gsaturation was found to enhance the utilisation of sugar
by increasing the ethancl tolerance of yeast, without any
significant decrease in the ethanol yield per unit sugar

consumed. Mareever, the ethancl inhibition constant Kp in
equation 2.9 was found to increase from 5.2 g/1 to 14.0°
g/l. i
2.2.3 Combined glucose and ethanol inhibition

Fermentation runs at high glucose concentrations
could be inhibited by both glucose and ethanel. Ghose and
Tyagi (1979b) combined equations 2.5 and 2.8 to describe
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the combined effects of inhibition exerted by glucose and
ethanol, by equation 2,10,

c,
v=v.(1 - C/Cl £
° “ ™kl v o, + C2/Kl

2,10)

This contradicted the results of Godia et al. (19B7a) who
found that their batch data was not correlated by equation
2.10, but by equation 2.11, with a relative error of 5 %
for initial glucose concentrations of 75, 100, 150 and 1B5
g/1.

/
veyo 8 T

" kl+c, Kl+C,

2:31)

They obtained mean values of v, = 1.8 hr}, KF' = 7.2 g/l
and X, = 1.9 g/1. Different results were reported by
Anselme and Tedder (1987), who found that the use of the
simple Monod type equation (Egqn. 2.4) fitted their data
best, suggesting that there was no ethancl inhibition in
their experiment with 100 g/l glucose and ethanol
concentration of 8%. A similar value of v, = 1.44 hr'! was
reported by Admassu, Korus and Heimsch (1985) at initial
glucose concentration of 60 g/l. But, their data were
correlated by the equation of Aiba et al. (1968) which,

for large sugar concentration, was reduced to:

v =y, e % 2.12)
They obtained K; = 0.0944 1/g which was about three times
the value reported by Aiba et al. (1968). They also
observed that with an initial glucose concentration of 200
g/l, ethanol formation was completely inhibited at an
ethanol concentration of 115 g/1, confirming the results
of Ghose and Tyagi (1979b).

Jones, et al. (1984) have also observed that
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production of ethanol stops at an ethanol concentration of
115 g/1. But they reported different values of v, of 0.7

hr?! for batch fermentation, at an initial glucose

concentration of 100 ¢/1, and 0.21 hr! for +tower
fermentation, at initjal glucose concentrations of 130 and
180 g/1. Moreover, data from their fermentation runs, were
correlated by equation 2.13 which was different from those

described above.

Cs
v = \'m(l - CQ/C‘.)';{;—;—E‘

a8

2.13)

The saturation constant for the batch fermentation was
found to be K;' = 0.9 g/1, but values of 25 g/l and 60 g/1
were obtained, in the +tower fermentation, for initial
glucose concentrations of 130 g/l and 180 g/l
respectively. These high values of the saturation constant
may be due to increased registance to mass transfer in the
tower; as the cells were reportedly densely packed and
liquid appeared to move through channels opened by the

released carbon dioxide. The low value of 2 in the tower

X
may also be due +to decreased cell viability, as
approximately 40 % of the cells' viability in the tower
was reported to have been lost, probably as a result of

poor mixing in the tower,

2.2.4 Effects of pH

Parsons, HMcDuffie and Din (1984) have performed
fermentations in a chemostat at dilution rates of 0.04 to
0.05 per hour. They observed that changing the pH of the
feed from 6.6 to 6.0 produced pronounced differences at
similar dilution rates. Their data, shown in Table 2.2,
indicate that at a feed pH of 6.6, there results lower
cell concentration, lower ethanol production rate and

higher output pH when compared to the feed pH of 6.0.
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Table 2.2 Effects of pH on ethanol production rate and

cell concentration

Biomass EtOH Output pH
concentration productivity
Cy (g/1) P' (g/l.hr)

2.4-2.6 1.0-1,5

5.0-8.0 2.0-2.4
e —

(Parsons, McDuffie and Din, 1984)

Similarly, Williams and Munnecke (19B1) have also
reported pH effects on ethanol production in shake flasks,
at 30 °C, with both free cell culture and cells immobilized
in calcium alginate. They used pH ranging from 2.0 to
10.0. Their results are presented in fiqure 2.4 and showed
that the free cell system has an optimal ethanol
production rate at a pH of 4.5 whereas the immobilized
system has optimal ethanol production rate at a pH ranging
between 3.0 to 7.5. The absolute limits of a pH for growth
for most strains of 8. cerevisiae have been reported to be
2.4 to 8.6, with an optimum growth at a pH of 4.5 (Jones
et al., 1981) but, Coppella and Dhurjati (1989) did not
observe any changes in yeast growth rate, in aerobic
conditions, in the pH range of 4.5 to 7.0.

A large number of laboratory fermentation studies,
for example Aiba et al. (1968); Bazua and Wilke (1977);
Ghose and Tyagi (1979b); Hoppe and Hansford (1982), were
conducted at controlled pH in the range 4.0 to 5.0,
showing that most fermentation studies were carried out

near optimum pH.
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Fig., 2.4 Effect of pH on ethanol production rate for free
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(Williams and Munnecke, 1981)

2.2.5 Temperature effects

The effects of temperature on ethanol production by
8. cerevisiae was studied by Williams and Munnecke, (1381)
for both free c¢eil culture and cells immobilized in
calcium alglnate. They observed (Fig. 2.5) that for, free
cells, ethanol production and yeast growth rates increased
as the temperature was increased gradually from 25 %C to 42
°%c. Beyond 42 ’%C the yeast stopped growing, but ethanol
production continued., For immobilized cells, there was a
sharp inecrease in ethanol production rate with increasing
temperature up to 30 C, after which, the production rate
decreased as the temperature increased.

According to Jones et al. (1981) +the optimum and
maximum tolerable temperatures, for yeast fermentations,
are strongly strain dependent; mescophilie strains of

Saccharomyces have maximum process temperatures in the
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absence of ethanol in the range 35 to 40 °%C, but this is
reduced by about 1 °C for every percent increase in ethanol
concentration. This suggested that ethanol concentration
lowers the optimum temperature for ethanol fermentation.
Similar observations were recorded by Williams and
Munnecke (1981). They noticed that as the temperature was
increased, there was a decrease in cell growth and ethanol
production rates, when the cells were subjected to
increasing ethanol concentrations. This indicated that
temperature and extracellular ethanol concentration are
directly related with regard to inhibition of ethanol
production.

The choice of operating temperature is influenced by
physiological factors and the physical problem of
evaporative ethanol loss and foaming at elevated
temperatures (Jones et al., 1981). However, a large number
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of laboratory fermentation experiments, for example:
Prince and Barford (1982a); Hoppe and Hansford (1982);
Anselme and Tedder (1987); Ruggeri, Specchia, Sassi and
Gianetto (1988), were carried out at controlled, constant,
temperature of 30 °C, indicating that temperature variation
is not usually allowed in laboratory fermentation

experiments.

2.2.6 Effects of feed components

Components of feed or growth medium can exert a
considerable inhibitory effect on yeast metabolism in
ethanol fermentation. These components are either added
into the growth medium as essential nutrients for yeast
metabolism, or are naturally present in the feed medium.
Wall and Hill (1992) have noted that yeast extract added
to growth medium has considerable effects on yeast
metabolism. They observed maximum yeast growth at a yeast
extract concentration of 10% of the feed glucose
concentration. Similarly, Maiorella, Blanch and Wilke
(1984) have shown that calcium chloride and ammonium
sulphate were the most inhibitory salts, while potassium
chloride was the least inhibitory. Their data, presented
in Table 2.3, indicate that the concentration levels at
which 20% and B80% reductions in cell productivity are
experienced in continuous fermentation, are different for
all the salts they used.

Feed components' effects on yeast metabolism have
also been reported by Jones, et al. (1981). However, the
concentration at which a feed component becomes harmful,
depends on the type of feed medium. For example, copper at
a concentration of 1 mg/l is completely inhibitory to
yeast in sucrose medium, whereas a concentration of 30
mg/l could be tolerated by yeast, without any deleterious

effects, if the feed is a malt wort medium.
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Table 2.3: Inhibition of feed components

Component Concentration of feed component
Cs.» (mol/L)
20% inhibition 80% inhibition
Sodium chloride 0.24 0.45 !
Potassium chloride 0.60 1.74
Potassium hydrogen 0.66 0.73
phosphate
Calcium chloride 0.08 0.23
Magnesium chloride 0.58 0.92
Magnesium sulphate .63 0.97
Ammonium chloride 0.12 0.46
I Ammonium sulphate 0.11 0.24
I Xylose 0.58 0.92
s — ———— e

(Maiorella, Blanch and Wilke, 1984)

2.2.7 Mass transfer effects

Before bioreaction takes place, both substrate and
nutrients in the liquid phase, must be transported through
the bulk liquid to the surface of the biocatalyst, across
the biomass-liquid interface and to reaction sites within
the biocatalyst.

Transfer of substrate through the bulk fluid to the
cells surfaces is termed external transport, as distinct
from internal transport which is the transportation of
mass to the reaction sites within the biomass or through
pores, if the biomass 1s supported on a porous medium or
is in form of flocs. Usually, however, resistance to
transport through the bulk liquid is negligible because
the substrate concentrations within the bulk liquid and
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the biocatalyst surface are uniform. Shieh and Xeenan
(1986) have used equation 2.14 to estimate the rate of

external mass transfer.
0.67,. 0.5, 0.25%
0.81 D¢’ UL 7Py 2.14)

kl‘ - A qu.zsdg-s

They showed that a +typical value of ¥k; for a
denitrification process in a fluidized hed, is of the
order of 0.01 cms’!, and the error in neglecting the
external mases transfer effect ranged from 2.6% to 7.1% for
bulk liguid nitrate concentrations of 6 to 43 mg/l at a
superficial liquid wvelocity of 1.07 cm/sec and biomass
thickness of 2.07 mm,

A similar conclusion was reached by Smith and
Greenshields (1973) for glucose fermentation, in a tower
fermenter, wusing flocs. But, +fthey wused a slightly
different relationshlp given by equation 2.15.

ﬁ'-p—éwsc)m.e = 1.09 (%8 -2s3 2.15)
G n

They further showed that for flocs of diameter 0.1 om +o
0.4 cm, resistance to external mass transfer is negligible
at superficial 1liquid velocities of 0.00694 cms™! and
0.0625 cms’l.

Resistance to substrate transport across the biomass~
fluid interface or £f£ilm diffusion, as it is commomnly
called, may be appreciable if +there 1is significant
difference in substrate concentrations between the biomass
surface and the bulk liquid, as is often the case if there
is poor mixing. Similarly, resistance +to pore diffusion
may be significant if the substrate has large molecular
slze and the pore is narrow.

In bicreaction systems where resistance +to mass

trangsport is significant, the corresponding effect on the
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reaction rate is described by the use of an effectiveness
factor, which is defined as the ratio of reaction rate
with transport resistance to reaction rate without

transport resistance or intrinsic reaction rate. Thus,

ra Reaction rate with transport resistance
Intrinsic reaction rate

Assuming a spherical support medium with uniform biofilm
thickness, negligible external mass transfer resistance,
a single limiting substrate and steady state, Shieh and
Keenan (1986), have developed mathematical equations
describing effectiveness factors for zeroc order (Eqgn.
2.16) and first order (Eqn. 2.17) intrinsic kinetics, for
systems in which the internal mass transfer is governed by
Fick's law.

. _ 3.814 JBT,
=1.2712 ¢.X = L4 2.16
co ¢w (1 2 A) )
3
where, B = ._Ds__z and a = (Im
Py ko, Ip p

The modified zero order Thiele modulus ¢, = r g"ﬁ“ , and
e s
the specific biofilm thickness is defined as:
PP 3 3
ro- Biofilm volume _ xp - ra) i
%  Biofilm exterior surface area ir?

0“ £ 1.27, the whole bicfilm is active and the intrinsic
zero order kinetics is observed (i.e Cu = 1). For 0“ 2
1.27, the inner portion of the biofilm is inactive and the

observed reaction rate is proportional to the square root

42



of the bulk substrate concentration.
For intrinsic first order reactions, the authors

expressed the effectiveness factor as:

coth(3 ¢,,) 1

= 2.17)
‘s $1n 32,

where the first order medified Thiele modulus is given by,

2
¢m=éﬂ¢1;witb¢l=*|f—%ﬁ‘i 2.18)
P .

It can be =seen, from equations 2,17 and 2.18, that the
first order effectiveness factor is a function of the
bloparticle size only and is independent of the substrate
concentration. The authors noted that the wvalue of the
modified first order Thiele modulus fer which +the
effectiveness factor is unity, is 0.1il1 and this marked the
transition from observable intrinsic kinetics to a regime
in which the intermnal mass transfer is significant. A
further look at these equations reveals that high
effectiveness factors are obtained for flocs. Greenshields
and Smith (1971) have used these equations to show that
for ethanol production in a +tower fermenter, pore
diffusion may affect +the overall rate of glucose
conversion, but if flocs have sizes in the order of 0.1 cm
in diameter, pore diffusion may have a negligible effect
on the overall rate of glucose conversion.

Andrews (19B6), has alsc agreed that flocs provide
high effectiveness factors. He defined the effectiveness
factor as a ratio of the actual substrate uptake rate to
uptake rate if the whole particle were biomass, and showed
that

;1-,_-_.%_3"_ 2.19)

E, + E,
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35h

wherse, E,= —— and
20 (0+4)2
E = . 3_pftanh(6+1) _ 1

- " 8+ ' tanh(8+p) B+

Both B and ® are dimensionless, representing the radius of
the support particle and the thickness of the biofilm
respectively, while o is the ratic of substrate

diffusivities in the biomass and water. The Sherwcod

o 2{r, * Lk
D

number is given by Sh Alspo, for HMonod

type intrinsic kinetics,

= Buax  yo.5 = Huax  y0.5
p = r (—2_) and ;] Lb[DaYmKs) _

For negligible external mass transfer resistance, higher
effectiveness factors are obtained for flocs (p = 0), and
they decrease with 1lncreasing particle =zize or biofilm
thickness.

A different relationship was used by Atkinson and
Daoud (1976). They showed that for biochemical reactions
with diffusional limitations, the effectiveness factor,
defined as the ratic of the observed substrate uptake rate

to the intrinsic uptake rate, is given by:

., _ G .
{=1 Tanh (4, +G; ford,s 1 2.20)
and (= L -G[——2 . -1] ; for ¢, 2 1 2.21a)
&, tanh (d,) K
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tanh(k,L.)

2.21Db)
KL,

where G =

For flocs, L, =\%/Apand for Monod type intrinsic kinetics

- kL. and k, = PraxPp 2.21c)

(1+2K,c9)°° Yok Do

Further 1look at +these equations reveals that diffusion

limitations may occur for large floc sizes.

2.3 ETHANOL PRODUCTIOK

Most of the bioreactors discussed in chapter one have
heen wused or preoposed for wuse in the production of
ethanol. However, ethancl productivity depends on the type
of the reactor, nature of microcrganisms, type of raw
materials and operating conditions used. In this section,
ethanol production wusing 5. cerevisiae, in batch and
continuous biorsactors, is discussed.
| |
2.3.1 Batch fermentation

Batch fermentation is the most common process for
industrial production of portable ethanol. It is a simple
sytem with production times of 36 to 72 hours. Mehaia and
Cheryan (1984) have reperted a productivity of 2.1
g/(1l.hr) at 100% glucose utilization, using a yeast
concentration of 2.6 g/1 and 100 g/]1 glucose. This result
was in agreement with the report of Godia et al. (1987b)
who mentioned that the productivity of batch fermenters is
between 1.8 to 2.5 g/(l.hr). The results were, however,
contradicted by Ghose and Tyagi (197%9a) who have shown
that a 97 g/l ethanol concentration was obtained in a
pericd of 5 to 6 hours wusing an initial glucose
concentration of 220 g/1. This level of ethanol production
corresponds to a fermenter productivity of about 16.2
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g/(l.hr) at 86% gluccse utilization. The high initial
yeast concentration of 23.6 g1, high glucose
concentration and 1low glucose utilization may be
responsible for this high productivity.

Batch fermentation is associated with frequent
shutdown and startup of the fermenter, which has to be
cleaned before the start of any batch; this makes the
fermenter inefficient. Moreover, the time required for the
yeast to acclimatize adds to the low efficiency of this
system. All these combine to cause low productivity in
batch fermentation (Margaritis and Merchant, 1987).

2:3,% Continuously stirred tank fermentation

A continuously stirred tank fermenter (CSTF) was used
by Ghose and Tyagi (1979a) with feed containing 160 g/1l
glucose. The optimum dilution rate for a maximum
productivity of ethanol of 4.1 g/(1.hr) was found to be
0.13 hr'!, with a yield of 95% of theoretical. Similar
productivity wvalues, in the range from 6 to 8 g/(l.hr),
were reported by Godia et al. (1987b). The productivity of
CSTF 1is, therefore, about 2 tc 4 times the average
productivity obtained from batch fermentation. However,
because the reactor and effluent ethanol concentrations,
in this system, are the same, CSTF has limitations arising
from ethancl inhibition.

The use of cascade CSTF connected in series, was
found to reduce the effects of ethanol inhibition (Wall
and Hill, 1992). In this arrangement, only the last
reactor has an ethanol concentration level that 1is
inhibitory. Combination of CSTF in series allows the use
of higher throughput rates and a higher glucose conversion
is achieved compared to single CSTF (Wall and Hill, 1992).
Ghose and Tyagi (1979b) have shown that a two stage CSTF
of equal volume has productivity which is 2.3 times that
of a single CSTF. Nonetheless, the productivity in these
systems, is limited because it is determined by the growth

46



charateristics of the yeast strain used. When the system
is operating at steady state, the dilution rate equals the
specific growth rate of the organims. Thus, the dilution
rate could only be increased to the value of the maximum
growth rate, beyond which, wash out occurs and wviable
cells are lost,

Separating the cells and recycling them back into the
reactor is one method of circumventing this problem. When
the cells were recycled, maximum ethanol productivity of
18.3 g/(1l.hr) at a dilution rate of 0.3 hlr'1 was obtained,
representing about 4.5 times the productivity in CSTF
without cell recycle (Ghose and Tyagi, 1979a) .
Furthermore, sparging air at a low flow rate of 0.125
volume per volume per minute (vvm) was found to further
increase the productivity to 32 g/(l.hr), equivalent to
7.5 times that of single CSTF without recycle (Ghose and
Tyagi, 1979a). The substantial increase in cell
concentration to 32 g/l, in the recycle CSTF, compared to
5.5 g/1, in the non-recycle CSTF, may be responsible for
the large increase in reactor productivity. However, the
increase in operating <costs and higher risk ©of
contamination, inherent in cells recycling and aeration
systems, could offset the 1increased productivities
obtained (Maiocorella et al., 1981},

The use of a gas stirred immobilized-cell CSTF was
reported to overcome the problem of cells recycle, but
breakage of immobilizing alginate beads was observed at
higher dilution rates (Lee et al., 1983). Stability tests
have shown that the viability of the yeast in the CSTF
remained above 94% for a continuous 10-day steady state
experiment and ethanol vyield was constant at 0.495,
representing 98% of +the theoretical vyield (Ghose and
Tyagi, 1979a).

2.3.9 Hollow fiber fermentation
Mehaia and Cheryan (1984) have produced ethanol using
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a hollow fiber fermenter and S. cerevisiae packed into the
shell side of the reactor. Using an inlet glucose
concentration of 100 g/1, they cbtained an optimum ethanol
productivity of 40 g/(l1.hr), based on the total reactor

volume, at a dilution rate of 3 hrl.

The corresponding
glucoze utilization was 30%. Reducing dilution rate to
0.25 hr'! resulted in an increase in glucose utilization to
85% and reduced ethanol productivity of 10 g/{(1l.hr).
Similarly, a productivity of 26 g/(1.hr), at 27% glucose
utilization was obtained by Inlces, Tylor, Cohen, Michaels
and Robertson (1983).

In a long ferm stability test, Mehaia and Chervan
(1984) noticed +that ethanol productivity and glucose
utilization were constant at 17 g/(l.hr) and 66%
respectively, for about 93 hrs of fermentation, and the
yeast concentration increased from an initial 100 g/l to
260 g/l within the same period.

Though hollow fiber fermenter may be stable during
operation, the build-up of yeast and high carbon dioxide
production may limit productivity, as excessive pressure
drop, that could cause membrane rupture, results

(Margaritis and Merchant, 1987).

2.3.4 Packed bed fermention

Several researchers (Williams and Munnecke, 19B1;
Lee, et al., 1983; Godia, et al., 1987a; Anselme and
Tedder, 1987) have studied ethanol production in packed
bed fermenters. Williams and Munnecke (1981) have used
yeast immobilized in alginate beads and reported ethancl
productivities of 8.96 g/(l.hr) at a dilution rate of 0.5
br'! to a maximum of 53.8 g/(l.hr) at a dilution rate of
4.6 hrﬂ, uslng 1nitial glucose concentration of 127 g/l.

Similar results were reported by Lee, et al. (1983),
who obtained maximum ethanol preductivity of 49.6 g/(1.hr)
at glucose concentration of 100 g/l and mean residence
time of 0.6 hr. But, Godia, et al. (1987a) used
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carrageenan beads for yeast immobilization and reported a
lower productivity of 23.45 g/(l.hr), at feed glucose
concentration of 71 g/l and residence time of 0.5 hr,
Thesze results suggest that the productivity depends on the
initial glucose concentration. However, the results of
Godia, et al. (1987a), summarized in Table 2.4, indicated
only slight effect of initial glucose concentration, in
the range 71 g/l to 185 g/l.

Tabhle 2.4 Effects of inlet glucose concentration on

Glucose

Iglucose, used, Productivity
Csi (g/71) | (ml/min) G, (%) P' (g/l.hr)

71 110 100 . 17.02

1i0 97.1 22.02

112 69 . 22.63

110 52.5 21.83

(Godia, Casas and Sola, 1987a)

In a separate experiment, Anselme and Tedder (1987) have
used low density brick particles for yeast immobilization
and a constant residence time of 4.75 hrs. They obtained
ethancl productivities, based on total reactor veolume, of
7.25 g/(1.hr) to 10.19 gs{(1.hr).

It is clear that packed bed fermenters have superior
performance compared +o CS8TF. The higher ethancol
productivities obtained in these fermenters may be due to
increased yeast concentration arising from the
immobilization. Since +the capacity to increase yveast
concentration depends on the immobilization +technigue

employed, the productivities of packed bed fermenters may
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depend on the nature of immobilization material or
immobilization method used.

Stability tests have shown that +the packed bed
fermentation process is very stable. In 20 days of
continuous operation, about 70 g/l of ethanol,
representing a yield of 92% of theoretical, and ethanol
productivity of 37.8 g/(1.hr) was achieved (Lee et al.,
1983). Furthermore, this process produced a very high
ethanol concentration, which may be an advantage in the
downstream processing. An ethanol concentration of 98 g/l
at a mean residence time of 3.8 hr, using a feed glucose
concentration of 250 g/l with corresponding conversion of
77% of the theoretical, was reported by Godia et al.
(1987a).

However, packed bed fermenters may have serious
limitations due to high mass transfer resistance, poor gas
disengagement, poor mixing of phases and poor liquid-solid
contact. These may be responsible for an observed low
glucose conversion, in the order of 32.9% of the
theoretical at dilution rate of 6.67 hr™ (Williams and
Munnecke, 1981).

2.3,8 Tower fermentation

In tower fermentation systems, the yeast is either
self flocculating or immobilized in a porous gel matrix.
Pioneering work on tower fermentation was carried out by
Ault et al. (1969) who showed that the beer produced in
aerobic tower fermentation is, in all respects, similar to
that produced by the conventional batch process. Tower
fermentation systems have also been used for the
production of fuel ethanol (Prince and Barford, 1982a&b;
Nagashima et al., 19B4). Prince and Barford (1982a) have
observed that the carbon dioxide produced, during ethanol
formation, rises through the bed of yeast flocs and in so
doing, carries along light flocs; this phenomenon makes
the entire bed resemble a fluidized bed system. The bed
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expands tc¢ accomodate ingcreased liguid flow and carbon
dioxide gas generated. Productivity of tower fermentation
depends on the flocculation characteristics of the yeast
strain employed (Greenshields and Smith, 1971). Highly
flocculent strains can tolerate high liquid flow rate with
consequent inc¢rease in preductivity. On the other hand,
attrition of wviable <cells may occur with poorly
flococulating strains, at high liquid flow rates and this
limits the productivity.

A productivity of 23.6 g/(l.hr), based on 1ligquid
volume, and an ethanol concentration of S8 g/l at a
conversion of 95% was achieved in a residence time of 3.8
hrs, with 125 g/l inlet glucose concentration, by Prince
and Barford (1982b). However, +this productivity was
increased to 44.8 and 51.9 g/(l.hr) at reduced conversion
of 90% and BO% respectively. In another experiment, 180
g/l glucese was consumed with 100% conversion in 11.4 hrs,
giving reactor productivity, based on +total reactor
volume, of 6.0 g/(1.hr) (Prince and Barford, 1982a). But,
relaxing +the conversion level +to 95% reduced +the
fermentation time +o 5.5 hrs and increased the the
preoductivity to 12.2 g/(l.hr).

Similarly, Admassu et al. (1985) have alsoc observed
changes in productivity with bhed height, which 1is an
indication of +he fermentation +time, wusing 215 g/l
glucose. They obtained productivities of 80 g/(l.hr) and
23 g/(l1.hr), based on liquid volume, at bed heights of 10
cm and 70 cm respectively, as is shown in figqure 2.6.
Productivity, based on liguid volume, was also observed
to decrease from 70 g/(l.hr) to 20 g/(l1.hr) within a
fermentation time of 2 hrs (Jones et al., 1984).

The high productivities obhtained in tower
fermentations may be due to high yeast concentrations
agssocliated with immobilized systems. Yeast concentration
in the order of 60 g/l to 90 g/1 have been reported
{Netto, Destruhaut and Goma, 1985; Prince and Barford,
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1982a). Smith and Greenshields (1973) have mentioned that
yeast concentration of 250 g/l could be obtained in tower

fermenters.
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Fig. 2.6 Productivity of tower fermenter
(Admassu, Korus and Heimsch, 1985)

Ethanol yield 1in tower fermentaion systems was
reported to be about 91% to 98% of the theoretical (Jones
et al., 1984; Prince and Barford, 1982a), while pH was
noticed to drop from a value of about 5.42 at the bottom
of the tower, to 4.5 at the exit as shown in figure 2.7
(Jones et al., 1984). This gredient in pH may indicate
that gredients in glucose and ethanol concentrations also
exist in the tower.

Stability tests have indicated the stable nature of
tower fermentation processes. Nagashima et al. (1984) have
observed that ethanol concentration was constantly within
the range of 69 g/1 to 111 g/l during six months
continuous operation and the corresponding average reactor
productivity, based on total reactor volume, was 11.7

"
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g/(l.hr) with an ethanol yield of about 953% of
theoretical. A similar conclusion was reached by Prince
and Barford (1982a); they operated their tower fermenter
for 14 weeks without evidence of deterioration in
performance or change in yeast flocculation
characteristics. However, Netto, Destruhaut and Goma
(1985) have noted that the stability of the system is
1imited to a fermentation rate of 40 g/(1.hr) because a
higher fermentation rate was found to cause deflocculation

and loss of viable cells.
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Fig. 2.7 pH profile in towser fermenter
{(Jones, Korus, Admassu and Heimsch, 1984)

Ethancl production in +tower fermenters has many
advantages. Added complexities in form of cell separaticn
and recycling equipment, which are often associated with
a high risk of contaminztion, are not needed (Prince and
Barford 1892a). Similarly, bacterial contamination could
easlly be arrested by either dropping the pH to 3.5 and
increasing liquid flow rate, to wash off the contaminating
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bacteria, or flushing the tower, at high liquid flow rate,
with 9% saline solution (Prince and Barford, 198B2a;
Nagashima et al., 1984; Jones et al., 1984). Furthermore,
better gas disengagement, fluid mixing and liquid/solid
contact, are advantages of the tower fermentation systems
over the packed bed fermentations. In addition, the use of
flocs is associated with lower mass transfer resistance
(Andrews and Przezdziecki, 1986).

There is, however, the tendency that flocs at the
base of the tower could grow very large due to +the
presence of high sugar concentration and rich growth
medium, This could eventually plug-up the base of the
tower causing channelling, poor mixing and finally
inefficient production.
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3.1 INTRODUCTION

The performance of fluidized bed bioreactors depends
not only on the kinetics of the biochemical reaction
concerned, but also on physical processes such as
interphase and interparticular or intercellular mass and
heat transfer, which are inturn also dependent on the
mixing characteristics of the various phases involved
(Swaine and Daugulis, 1988). Therefore, an understanding
of liquid phase mixing, in three phase fluidized beds, is
essential for proper design of this reactor (Wen and Fan,
1973; Smith, James and Fidgett, 1978). Moreover, mixing
and bed expansion characteristics determine the residence
time of fluid elements, in fluidized bed bioreactors,
which in turn determine the bioconversion level achievable
in these reactors. Setiadi and Larsen (1991) have shown
that the height required to achieve a given conversion of
glucose to ethanol, in a tower fermenter, increases
markedly with increase in axial liquid mixing within the
bioreactor.

In this section both mixing and bed expansion
characteristics are discussed. In particular, the effects
of process conditions, ligquid and particle properties on
liquid axial dispersion coefficient, bed wvoidage and
liquid holdup, are reviewed. However, a background on the
basic aspects of fluidization is first presented before

discussing the mixing and hydrodynamic phenomena.

3.2 PRINCIPLES OF FLUIDIZATION

Fluidization is observed when a bed of solid
particles come in contact with a vertical upward flow of
fluid in an intermediate range of velocities. At low fluid
velocities, the bed is in a fixed state and particles are
supported by the porous bottom of the column while at high
fluid velocities, the particles are conveyed out of the
column. However, at intermediate velocities, each particle
becomes individually suspended in the fluid, while the
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whole bed remain motionless relative to the column walls;
the bed is said to be fluidized (Coderc, 1985).
Fiqure 3.1 shows the basic features of fluidization

process.
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Fig. 3.1: Fluidization process
(Couderc, 1985)

Part of the effluent is often recycled in order to have
sufficient fluid flow to suspend the solid particles. A
homogenizing section is also provided at the column inlet
and it helps to preoduce an uniform fluid wvelocity
distribution thoughout the entire cross section of the
column. Above the bed of particles, is a solids free zone
where =2olids disengagement, from fluid, takes place.
Figure 3.2 shows the characteristics of an ideal two
phase S-L, fluidized bed. For solid particles of uniform
shapes and sizes, an initial increase of liquid velocity
causes steady increase in pressure drop across the bhed
while the bed height remains virtually unchanged. At a
certain liquid velocity, the bed height begins to change
while the pressure drop across the bed stabilizes and
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becomes constant.

o
= ~N
S
ot p -
= . i
D < | O
»
6 B ,'
0 0
Umf

Liquid velocity, u

Fig. 3.2: Characteristics of 2-phase systems
(Couderc, 1985)

The velocity at which this change begins, is referred to
as the minimum fluidization velocity, Uys- Further increase
in liquid velocity, causes the bed to expand while the
pressure drop remains constant until finally, the
particles are conveyed ocut of the reactor.

A three phase (S-L-G) fluidized bed show similar
characteristics when the liguid velocity is changed at
constant gas flow. However, there appears to be a gradual
increase in pressure drop across the bed as the liquid
velocity increases, even when the bed is fully fluidized,
as shown in figure 3.3 (Fan, 1989). For beds of fine
particles transition from the fixed state to the fluidized
state is often not sharp, but show a kind of a transition
zone, while beds of large particles tend to show a
distinct change from fixed to fluidized states.
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Fig. 3.3: Characteristics of 3—-phase system
(Fan, 1989)

A three phase fluidized bed in which the gas phase is
produced in situ could be expected to have characteristics
in between twoc extremes; one being the two phase (8-L)
system in cases where the gas production is very small,
thus having an insignificant effect on the characteristics
of the reactor. An example of this, is the denitrification
of dilute waste where small nitrogen bubbles, produced in
sity, were found +to have negligible effects on the
hydrodynamics of the reactor (Schoutens et al., 1986). The
cther is one in which the rate of gas generation is
considerably higher and, therefore, has significant
effects on the reactor hydrodynamics. This would be
similar to the conventional three phase system; an example
is the ethanol fermentation where carbon dioxide
generation causes flow pattern similar to those of three
phase fluidized beds (Prince and Barford, 1982a). The

38



transition between fixed and fluidised states, in these
bioreactors, was observed to pass +through a long
intermediate zone (Smith and Greenshields, 1973), and it
was suggested that because of very low liquid velocities,
encountered in these bioreactors, the bioparticles are
fluidized by the gas phase (Gommers et al., 1986).

In three phase fluidized beds, the gas phase from
bubbles that rise through the bed at velocities much
higher than that of the liquid phase. These bubbles may
coalesce and increase in size as they rise up. The size of
the gas bubbles depends on the design of the gas
distributor and the gas and liquid flow rates (El-Temtamy
et al,, 1979b). Three flow regimes, depending on the size
of the bubbles formed, could be identified. At increasing
gas flow, the bubbles are at first small and appear
homogeneously dispersed in the reactor, then they begin to
coalesce and increase in size until, finally, their sizes
become about equal to the diameter of the column. These
three +transitional stages are referred to as the
dispersed, coalescence and slug regimes respectively (Fan
1989) ., The specific operating conditions for the
transition between these three regimes depend chiefly upon
the physical properties of gas and liquid, the particle
size and the liquid and gas flow rates, since these are
the factors that principally determine the onset of
coalescence (Darton and Harrison, 1975). However, the slug
flow regime occurs when the ratio of superficial ligquid
velocity to superficial gas velocity equals 0.4 (Darton
and Harrison, 1975).

For bioreactors with in situ gas production, there is
an absence of gas distibutor, the gas comes out of
solution as microscopic bubbles and these coalesce and
increase in size as they rise through the bed. In this
case, all the three flow regimes may be present, in the
reactor, at the same time. Thus, the bioreactor is divided
into three distinct flow regimes, with dispersed,
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coalesced, and slug regimes being at the bottom, middle
region and top of the bed respectively. The existence of
these three flow regimes, in fluidized bed bioreactors
with in situ gas production, was reported by Davison
(1988). The boundries of these flow regimes will be
expected to depend on the prevailing liquid flow rate,
rate of gas generation and the bioparticle size. Other
factors such as biomass sloughing caused by rising gas
bubbles (Chen et al., 1985b) and floc breakup and
agglomeration (Smith et al., 1978), which are often
observed in these bioreactors, would further complicate
the transition between the three flow regimes.

3.3 LIQUID MIXING

In fluidized beds, liquid mixing takes place as a
result of interactions between solids and fluid phases,
The degree to which this mixing takes place could depend
on a the number of factors including the nature of the
interaction between the various phases, the liquid and
solid properties and the process conditions upon which the
fluidization takes place. In this section, the mechanisms
responsible for +the liguid mixing, the different
categories of ligquid mixing, often encountered, and the
determination of the axial liquid dispersion coefficient,
will be discussed,

3.3:1 Mechanisms of liquid mixing in fluidized beds

Liquid mixing may be caused by +the presence of
bubbles and particles, motion of bubbles and particles,
and the radial wvelocity profile (El-Temtamy et al.,
1979a).

The particles obstruct the liquid flow, causing the
splitting up of the liquid streamlines. It is, therefore,
not surprizing that the presence of solids, in fluidized
beds, was found to increase the axial 1liquid mixing
(Michelsen and Ostergaard, 1970; El-Temtamy et al.,
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1979a). Mixing in the ligquid phase may be induced by the
cantinuous splitting and recombination of the liquid
streams around the particles. Furthermore, particles
suspended in the liquid are in constant oscillatory
movement caused by ligquid flow. The amplitude of this
oscillation, in the vertical direction, increases with
increasing liguid velocity. This particle motion could be
one of the phenomena repconsible for fluid mixing in two
and three phase fluidized beds. Therefore, increasing the
gize or the concentration of +the particies, willi be
expected to cause increase in the effective magnitude of
the resulting turbulence and thereby intensify the axial
liguid wmixing (El-Temtamy et al., 1979a}.

In three phase beds, rising gas bubbles push through
bed of solid particles, causing some to be transported up
through the bed. The amount of scolid particles moved, in
this manner, increase with increase in both the number and
sizes of gas bubbles. Axial liquid mixing may be caused by
the continuous movements of these particles (Muroyama and
Fan, 1985).

Moreover, rising bubbles are trailed by a turbulent
wake consisting of a particle free liguid, or liquid wake,
immediately below +the bubble and a lower region of
particles and tiquid apparently moving with the bubble
{Dartoen and Harrison, 1975). These wakes move at
velocities greater than the average insterstitial liquid
velocity and are recurrently formed and shed during their
upward movements. The resultant effects are the increase
in liquid axial mixing and the reduction of the average
liquid wvelocity through the bed, which may subsequently
cause the decrease of the entire bed height and lead to
bed contraction, The phenomenon of bed contraction, when
gas is injected into liquid fluidized beds containing
small particles was reported by Michelsen and Ostergaard
(1970). The extent of liquid mixing which is caused by the
movements of ligquid and solid wakes, depends on the bubble
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size and the difference between bubbles and ligquid
velocities, or the slip wvelocity (El-Temtamy et al.,
1979a).

3.3.2 Types of liquid mixing
There are basically two types of mixing processes;
micromixing and macromixing. These are discussed in this

section.

3.9.2:1 Micromixing

Micromixing describes the mixing of fluid elements of
different ages, at molecular level, in a reactor (Swaine
and Daugulis, 1988). Situations in which entering fluid
elements come into intimate contact with other fluid
elements of all ages, is refered to as maximum mixedness,
and prevails in an ideal continuously stirred tank
reactor, On the other hand, complete segregation occurs if
fiuid elements of different ages do not intermix in the
reactor, but only come together when withdrawn in the
effluent stream. This situation prevails in an ideal plug
flow reactor. Column or tubular reactors tend to exhibit
the plug flow ideal, in theory, but in practice deviation
from this ideal occurs.

A quantitative assesment of micromixing is made by
measuring the Danckwert's degree of segregation
(Danckwerts, 1981), defined as:

Where (-?:'i)2 is the mean square deviation of the ages of
all points in the system from the mean age. The quantity

o' is defined as: 62 = J’(g-cpp(c)d(t) and F(t) is the age
4]
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distribution function that can be evaluated from the
residence time distribution (RTD) of the fluid elements.
For complete segregation, { = 1 and for maximum mixedness,
E = 0.

The effect of micromixing on reaction rates has been
summarized by Coulson and Richardson (1979). For reactions
with order less than 1, the reaction rate is highest with
maximum mixedness, while 1t 1is highest with complete
segregation for reactions with order higher <than 1.
Micromixing does not affect the rate of first order
reactions. For second order irreversible reactions the
difference in reaction rate, between maximum mixedness and
complete segregation, is about 10% (Bailey and ¢Cllis,
1977). Therefore for reactions with orders, in the range
cf 0.5 to 2, the effect of micromixing on reaction rates,
can be ignored (Nauman, 1981l).

However, micromixing may be important in fermentation
systems using immobilized microorganisms=, since transport
of nutrients and substrate inte the immobilized
microorganisms could be rate limiting (Tsai, Erickson and
Fan, 1982). But its effects on reaction rate, can in all
practical cases, be included in the mass +transfer

conslderations (van Deemter, 1985),

3.3.3.2 Macromixing

Macromixing examines the retention time of fluid
elements entering a reactor (8Swaine and Daugulis, 1989).
There are also two extremes of macromixing; the
continucusly stirred +tank reactor exhibits complete
macromixing, as all fluid elements of all ages are
instantaneocusly mixed in the reacter, while the plug flow
reactor shows zero macromixing because fluid elements of
different ages do not mix in the reactor (Levenspiel,
1972). Though tubular reactors are better operated with
plug flow characteristics, the fluidized bed bloreactors

are, in practice, far from being ideal due to the
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interactions and movements of the various ©phases.
Consequently, +there is always some backmixing in +the
continuous phase (Swain and Daugulis, 1989).

A number cf flow models could be used to model non
ideal flow in fluidized bed bioreactors, but the dispersed
plug flow model is mostly used. In this model, macromixing
is quantified by +the disgspersion coefficient. A +two-
dimensional unsteady state dispersion model is given in
equation 3.2 (Fan, 198%9).

ac, _&c, D, 5 ,_0cC, u, 8C,
3t Pt Tala) Twe N

3.2)

The parameter D is the radial dispersion coefficient.
I+ is often neglected because it is small in comparison to
the axial or longitudinal dispersion coefficient (D,). El-
Temtamy et al. (1979b) have shown that for beds of 0.45
and 0.96 mm glass beads, the axial dispersion coefficient
is roughly 20 +to 30 +times +the radial dispersion
coefficient, while in beds of 3 mm glass beads the axial
dispersion coefficient is 2 t0o 10 times higher. Moreaver
the radial dispersion coefficient may be of importance
only in large diameter columns. For & steady state
process, and negligible radial dispersion, equation 3.2 is
reduced to equation 1.6 (Section 1.4.1).

To evaluate the axial dispersion coefficient, the
residence time distribution (RTD) technique is most widely
used. This technique reguires the injection of a tracer
material into the reactor and then monitoring of +the
response at a point downateam of the injection point. The
mixing coefficient is then calculated using the first and
second moments of the response curve (Levenspiel, 1972;
Nauman, 1981). Though the RTD method has been widely used
in chemical reactors, it has not been used, with the same
regularity, in bioreactors. This is probably because of
the complex nature of these reactors and the difficulty of
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selecting a suitable tracer material (Swaine and Daugulis,
1989). The presence of microorganisms in bioreactors make
tracer selection difficult because poisoning of these
microorganisms or degradation of +the +tracer, by the
microorganisms, can alter the entire results and the
consequent conclusions, on bioreactor performance, drawn

therefrom.

3.3.3 Tracer requirements
The maior requirements for a tracer material for use

in RTD study, in bioreactors, have been outlined by Falch

and Gaden. Jr. (1970) and Swaine and Daugulis (1989), as
follows:

1. The tracer should have no effect on surface tension
or growth rate of the microorganisms, and it should
not be metabolizable by the crganisms.

2. Changes in the pH and redox potential in the reaction
system should have no effects on the tracer material,.

3. The +tracer must be soluble and should not be
absorbable or adsorbable on to the microorganisms or
reactor equipment.

4. Its method of detection must not be interfered with
by any component in the reaction mixture and the
tracer must be detectable even at extremely low
concentrations.

5, The tracer must be cheap and easy to dispose of.
These stringent regquirements constrained many

researchers (Gommers et al., 1986; Setiadi, 1989; Garcia,

Martin, Ruiz and Perez, 1989; MacDonald, 1991) forcing

them to carry out RTD determinations on abiotic systems

and use the results obtained to model the performance of
active bioreactors. Nonetheless, some other researchers
have performed RTD studies in active bioreactors, using
different types of tracer materials as summarized in Table

3.1.

Toxicity of the tracer material to the microbial
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functions or metabolization of the tracer are serious
constraints. Very often, materials which are known not to
be harmful to the microorganisms and which are not
motabolizable, are used. This is the case of D-xylose and
lactose in the case of S. cerevisiae. The toxicities of
Rodamine WT and Dextran blue have not been reported. But,
Brilliant blue was found to have slight repressive effect
on Eschericia coli (Falch and Gaden. Jr., 1970).

Diffusion of tracer in and out of the biomass, causes
a long tail in the RTD and this can invalidate the use of
a dispersed plug flow model (Levenspiel, 1972).

Table 2.1 Tracers used in RTD studies of the liquid phase

in active bioreactors

Tracer Organism Reference
Brilliant blue E. coli Falch and Gaden. Jr.
(1970)
D-xylose S. cerevisiae Admassu et al. (1985)
Ethanol 5. cerevisiae Anselme and Tedder
(1987)
Lactose 5. cerevisiae Godia et. al. (1987a)
Flourescein S. cerevisiae Brohan and Mcloughlin
and (1984a)

S. carlbergensis

Dextran blue Mixed Jimnez et al. (1988)
|
[j_ Rhodamine WT Mixed Stevens et al. (1986)
2,3,butanediol Z. mobilis Swaine and Daugulis
and and (1989)
2-ethoxyethanol S§. cerevisiae

Stevens, Berthouex and Chapman (198B6) have studied this
diffusion phenomenon. They defined the diffusion time of
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tracer into biomaas as:

T, = = 3.3)

D
]
biomass, which could be approximated to the diffusivity of

is the diffusivity of the tracer material in the

the tracer in water. They urgued that for systems with

residence time T the ratio m,/7, 2 100 signifies

5/
negligible tracer diffusion into the biomass. When the
ratio is less than 0.1, then diffusion into the biomass is
80 rapid that its concentration in the biomass is always
egqual to that in the bulk solution. In this case, the
porous biomass behaves as though it is part of the bhulk
solution and the tracer residence time will be increased
in propotion to the bicmass veolume. At intermediate values
of +the ratic; between 0.1 and 100, the tracer
concentration in +the biomass lags +that in the bulk
solution and the RTD will have a long tail. The sclution
to this long tail is to incorporate a diffusion term in
the dispersion model. Also, the use of a tracer of large
molecular weight would increase D, and consequently lower
T4. This may have the effect of significantly decreasing
the tracer diffusion. Jimnez, Noyola, Capdeville, Roustan
and Faup (1988) have shown that this is indeed the case
with respect to Dextran blue which indicated negligible
diffusion in submerged biofilter; 1its high molecular
weight of 2,000,000, was thought to be responsible for
that observation.

Adsorpticon of tracer material on the biomass and
subseguent desorption may also be responsible for long
tail in RTD determination. Redrigues, Zuping and Loureiro
(1991) have develcped a model in which the effect of
tracer adsorption has been considered. They added a linear
adsorption term to the dispersed plug flow model.

It must be remembered that different microorganisms
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have different capabilities and responses to the same type
of tracer material. For example, while S. cerevisiae
cannot metabolize D-xylose, Pachyscien  tannophilus
converts D-xyloxe tc ethanol (MacDonald, 1991). Therefore,
the suitabllity of any tracer material must bhe tested
against the microorganisms to be used prio to RTD studies,
for evaluation of the dispersion coefficient. HMoreover,
the bioreactor must be tested regularly against
contamination by microorganisms capable of metabolizing

the tracer.

3.4 AXIAL LIQUID DISPERSION COEFFICIENT

It was argued earlier in section 1.4.1 that the use
of plug flow model in designing and predicting the
performance of fluidized bed bioreactors. is not adequate.
Consequently, the dispersion term was included, in the
ideal plug flow equation. The cause of axial liguid mixing
in fiuidized bed bicreactors is similar to that in other
fluidized bed reactors. Numerocus resgearchers have studied
axial liguid mixing in fluidized bed reactors and have
determined the wvalues of axial liguid dispersicn
coefficients for varieties of operating conditions. Many
have also proposed correlations for calculating <this
parameter from Known process parameters and ligquid and
solid properties. These correlations are reviewed in this
section. In addition, the effects of particle and liguid
properties and process parameters, on the axial liquid

dispersion coefficient, are discussed.

3.4.1 Effect of gas velocity

An increase in gas velocity, at constant liquid flow,
will be expected to cause an increase in the size of gas
bubbles, slip velocity and bed voidage. These changes
would lead to changes in flow regimes as discussed earlier
(Sections 3.2 and 3.3.1). The magnitude of axial liquid
mixing has been shown to depend on the prevailing flow
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regime (Michelsen and Ostergaard, 1970; El-Temtamy et al.,
1979a; Fan, 1989). Small dispersed bubbles will result in
little axial liquid dispersion compared to large coalesced
bubbles or slugs. Therefore, an increase in gas velocity
will produce an increase 1in axial 1liquid dispersion
coefficient (D,) at all liquid velocities (Kim and Kim,
1983).

vail, Manakov and Manshilin (1968) observed an
increase in Dziﬁith increasing superficial gas velocity in
the range 1.5 to 9.9 cmy/s, at liquid velocities of 1.74
and 3.07 cm/sec, in a bed containing particles of an
average size of 0.87 mm in diameter.

Similarly, Michelsen and Ostergaard (1970) have
repeorted increases in Dzwith increases in gas velocity in
the range ¢ to 27 cm/s, at liquid velocities of 10 to 26
cm/s, but the extent of the increase was found to be
dependent con the particle size., Beds of 1lmm particles
showed a higher increase in D, whereas bLbeds of 6 mm
particles showed no effect of gas velocity on D,. This
ckservation was, however, refuted by Kim, Baker and
Bergougnou (1972) and Kim and Xim (1983} wheo reported
increases in D, with increasing gas veloclity even for a bed
of 6 mm particles. The differences in these ohservations
may be due to different liguid velocities used in the
studies; XKim et al. (1972) and Kim and Kim (1982) have
ugsed lower liquid wvelocities in the range 1.4 +to 10.21
cm/s, whereas Michelsen and Ostergaard (1970) used higher
liquid velocities of 10 to 26 cm/s, and this could account
for the observed increase in D,, with increasing gas
velocity, for the case of 6 mm particles. Furthermcore, Kim
et al. (1972) and Kim and Kim (1983) experimented with a
two dimensional column, which was not common. Thus, the
difference may also bhe due +to the geometry of their
column.

El-Temtamy et al. {1979a) have also observed
increases in D, with increasing gas velocity and have
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agreed that the particle size affects the rate at which D,
increases. They did not detect axial liquid mixing in a
bed of 3 mm particles even at a gas velocity of 5 cm/sec,
due perhaps to their method of tracer injection. They used
the steady state injection method which does not take into
consideration other causes of axial dispersion beside
physical liquid backflow (Mecklenburgh and Hartland,
1975). A typical effect of gas velocity is shown in fiqure
3.4 and it can be seen that an increase in D,, with

increasing gas velocity, occured at all liquid velocities.
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Fig. 3.4: Effect of gas velocity on dispersion coefficient
(El-Temtamy et al., 197%a)

Studies on the effect of gas wvelocity, in active
fluidized bed bioreactors, are few. Using particles
containing yeast immobilized in calcium alginate, Davison
(1988) found that increases in gas velocity, at constant
liquid flow, caused decrease in particle Peclet number (Pep
- uﬁ%/nz). which was an indication of an increase in axial

liquid dispersion coefficient (Fig. 3.5). Similarly,
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Brohan and MacLoughlin (1984a) and Smith and Greenshields
(1973) indicated that carbon dioxide production in tower
fermenters could cause significant increases in axial

ligquid mixing.
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Fig. 3.5: Effect of gas velocity on dispersion coefficient
in fluidized bed bioreactor for bottom (-X-) and
top (-A-) of bed

(Davison, 1988B)

Furthermore, using process conditions and particles
similar to those obtained in bioreactors, Gommers et al.
(1986) showed that gas velocities, in the range 0.05 to
0.2 cm/s, have a strong influence on the mixing
characteristics of fluidized bed reactors. Their results
are reproduced in Table 3.2 and it indicates that a low
gas velocity of 0.083 em/s could increase the axial liquid

dispersion coefficient from 0.7 to 10.1 cmz/sec in a 4 cm
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ID column or from 0.9 to 34 cmz/sac. in an 8 c¢cm ID column,

Table 3.2: Influence of gas velocity on D,

Column Liquid Gas Disp. coefficient,
diam., D, vel., u, |vel., U, b, x 104
(cm) (ecm/s) (cm/8s) (mz/ssc)
Without With gas
gas
2 1.3 G.111 1.0-2.¢ 1.0~2.0
4 1.2 0.083 0.7=1.5 12.9-10.1
8 2D 0.083 0.9-1.9 8.0-34.0
12 1.0 0.114 2.1-4.9 55
(Gommers et al., 1986)
This strong influence, of a small gas velocity in a
simulated biological system, was confirmed by Setiadi

(1989) who found that a change in gas velocity from 0.0085
to 0.085 cm/s, to 52.5
cmljs, for 1.15 mm alginate beads.

caused Dz to double from 27.6

In summary, therefore, it can be concluded that
increasing gas velocity has the effect of increasing the
axial liquid dispersion coefficient. This increase is due
to the rising motion of gas bubbles and their wakes which
were shown to be some of the main causes of axial liquid
mixing. The extent of increase in D,, due to increase in
gas velocity, may depend on the particle size and the
prevailing flow regime.

3.4.2 Effects of liquid velocity

Increases in liquid velocity will result in decreases
higher bed voidage

1983).

of bubble sizes at low gas flow rate,

and increased particle oscillation (Kim and Xim,
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While decreases in bubble sizes and increases in bed
voidage have decreasing effects on the axial liquid
dispersion coefficient, the increase in particle
oscillation enhances it (El-Temtamy et al., 1979a).
Michelsen and Ostergaard (1970) and El-Temtamy et al.
(1979a) have agreed that the effect of liquid velocity on
the axial liquid dispersion, depends on the gas flow
regime and the particle size used.

El-Temtamy et al. (1979a) cbserved that, at constant
gas flow, with increase in liquid velocity, the axial
liquid dispersion coefficient increased and approached an
asymptotic value in a bed of 0.96 mm particles. It
increased and passed through a maximum in beds of 2 mm
particles.

A similar observation was made by Kim and Kim (1983)
who showed that axial liquid dispersion coefficient
increased with increasing liquid velocity up to 6 em/s, in
beds containing 1.7 mm glass beads, as shown in figure
3.6. But, the rate of increase in D, became marginal at
liquid velocities higher than 6 c¢m/s, probably due to
lower particle concentration at these velocities, as that
could cause a decrease in D,. They also observed the same
trend in a bed of 3.0 mm particles at a gas velocity less
than 6.0 cm/sec, but in this bed, D:continued to increase
with increases in liquid velocity when gas velocity was
more than 6.0 cm/s.

The difference in these observations, at gas
velocities higher than & cm/s, was probably the effect of
particle size as will be discussed in section 3.4.3.1.
Moreover, at a low gas rate, the effect of liquid velocity
was found to depend on the bed voidage; D: increased with
increased liquid velocity till the bed voidage reached
0.62-0.65, after which further increases in liquid
velocity caused a decrease in D,. But, at high gas
velocities, the value of D, did not show a maximum, but

continued to increase with increasing liquid velocity.
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This may be due to changes in the flow regime, from the
dispersed to the coalescence regime, which occurs at high
gas velocities; an increase in liquid velocity does not,
therefore, reduce the bubble size any further. Thus, the
observed increase in axial liquid dispersion coefficient
could be because of the increase in gas flow rather than

the increase in liquid velocity.
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Fig. 3.6: Effect of liquid wvelocity on dispersion

coefficient
(Kim and Kim, 1983)

Using small sand particles of 0.152 mm in diameter,
Setiadi (1989) has shown that, at a gas velocity of 0.0085
cm/s, the axial liquid dispersion coefficient increased
with increases in liquid superficial velocity, due perhaps
to increased particle oscillation. But, at gas wvelocities
higher than 0.0085 cm/s, more complex behaviour of the bhed
was observed; +the axial liquid dispersion coefficient

increased with increases in liquid flow rate, to a bed
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voidage of 0.65, and then decreased with further increases
in liquid veleocity. This observation was in agreement with
that of Kim and Kim (1983) and might be due to lower
particle concentration which was noticed o0 cause a
decrease in D,. But, there appeared to be a remarkably
large difference between gas velocities of 0.0085 and 6.0
cm/s at which Setiadi (1989) and Kim and Kim (1983)
respectively, observed changes in flow regime. The cause
for this difference is not known.

However, not everyone agreed with these observations.
Cstergaard (1978} has painted out that liquid velocity has
no significant influence on D, for 1 mm glass beads, while
El-Temtamy et al. (1979a) have reported decreases in D,
with increases in liguid velocity feor Dbed of 0.45 mm
particles.

The effect of liquid wvelocity on the axial liquid
dispersion coefficient in twe phase (5-L) fluidized beds
was studied by Chung and Wen (1968). They showed that the
axial liquid disperzicn coefficient increased with
increases in liquid wvelocity, which is in line with the
cbservations in +three phase fluidized beds discussed
above. This report was in agreement with the results of
Wen and Fan (1973) and Setiadi (3198%). Kikuchi et al.
(1984) have alsc observed increases in Dzwith increases in
liguid wvelocity. They found +that +the axial ligquid
dispersion coefficient was subject to a peculiar influencse
of bed voidage; it reached a maximum wvalue at a bed
voidage between 0.7 and 0.8. This observation was in
agreement with the results of Cairns and Prausnitz (1960)
and Mehta and Shemilt (1976), who independently showed
that the axial liguid dispersion coefficient was strongly
influenced by the bed voidage.

The effect of liquid velocity on D, in anaerobic
fluidized beds, with in situ gas preduction, has not been
studied. But in a simulated bioclogical system., Gommers et
al. (1986) have not observed any substantial effect of
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liguid velocity, in the range 0.5-2.0 cm/s, on axial
liquid dispersion coefficient (D,).

3.4.3 Effect of particle properties

There are +twe particle properties +that may be
expected to have effects on axial 1liguid dispersion
coefficients; density and size. The nature of the effects
of these parameters, on the axial 1liguid dispersicn

coefficient, are discussed in this section.

3.4.3.1 Particle size

The effect of particle size on D, was studied by
Michelsen and Ostergaard (1970) with 0.25, 1.00, 3.00 and
£.00 mm glass Dbeads. They observed that the bed of 6 mm
particles gave a very low degree of mixing, lower than
that observed in a solids free system, while the bed of 1
mm particles was characterised by high degree of mixing,
comparable to that of the solids free system both in trend
and intensity. The bed of 0.25 mm particles showed a high
degree of liquid circulation which made dispersion models
ipapplicable. But the bed ©f 3 mm particles exhibited
rather cocmplex behaviour. These observations could be due
to the fact that large particles cause bubkle break-up
resulting in smaller bubbles while smaller particles cause
the bubbles to ccalesce (Epstein, 1981). The wuniform
bubble size distribution and small average bubble size
.observed, in a bed of 6 mm particles, proves this.

Kim et al. (1972) have also observed two distinct
flow regimes depending on +the particle sizes. Their
results indicated that bubble coalescence occurred when
particies were less than a critical size of 2.5 mm, while
bubble disintegration occured when the particles are
larger than this critical value. This may explain why
Michelsen and Ostergaard (1970) observed a higher degree
of mixing in beds of 1 mm particles than those of 6 mm, as

bubkle coalescence may have occured with the smaller
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particles leading to higher axial ligquid mixing,.

Kim and Xim (1983) have agreed that D, is a decreasing
function of the particle diameter. A higher degree of
axial liquid dispersion for smaller particles was also
reported by Saberian-Broudjennli, Wild and Kim (1989).
Their results, summarized in Takle 3.3, indicated that
increasing particle size has the effect of decreasing D.,
which confirmed the observations in earlier reports. It
also confirmed that the degree of change in D, due to
changes in particle size, is dependent on the prevailing

gas velocity.

Table 2.3: Influence of particle size on D,

Farticle Dispersion coefficient, D,
diameter, dn (nﬁ/sec)
(mm }
u, = 3.5 cm/sec w, = 13.5 cm/sec
1.4 0.009 0.018
L 3.2 ' 0.006 0.009

(Saberian-Broudjenni, Wild and Kim, 1989}

In another experiment, vperformed at a low gas
velocity similar to that obtainable in fluidized heds with
in situ gas production, Setiadi (1989} had observed that
particle size, in the range 0.389 to ¢.78 mm had no effect
cn axial ligquid dispersion coefficient at low gas velocity
of 0.0085 cm/sec. But at higher gas velocities the D,, in
a bed of 0.389 mm particles, was found to be higher than
that of 0.78 mm particles, indicating that intensity of
ligquid mixing was higher with smaller particles, and thus.
further confirming the earlier reported observations.

There were, however, a few dissenting views., El-
Temtamy et al. (1979a) have reported that the D, did not
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vary with particle size. Similarly, Nguyen-Tien, Patwari,
Schumpe and Deckwer (1984} have reported that small
particles of size less than 0.3 mm do not significantly
influence liquid phase dispersion.

The effect of particle diameter, in two phase (5-L)
fluidized beds, was also investigated. Chung and Wen
(1968) have realised the effect of particle properties
and, therefore, expressed those effects through the use of
the minimum fluidization wvelocity and the bhed wvoidage.
Krishnaswamy and Shemilt (1973} have, similarly. noted the
effect of particle size on D.; they observed that the
Bodenstein number Bo, (4mu./D.) for 0.33 mm sand particles
was consistently lower +than that for 0.5 mm glass

particles (Fig. 3.7).
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Fig. 3.7: Effect of particle size o dispersion
coefficient for two phase fluidized bed
(Krishnaswamy and Shemilt, 1973)

This indicated that +the axial ligquid dispersion
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coefficient was higher with smaller size particles. The
higher dispersion coefficient for smaller particles of the
same density and at the same bed voidage may be due to
more rapid wparticle circulation and possibly greater
freedom of movement for smaller particles.

However, KikKuchl et al. (1984) observed differently.
Their results showed that the axial liquid dispersion
coefficient for 0.239 mm glass beads was lower than that
for 0.440 mm glass beads, at the same voidage, indicating
that Dz was an increasing function of the particle size.
The same observation was made by Setiadi (1989) with
respect te¢ coal particles. The D, for 0.55 mm coal was
found to be consistently lower than +that for 1.03% mm
coal. The same trend was also observed for bone charcoal
particles. However, for sand particles, the D, was about
117% higher for 0.152 mm particles compared <o 0.462 mm
particles. Therefore the nature cf effect, of particle
size on D., was contradictory. Furthermore, Wen and Fan
(1972) have indicated that physical properties of solids
have ne significant effect on the axial liquid dispersion
coefficient.

In biologically active fluidized beds, changes 1in
particle size may occur due to biomass growth or
sloughing. An increase in particle size, in the order of
2.7 times, was reported by Lee et al. (1983). This
increase may cause changes of flow regime and may affect
the axial liguid dispersion coefficient. There 1is no
report on the effect of size of bioparticles on D, though,
Setiadi (1989} had shown that for two phase (8-L) system,
an increase in bioparticle size had insignificant effect
on D,; a 50% increase in particle size, due to biomass
growth, changed D, by only 6%. However, for three phase
systems, it will be expected that both biomass growth and
biomass sloughing will add to the complexity of <the
relationship between particle size and D,.

It can be concluded that, though particle size has
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been demonstrated to have influence on the axial ligquid
dispersion coefficient, the nature of the effect will

depend on the prevailing process conditions.

34,92 Particle density

The density of particles could affect the axial
liquid dispersion coefficient because higher liquid and
gas velocities will be required to fluidize, to the same
bed voidage, a bed of heavy particles compared to light
ones. Most studies on the axial 1liquid dispersion
coefficient of three phase (S-L-G) system related to
particles with densities in the range 2.3 - 2.9 g/cm%
theugh, Kato, Morocka, Koyama, Kago and Yang (1985) have
used particles of lower density (1.2 g/cmﬁ. But, they have
not considered the effect of particle density on D,.

However, in +two phase (S-L) system, Cairns and
Praunsnitz (1960) have noticed a higher value of D. in a
bed of 2.96 mm lead spheres compared to bed of 3.2 mm
glass beads, at the same bed voidage. They concluded that
the particle density has a positive effect on D..
Krishnaswamy and Shemilt (1973) have also noted positive
effect of particle density on D.. Their results, presented
in Table 3.4, showed that D. for 0.5 mm steel spheres was
about twice that of 0.5 mm glass beads, at the same bed
voidage. They, however, noted that the high D:obtained for
steel, as compared to glass, related to the high velocity
required for equivalent expansion of the denser particles.

Using a simulated biological bed, Setiadi (1989) has
shown that the effect of particle density, in the range
1.2=1.08 g/cmz, depended on the gas velcocity. At a gas
velocity of 0.0085 cm/s, the D. of sand particles with
density of 2.65 g/cmz was lower than that of coal
particles, density of 1,31 g/cmz, by 39% at the same gas
and liquid velocities. However, the difference reduced to
17%, at a gas velocity of 0.042 cmy/s, while, at gas
velocity of 0.085 cm/s, the effect of particle density, on
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D, was not observed; D, appeared to be a function of liquid
velocity only. Any influence of particle density on D. for

the two phase system, was not observed.

Table 3.4: Influence of particle density on D.

e —
Particle Particle Dispersion Bed
density., p, | coefficient, D. | voidage, e
(g/cm) (cmi/s) (=)
| 0.7 mm Resin 1.28 1.41 0.85
1_0.5 mm Glass 2.50 35.22 0.89
l_O.S mm Steel 7: 02 57:52 0.70
——— P ——

(Krishnaswamy and Shemilt, 1973)

3.4.4 Effect of liquid properties

The 1liquid properties of wviscosity and surface
tension may affect D., as liquid mixing in 3-phase
fluidization, has been shown to be primarily caused by the
rising motion of gas bubbles. The liquid viscosity and
surface tension might have an effect on the bubble rising
velocity, which in turn would influence D, (Kim and Kim,
1983).

3.4.4.1 Liguid viscosity

Ligquid viscosity will be expected to affect the
bubble size and bubble rising velocity. Since these two
parameters have been shown to influence the axial liquid
dispersion coefficient, changes in liquid viscosity will
therefore be expected to have some influence on D.. Studies
on the effect of ligquid wviscosity on axial 1liquid
dispersion coefficient are few.

Kim and Kim (1983) studied the effects of liquid
viscosity, in the range 1-27 cP, on the D.. They noted that
the nature of viscosity effect on D: depends on the gas
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velocity. Their result, presented in figure 3.8, showed
that D, increased with viscosity in two phase (S5-L) beds
and three phase beds of 6 mm, 3 mm and 1.7 mm particles,
at low gas velocities less than 4 cm/s. In contrast, D,
decreased with increases in viscosity in beds of 1.7 and
3.0 mm particles at high gas flow rates. They further
noted that the effect of liquid viscosity on D. was very
small; a twenty-seven fold increase in viscosity increased

D, by only 20%.
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Fig. 3.8: Effect of 1liquid viscosity on dispersion
coefficient
(Kim and Kim, 1983)

This was due to the liquid viscosity having little effect
either on bubble size or rising velocity, the two
parameters that were shown to cause axial liquid mixing.

For two phase (S5-L) systems, Mehta and Shemilt
{(1976), using 0.5 mm glass beads and a viscosity range of
0.56 to 7.74 cP, have shown that +the nature of the
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viscosity effect on D, depends on the bed voidages; at bed
voidages greater than ©.85, there was a major dependesnce
of D, on viscosity. At this condition, there was a linear
logarithmic relationship with a negative slope of about 1.
While, at voidage lower than 0.8, there was no evidence of
any relationship  betwsen axial liguid dispersion
coefficient and wviscosity. This observation contradicted
that of Kim and Kim (1983}, for the two-phase systems. The
contradiction could be due to the differences in particle
sizes employed for the two studies: Mehta and Shemilt
(1976) used 0.5 mm glass beads whereas Kim and XKim (1983}
used particles of 1.7 mm, 3 mm and 6 mm diameter, which
are three to twelve times bigger. Chung and Wen (1968)
also realized the effect of viscosity on D,. In their
correlation, D, varied with viscosity to a power of 0.48.

The effects of ligquid viscosity on D: for anaerobic
gsystems with in situ gas production, have not been
studied. But, Setiadi (1989) showed that, for a simulated
biological system, D. varied with viscosity to the power of
0.509, for three phase, and -1.57, for two phase, systems
respectively. These results indicated that the presence of
gas caused the reversal of the effect of viscosity on D,.
It can be cancluded that, though liquid viscosity may
have some effect on D,. the nature and intensity of this

effect could depend on gas flow rate and the bed voidage.

. 3.4.4.2 Surface tension

Increased ligquid surface tension reduces the bubble
size and rising velocity and hinders bubble coalescence
(Gorowara and Fan, 1990). But, Kim, Baker and Bergougnou
(1277) have shown that surface tension has small positive
effects on bubble size and rise velccity. Therefore,
surface tension can be expected to have some influence on
axial liquid dispersion coefficient, because beth bubble
size and rise velocity have been shown to affect the axial

liquid dispersion coefficient.
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There has only been one report on the effect of
surface tension on D,. Kim and Kim (1983) have reported
that the effect of surface tension, on D,, in the range
38.5-76 dynes/cm was very small, as shown in figqure 3.9.
This was expected, because surface tension had limited

influence on bubble size and rize velocity.
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Fig. 3.9: Effect of surface tension on dispersion
coefficient

(Kim and Kim, 13983)

There was no reported effect of surface tension on D.
for two phase (5-L) systems. But, since surface tension
mainly affects the bubble characteristics, 1t can be
expected to have no significant influence on D,. in tweo

phase systems.

3.4.5 Effect of column diameter

An increase in column size will be expected to cause
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an increase in radial velocity profile and a consegquent
increase in axial ligquid dispersion coefficient,
Ostergaard (1978) has noted that the D, values he cbtained
in a 22.86 cm ID column, for 1 mm and 6 mm particles, were
respectively 50% and 100% higher than those reported by
Michelsen and Ostergaard (1970), for the same particles,
in a 15.24 ID column. This cbservation suggested that the
column diameter has a positive effect on D,. HMuroyama et
al. (1978) also noted this positive effect. They found
that D, varied with column diameter to the power of 1.58
for the ccalesced bubble regime and 1.5 for the dispersed
bubble regime. This result was in agreement with +the
findings of El-Temtamy et al. (1979a) and Xim and Kim
(1983). They reported D, varying with column diameter to
the power of 1.6 and 1.66 respectively, though they did
not observe any difference between coalesced and dispersed
bubble regimes.

For two phase (§-L) systems, Cairns and Prausnitz
(1960) have observed a very large D: increase with
decreasing ratioc of particle diameter to column diameter
(dT/Dc). indicating a positive effect of column diameter.
Similarly, Krishnaswammy and Shemilt (1972) have also
sacknowledged +the poesitive effect of column diameter on
axial liguid dispersion coefficient and have, accordingly,
introduced this effect in their correlation for D,, through
the use of an open tube dispersion coefficient.

Gommers et al. (1986) have shown that, for particles
and conditions similar tc those of biological systems,
column diameter had a pesitive effect on Dz‘ However, the
effect was more proncunced when gas was flowing, as
presented in figure 3.10. Similarly, Setiadi (1989) has
acknowledged the positive effect of column diameter on D,,
and has censequently, raised the column diameter to the
power of 1.58 and 0.75 in his proposed correlations for D,
for +three and +two phase systems respectively. This

indicated that +the effect of column diameter is more
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pronounced in three phase systems as compared toc the two
phase beds.

There was unanimous agreement that the column
diameter has a positive influence on the axial liquid
dispersion coefficients in both the three phase and the
two phase systems. However, the extent of this effect
could depend on the flow regime or the flow rate of the

gas phase.
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Filg. 3.10: Influence of column diameter on dispersion
coefficient
(Gommers et al, 1986)

3.4.6 Correlations for axial liquid dispersion
coefficient

Many studies on axial liquid dispersion coefficient

have correlated this important parameter with others that

were known to affect 1it, including gas and liquid

velocities as well as the particle and liquid properties

and column diameter. All aimed at the prediction of D, from
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other known or easily measured parameters. A number of
these correlations were reviewed by Muroyama and Fan
(1985) and more recently by Fan (1989) and Setiadi (1989).
Therefore, only a brief discussion of these correlations
is presented here. Moreover, correlations, for three and

two phase systems, are separately presented and discussed.

3.4.6.1 Correlations for three phase systems
Using trial and error least squares analysis, Kim et
al. (1972) have correlated the height of mixing unit (HMU
= 2H/Pe) to the liquid and gas phase Reynolds and Froude
numbers and the ratios of the solids and fluid densities.
Their correlation, given by equation 3.2, was valid for:
1.4 < up < 10.2 cm/s
u, < 26.03 cm/s

g
2.6 mm < cl.F < 6.0 mm.

HMU _ {hﬂﬂﬁ s = 0.068( FTLEEI)UJEB(FT@EE.)GJGB(RELE)Udzl
Ho Hﬂ L pL pL Regap
3.2)

The Reynolds and Froude numbers were based on the particle
diameter. The equation fitted their data with a standard
error of estimate of 0.018. However, their experiment was
conducted in a two dimensional fluidized bed which is not
common. Furthermore, +the gas wvelocity, at which this
equation is applicable, is very high and outside the range
usually obtained in bioreactors with in situ gas
production.

A different approach was employed by Muroyama et al.
(1978) who used a cylindrical column of 12 cm ID and
obtained empirical relationships, for both the coalesced
bubble and the dispersed bubble regimes, as given by
equations 3.3 and 3.4 respectively.

Fo, = Tl
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€ =26 f& 3.4)
D

D, has the dimension of cmlfs and the equations are valid
for 0.02 < d.;/Dc ¢ 0.12. The problem of equation 3.3 is
that at zero gas velocity, the dispersion coefficient is
indeterminate. Moreover, for the dispersed bubble regime,
there was no influence of gas velocity on D,. This was
contradicted especially for simulated biological systems
where a gas velocity as low as 0.05 cm/s was found to have
a tremendous influence on D, (Gommers et al., 1986;
Setiadi, 1989). The difficulty in determining the flow
regime is however the greatest problem in using the
correlations of Muroyama et al. (1978B).

Unable to predict their data from +the above
correlations, El-Temtamy et al. (1979a) have used least
squares fits to derive another empirical relationship,
given by equation 3.5.

Pe, = %‘?E = 0.0012Re; *Mp 1% 3.5)

P [+
z

D, was given in cuﬁ/s. The equation was used to predict 209
data points, including the data of Michelsen and
Ostergaard (1970), with high average deviation of 75% and
low correlation coefficient of 0.8, But, its major set
back is that it did not take into account the effect of
gas velocity, which was known to have strong influence on
D, even at very low values.

Using a completely different approach, Joshi (1980)
has proposed a theoretical relationship (Egn. 3.6) which
was derived from energy balances,

D, = 0.29 (u, + uJD, 3.6a)

Where, the liquid circulation velocity u., was given by

c ’
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1
—_— e ——'—"'——'-""-""l)u"8l'.l)]3
E P, t Bp, T &Pt Ep, A

u, = 1.31{gD (u,+y, -

3.6b)
This equation was filtted to 200 data points, from the
results of Michelsen and Ostergaard (1970), Ostergaard
(1978} and Vail et al. (196B), with a standard deviation
of 16%. The value of D, was given in nﬁ/s and the equation
v range of 0.149 to 6.0 mm and Dcof
0.066 to 0.214 m. Though, +this equation fitted some
reported data successfully, its major set back is +that

was applicable for a d

special parameters including liquid and solid holdups and
the rising bubble velocity are required before D, is
evajuated. Moreover deriving these special parameters from
other relationships will further add to the error in D,.
Kim and Kim (1983) have found that their data was not
predicted by +the above correlations, They, therefore,
derived another empirical relationship that covered a wide
range of operating and fixed parameters and was not
restricted by the flow regimes. They, however, did not
take the effects of viscosity and surface tension into

consideration. Thelr correlation is given by equation 3,7,

pe, = e - 20,29 (Zeyroes (Y10 3.7)
D, R U, +oug

This equation is wvalid for 0.143 < th(urﬂlﬁ < 0.962 and
0.0022 < d?/DC < 0.08, while Dz was given in cmz/sec.

Nguyen-Tien, Patwari, Schumpe and Deckwer (1984) have
shown that the equation of Kim and Kim (1983} fitted their
data, with 45% mean deviation, for particles greater than
3 mm in diameter, but for particles 0.3, 0.5 and 1 mm in
diameter, a good prediction, with minimum deviation of
30%, was obtained when the coefficient was changed from
20.19 to b61.

Similarly, Saberian-Broudijenni ef al. (1989) have
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reported that the equation of Kim and Kim (1983) predicted
their data well, but only after the coefficient was also
changed from 20.19 to 6.6. These authors further derived
another empirical relationship (Egn. 3.8) which took inte
consideration other parameters that were known to affect
D,. But, they acknowledged that equation 3.7, with the
changed coefficient, predicted their data better than

their own correlation.

. v d .
Pe, = —-F = 1.24x207dp "By 3.8a)
z

Where E, is the energy dissipation and was given by:

5, - L) (e pgvep re,py) ~usp,] g —
el

Moreover, to evaluate szrom equation 3.8, both liquid and
solid or gas hold ups must be known. Measurements of these
parameters are difficult and estimation from established
correlations will add to the error in D,. Furthermore, the
equation did not consider the column diameter which is
known to affect D,, significantly.

Another different correlation was derived by Kato et
al. (1985) by adapting the equation for liquid dispersion
in bubble columns (BC). They proposed three empirical
correlations, for axial liquid dispersion coefficient in
three-phase fluidized beds (TPFB), depending on the gas

velocity. For low gas velocity, g < 9 cm/sec,

u u ‘e.
Pe,(TPFB) = Hele _ (14 de)o0.anét * pe . (BC) 3.9)
D, Uy,
2
Where, Bond number Bg = 2“‘:-—"9:

At ug> 25 cm/sec, the gas Peclet number in both the bubble
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column and three phase fluidized bed are the same. Thus,

u
Pe,(TPFB) = “2¢ = pe_(50) 3.10)
z

However, at gas velocities in the range 9 to 25 cm/s, the

Pe, in three phase fluidized bed was given by the equation:

u u
HgPe Do, | —) 3:3% TouyiFa/be) 3.11a)

Where, Pei= Pe:(T?FB) at u= 9 cm/sec, Pei= Pec(TPFB) at

g

ug = 25 cm/s8 and
Pe_(BC) = UgPe | (). P ge 3.11b)
D, My (1+6.5Fr° %)

g.c

These equations predicted D, values which differ by only
30% in comparison to the experimental data. The equations
were also used to predict the data of Michelsen and
Ostergaard (1970) and Muroyama et al. (1978) with an error
of 50%. Furthermore, the equations do indicate that, at
high gas wvelocities, the axial liquid dispersion
coefficient was independent of liquid velocity. This was,
however, yet to be verified.

Simulated biological systems: Using a simulated

biological system, Setiadi (1989) has found that the
existing correlations predicted his data with mean
deviation in the range 157% to 1742% as shown in Table
3.5. This lack of fit, induced the author to derive
another relationship wusing the dimensional analysis
technigue,
The relationship obtained is given by equation 3.12 and is
valid for:

0.15 < dp < 3 mm

1.88 < Py < 2.65 g/cm3

B.5%1077 <« u; < 0.2 cm/s

91



D. = 25.7dg.1981,!0_509u£0.285ugﬁ.779D1.58 3.12)

z [~

The egquation was found to f£it the 191 data points, from
different autheors, with mean deviation of 56%. 1In
additicon, it also predicted the data of Gommers et al.
(1986) better +than +the other correlations. But, its
applicability to active bioclogical fluidized bed, with in
situ gas production, is yvet to be tested.

Table 3.5 Comparison of published correlations for

simulated biological system

Correlation Mean deviation, M
(%)
Murcyama et al. (1978) 157
El-Temtamy et al. (1979a) 1742
Kim and Kim (1983) 135
Kato et al. (1985) 567 B

(Setiadi, 1989)

It can, thus, be seen that various relationships,
giving the value of axial ligquid dispersion coefficient in
terms of other parameters, that affect it, have been
proposed. Each of these ceorrelations was derived for some
specific conditions and, therefore, has limitations.
Furthermore, only the correlation of Setiadi (1989) was
derived for biclegical systems and it was shown tc he
applicable at small gas wvelocities and to low density
particles. However, the correlation is yet to be verified
against a biologically active fluidized bed.

Application +to active biplogical systems: Davison

(1988} has found that the correlations of Murcyama et al.
{1978) and XKim and Xim (1983) are not suitable for both
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active and non active biological fluidized beds; the
experimental D, values were found to be lower than the
values predicted by these correlations. This observation
may be due to the fact that the correlations were derived
for systems with high densities and Reynold numbers in the
range 10 to 500 or more, whereas, biloparticles have
densities in the range 1.05 to 1.15 g/cm3 and Reynolds
numbers less than 1 (Davison, 1988).

Setiadi and Larsen (1991) have also tested some of
these correlations against the same operating conditions
of tower fermenter. Their results is presented in Table
3.6 and showed significant variations in the values of D,
obtained. They were of the opinion that care must be taken
when using published correlations rather than experimental

data for the evaluation of Dr

Table 3.6 Prediction of D, for same operating conditions

in tower fermenter

Correlation Dispersion coefficient,

D, x 104

(mljsec)
Muroyama et al. (1978) 0.94 l
El-Temtamy et al. (1979a) 0.20
Kim and Kim (1983) 0.19
Kato et al. (1985) 3.5

—

(Setiadi and Larsen, 1991)

In the light of this discussion, there is therefore,
the need to further test the existing correlations against
biologically active systems and, if necessary, develop new

relationships to relate D, to other parameters.
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3.4.6.2 Correlations for two phase systems

Correlations for axial liquid dispersion coefficient
in two phase (S-L) systems have alsc been proposed. Chung
and Wen (1968) have developed an empirical correlation of
the form:

sf@5

—£ = 0.20 + 0.011Re) *° 3.13a)

Re
Where, x =-ija§bg for fluidized bed and 1 for fixed bed,
P

(Re,)ue = /{(33.7)% + 0.0408Ga) - 33.7 3.13b)

[d;pl_ { Pe -pL) gl
rlz

and Galileo number Ga = 3.13c¢c)

This equation was used to fit 482 data points, with a
standard deviation of 46%. The applicable ranges of this
correlaticn were summarized by Wen and Fan {1973} as:

107 < Re, < 10’

0.4 < g < 0.8

1.52 < p, < 11.3 g/cm

0.012 < dp < 1.43 cm

1 < p < 1.02 g/em’

5 <D, € 10.2 ¢cm
They also showed that the relationship is applicable for
both Newtconian and non-Newtonian fluids. Furthermore, it
predicted their data with a standard deviation of 18%.
However, its major setback is that both (Rep)m and the bed
voidage are required to evaluate the D,. These parameters
are difficult to measure and if obtained from existing
correlations, the error in estimating D, will be larger.
Krishnaswamy, Ganapathy and Shemilt (1978) have shown that

the above equation for (Reﬂmf is subject to an average
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deviation of 25% and when used, will certainly increase
the error in D, estimates.

A simpler correlation was proposed by Krishnaswamy
and Shemilt (1972). They accounted for the effects of
particle density and shape, on Dz, by using the particle

terminal velocity (ut). Their correlation was of the form:

D, -_-0_7(_9_1_-)1-59 3.14)
Dy, e

Where D, is the axial liquid dispersion coefficient for
the empty column in units of cn@/s. Equation 3.14 fitted
210 data points, with standard deviation of 17%. It is
applicable to particles with diameters of 0.31 toc 6.4 mm
and densities of 1.28 to 11.3 g/cm3. Though this equation
is =zimple to use, it is wvery sensitive to changes in
particle terminal velogity as noticed by Wen and Fan
(1974); an error of 10% in estimating the terminal
velocity, will possibly cause a 19.5% deviation from the
true value of D,.

The practical difficulty of the above two
correlations is that special parameters such as u, (Rep),
Dy
dispersion coefficient. The correlations derived by Kim et
al. (1972) and Krishnaswamy et al, (1978) have avoided

and €, are required to evaluate the axial liquid

some of these special parameters. The former gave a
relationship for the height of mixing unit against the
particle and fluid properties and operating conditions.
This relationship has the form:
HMU = Psyo.e4 -0.450
(—_!'};_, S‘OS{FIL'pFL) {ReL.p) 3.15)

u, = ¢

and has the same conditions of applicability as equation
3.2. This relationship fitted their data with a standard
error of estimate of 0.037, but it was not tested against

other literature data.
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The correliation of Krishnaswamy et al. (1978) is
simpler and has the form:

2D
(1 - {—=2)05)e?25 = 0,74 3.16)
u H,

The equation was fitted to 314 data points, with a
standard deviation of 8%. It is applicable for particles
of 0.5 to 14.3 mm in diameter and density of 1.28 to 11.3
g/cmi. Though simple, the equation did not consider other
parameters such as particle density and size and column
diameter that were known to influence D,. Furthermore, the
bed voidage is required and it has to either be measured
or obtained from existing correlations. This will,
undoubtedly, increase the error in the D, estimate.

It is obvious that all the above correlations are
applicable for large or heavy particles. Kikuchi et al.
(1984) have reported that +the use of the above
correlations, for particles with sizes in the range 0.444
to 1.88 mm and densities of 1.05 to 2.5 g/cmj, resulted in
predicted D, values with standard deviations of 160% to
2900%, due perhaps, to the low Reynolds numbers of these
particles. They, therefore, proposed another correlation
(Eqn. 3.17a) which is applicable to the low Reynolds

number region, in the range 0,15 < Rep < 100.

D!TIPL- = 500E; “’Exp(-20.5(0.75-¢)2) 3.17a}

The equation is also applicable for 0.41 ¢ g < 0.93, and
8 x 107 < E, < 0.44. The energy dissipation per unit mass

(p,~p.) (1-e)u,g 3.17b)

of liguid was given by E, = =
L

and D, was given in nﬂ/sac. The correlation was found to
fit their experimental data and literature data, which had
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Reyneolds numbers less than 100, with a standard deviation
of 38%.

It is not difficult to notice that this relationship
also suffers from shortcommings of +the earlier ones,
because the hed voidage is needed to evaluate D.. This was
probably the reason why Setiadi (1989) went further to
derive ancother cocrrelation that will be applicable to low
density dmall particles, which are typical of
bioparticles, using easy to measure parameters. His

correlation is of the form:

D, = 5.49 x 107 D273 0144y 01570854 3.18)

This equation fitted 194 data points with a correlation
coefficient of 88.2% It was also used to predict large
quantities of literature data, with a mean deviation of
20%. Moreover, it is applicable over a wide range of
conditions:

0.15 < dp < 3 mm

1.8 < D, < 100 cm

0.06 < Rep < 35

0.6 < Ga < 7665

1.05 ¢ p, < 2.97 g/cm’

0.6 < q ¢ 2.5 cP

Application to active biglogical systems: For

biclogical systems, with their characteristic low liquid
velocity, the use of equation 3.18 will result in very low
values of Dr Setiadi and Larsen (1991) have, conclusively,
shown that the D, values calculated using the correlation
of Kikuchi et al. (1984), which was derived for a two
phase system, was below the level at which it influenced
the predicted concentration profile in a tower fermenter.
Therefore, there was no gain in using the dispersed plug
flow model over that of ideal plug flow. Though this
statement needs to be further verified, it indicates that
correlations derived for two phase systems may not be
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applicable for D, prediction in biological fluidized beds

with in situ gas production.

3.5 BED EXPANSION CHARACTERISTICS

As mentioned earlier, a proper understanding of the
expansion characteristics of fluidized beds, is central to
efficient design and evaluation of the performance of
these reactors. In addition, it was shown that the bed
voidage determines the residence time of ]liquid elements
in fluidized bed reactors and hence, the achievable
reactant conversion level.

In a three phase fluidized bed, each of the phases
occupies a portion of the bed; the volume fraction that a
particular phase occupies is referred to as the holdup of
that phase. Thus, liquid holdup is the volume fraction
that the ligquid phase occupies and is required for the
evaluation of the exit substrate concentration in the
dispersed plug flow model (Egqns. 1.6 and 3.2). Bed voidage
or porosity is used to describe the space not occupied by
the solids and for three phase systems, is the sum of the
ligquid and gas holdups. By definition, all the phase
holdups add-up to one as given in equation 3.19a. However,

for a two phase (S-L) fluidized bed, e, = Q.

e, v e v =1 3.19a)

In addition, the total pressure gradient at any bed level
is simply the bed weight per unit volume at that level
(Epstein, 1981), thus;

-dcf..’P = (Paea M o T pﬂeﬂ,g el

If any one of the holdups is known, the others can be
obtained by solving, simulteneously, equations 3.19a and
3.15b. The sclid holdup can be obtained, easily, from the

weight and density of the particles used, as follows:
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wB
g = s__ 3.19¢)
* ps AHb

gimilarly, both +the gas, and 1ligquid holdups can be
obtained from the residence time distribution of each
phase as given in eguations 3.20 and 3.21 respectively
{Michelsen and Ostergaard, 1970).

fﬁgﬂﬂfz 3.20)

o
n

g AH,
e, = Travls 3.21)

AH,,

Since the phase holdups are defined as the volumetric
fractions of the fluidized bed, they depend on the height
of the fluidized bed and are, therefore, affected by the
process conditions and solid and liquid properties.
Moreover, the process conditions and +he physical
properties of ligquid and particles determine the behaviour
of the bed. Evaluation of phase holdups or bed voidage
cannot, always, be done by experimentation; consequently,
many correlations were developed in order tc evaluate
these parameters using known process conditions and easily
measured liquid apd particle preoperties. J

The nature of the effects of process conditions and
gsolid and liquid properties, on the behaviour of fluidized
beds, are briefly discussed in this section. In addition,
the variousz c¢orrelations, for the prediction of bed
voidage, liquid. gas and socolid holdups, have Dbeen
highlighted.

3.5.1 Bed behaviour
Changes in liguid and particle properties and
operating conditions will be expected to change +the
|
|
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behaviour of the bed and hence its expansion
characteristics and phase holdups.

Michelsen and Ostergaard (1970) have observed that in
beds of 1 mm, 3 mm, and & mm particles, the ligquid holdup
increased with increases in liquld velccity and decreases
in gas velocity (Fig. 3.11). Similar observations were
made by Ostergaard (1978) and Kato, Uchida, Kago and
Morooka (1981} who have also reported that liquid holdup
increased with increases in liquid wvelocity and decreases

in gas velocity and particle diameter.

1
0.
-
L
g o
o
(]
-; 0.k Uy (cm/s)
S 3 s
§§ ¥ s4
0.2 > 1
A 14
X 1w
o k. F | . 1 L ]

L .8 2 4.0 028 11.26 18.286 14,28

Gas velocity, ug(cm/s)

Fig. 3.11: Effect of gas and liquid velocities on liquid
holdup
(Michelsen and Ostergaard, 1970)

But, Kim et al. (1972) noted increases in eLwith increases
in liquid and gas velocities, It is npot known why the
results of Kim et al. {(1972) differed fraom other
observations, It may be that the two dimensional contactor

used by Kim et al. (1972) could be responsible.
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In contrast, it was unanimously agreed that bed
voidage (g¢) increased with increases in liquid and gas
velocities (Kim, Baker and Bergougnou, 1975;
Dakshinamurty, Subrahmanyam and Rao, 1971; Saberian-
Broudjenni et al., 1987).

Few studies on the effects of liquid viscosity and
surface tension on bed voidage and phase holdups have been
conducted. Kim et al. (1975) have reported that both
liquid holdup and bed voidage increased with increased
viscosity in the range 1 to 70 c¢P, in both two phase and
three phase systems, but the increase was more marked in
beds of smaller particles and in the presence of flowing
gas. Similarly, Nikov, Grangjeen, Carreau and Paris (1990)
have also reported an increase in bed wvoidage with
increase in viscosity in the range 10 to 124 (mPa.s), but
they attributed this increase to increased slip velocity
caused by the increase in liquid viscosity.

Liquid surface tension will also be expected to
affect bed voidage and holdups. Kim et al. (1975) have
studied this aspect in two phase and three phase systems.
Their results showed that in a bed of 1 mm particles, both
bed voidage and liquid holdup increased with increase in
surface tension in the range 40 to 73 dyne/cm. In 2.6 mm
gravel! particles, e increased with increased surface
tension while ¢ remained constant, indicating that the gas
holdup was decreased, presumably, as a result of greater
bubble coalescence. Finally, in a bed of 6 mm particles,
the gas holdup was not affected by increase in surface
tension.

Density of particles will also be expected to affect
bed voidage and phase holdups. Tang and Fan (1989) have
studied the hydrodynamics of three phase fluidized beds
containing low density particles in the range 1.05 to 1.3
g/cmz. They noted significant axial variation in solids
concentration, the extent of which, depended on the

prevailing flow regime; large bubbles, in the coalescence
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flow regime, help to transport finer particles and cause
more variation in axial solids concentration.

It can be deduced from the above discussion that
particle size affects the bed voidage and phase holdups.
Generally, the bed voidage and liquid holdup decrease with
an increase in particle size (Kato et al., 1981; Saberian-
Broudjenni et &al., 1987). Of particular interest in
fluidized bed hydrodynamics, is the contraction of a bed
of small particles, upon injection of gas. This phenomenon
was observed by many researchers (Michelsen and
Ostergaard, 1970; Dakshinamurty et al. 1971; Kim et al.,
1972; Kim et al., 1975; and Song, 1978). It was generally
accepted to be due to the solid free liquid wake which
accompanies the rising bubble and ience moves at velocity
greater than the average bulk liquid velocity. This causes
the entire bed to contract and a sharp decrease in bed
voidage occurs (Epstein, 1981: Darton, 1985).

3.9.1.1 Bed contraction

Whether a bed expands or contracts, due to
introduction of gas, depends on the particle size, gas
flow rate and liquid properties such as surface tension
and viscosity (Epstein, 1976). Kim et al. (1972) reported
that the contraction of a bed on injection of gas
diminished as the particle size was increased and that the
critical size for particles having a density similar to
glass is about 2.5 cm. But Song (1978) has reported that
bed expansion or contraction can be predicted from the
ratio of fluidized bed height in three phase and two phase
systems at the same liquid velocity. A ratio greater than
one implies that the bed will contract when gas |is
introduced into the column and a value less than one
indicates that the bed will expand upon introduction of
gas., Epstein (1981) has shown that particles, of sizes
less than 3 mm in diameter and density the same as that of

glass, will contract upon introduction of gas into the
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fluidized bed. This is in agreement with the report of Kim
et al. (1972).

3.5.1.2 Expansion of bivcactive beds

Studies of bed expansion of bioclogically active
particles in fluidized beds, are few, 8mith et al. (1978)
have noted that the presence of a gas phase considerably
reduces the terminal velocity of microbial aggregates and
this has the effect of 1increasing bed voidage at
relatively low liquid wvelocity. But Davison (1988) and
Setiadi (1989) have independently found that gas
velocities up to 0.2 com/sec reduced bed voidage by a
maximum of less than 7.7%; therefore, for gas velocities
less than 0.2 cm/sec, the bed voidage can reasonably be
estimated from the corresponding two phase system.

The special characteristic of active biological
systems 1s the growth of microorganisms, which has the
effect of increasing both +the size and density of
bioparticles. These changes have significant effects on
the behaviour of beds containing bioparticles (Timmermans
and wvan Haute, 1984) . Changes in +the density of
bioparticle due +to biomass growth, was documented by
Setiadi (198%) for the case of biocfilm supported on sand
particles, as shown in Table 3.7. The biofilm thickness
increased from 2.05 to 15.2 um with a corresponding
decrease in bioparticle density of 2.52 to 1.98 g/cma This
decrease 1In density caused the difference (pﬁ*pﬂ to
decrease and this may result in increased bhed wvoidage
(Saberian—-Broudjenni et al., 1987).

Microbial flocs may, however, differ from supported
microbial films. With the flocs, increase in size was
shown to cause an increase in floc density which may cause
a decrease in bed voidage (Brohan and MclLoughlin, 1984c).
Furthermore, in tower fermenters, segregation of flocs
does occur with the largest being at the bottom of the

tower. Therefore, the observations of bed behaviour, with
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respect to supported biofilms,

microbial flocs.

may not be applicable to

Table 3.7: Density changes due to biomass growth

Biofilm Bioparticle Bioparticie
thickness, ry; diameter, d; density, py,
(pm) (p2m ) (g/cm’)
2.05 146 .4 20D
I 6.10 154.5 2. 91
I ¥11.80 164.9 2.11
I 15.20 172.7 1.98
—_—— ————————————————x
(Setiadi, 1989)
3.5.2 Correlations for bed voidage and phase holdups
There are a number of correlations, in the

that aim to relate various phase holdups to
and the

for two phase,

literature,
the

conditions,

particle and 1liquid properties operating
In this section correlations,
three and biological are separately

phase systems,

presented and discussed.

3.5.2.1

One of the earliest and most widely used relationship
is the of Richardson and Zaki
(1954), which has the form of equation 3.2a (Richardson
and Meikle, 1961)

Two phase fluidized beds

empirical correlation

ﬁ = el
ut

3.22a)

where the index n, depends on the particle Reynolds number
and the ratio of the particle to column diameters, as

follows;
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Remt < 0.2; n=4.65 + 19.5;% 3.22k)

[

d ]
0.2 ¢ Reyy < 1; n=(4.36 +17.6P)Rey™ 3.22¢)
[~
1 < Re,y < 500; n=4,45Re;’" 3.224)
500 < Re,; < 7000; n = 2.39 3.228)

Though, equation 3.22a i3 simple and widely wused, its
major preblem is in the use o©of the particle terminal
velocity. This parameter must have tco be measured cor
obtained from other correlaticns. It is related to the
physical properties of particle and 1liquid by the
following equation (Tambo and Watanabe, 1979; Schugerl,
1989):

3.22f)

u = |Ag {psmpsd
’ 3¢, Py d

Where ¢, = 18.5Re,’;" 3.229)

Using a theoretical approach involving eguilibrium
forces acting on particles in a fluidized bed, Wen and Yu
(1966) have derived another correlation for bed voidage as

follows;

3.23)

e 4.7 = Ga
1.687
18Re, + 2.7Re}

This equation is valid for dp cf 2.03 to 6.35 mm and ppof
2.36 to 7.B4 g/cma. This relationship is also widely used
and was recommended by Murcyama and Fan (1985). The

equation was used to fit experimental data and literature

105



data, from various sources, Wwith an average deviation of
25%.
Kim et al. (1872) have obtained another empirical

relationship as follows:

Fr
(&) y0 = 0.409 (ZZp2Payo.195 (Re,, ) 0-974 3.24)
L

The correlation fitted experimental data with a standard
error of estimate of 1.1%. The maximum deviation between
this equation and that of Richardscn and Zaki (1954) (Egn.
3.22a), was 8%.

Using a s=imilar approach to that of Wen and Yu
(1966), Ramamurthy and Subbaraiju (1973) obtained
generalized equations for predicting ¢ by using equation
of mwmotion for multiparticle systems in homogeneous
fluidized bed. They proposed three set of relationships

for laminar, intermediate and turbulent flow regimes,

Ga_ _ g1 3.25a)
18Re,
Ga — = ol 3.25b)
13.9Re;
362 _ g3t 3.25c)
Reg

Where Qeis the velocity correction factor and was given by
2
®, = [1-1.2(1-£) 7] 3.25d)

The equations are wvalid for:
0.15 < dp { 6.35 mm

0.05 (¢ Rep { 2240

0.42 < g < 0.95
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0.004 < dprc < 0.14

12 < 6a < 4.65 x 10°
These equations Wwere used to predict literature data, with
a standard deviation of 14.7%. But, the difficulty in
determining flow regimes makes these relationships
difficult to use.

Garside and Al-Dibouni (1977) have used particle
Ssizes in +the range 0.167 +to 3.07 mm in diameter,
corresponding %o Rep cf 3.84 *to 1180 and showed that a
correlation of the same form as that of equation 3.22a,

but with a modified value of n. namely:

%ﬁ%2%§ = 0.104Re’ " 3.26)

fitted their experimental data with a standard deviation
cf 9.8%. However, they still proposed another empirical
relationship (Eqn. 3.27), which they said fitted their
data best, with a standard deviation of 8.6%, but was more
difficult to use,

u “A +
2~ =0.06Re;’?? 3.27)
Where, A = g¢¥4 and B = ¢l'®, Equation 3.23 is wvalid for g

= 0.4 to 0.985.
A different approach was used by Kmiec (1982). He
derived a correlation (Egqn. 3.28) from +the eguations

describing the equilibrium forces in a fluidized Lked.

e = Lfé)aaog 3.28a)

Fq

Where, Fd and Fg are the drag and gravitational forces,

respectively, acting on a particle and their ratio was

Fy

g

Re}
Ar

3.28D0)

given by:

e e

Cp
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While Archimedes number, Ar is the same as the Galileo
number. This equation was valid for:

12 < ReF < 877

0.006 < Ar < 3.79 x 10%

0.4 < g ¢ 0.98B

For Re, < 500, (= ﬁ_g(po.lsxeﬁ'“’) 3.28¢)

?
P

But for heigher Rep. Cp = 0.44. They fitted experimental
data with a mean deviation of 3.9%.

3.5.2.2 Three phase systems

All the above correlations for bed voidage related to
two phase fluidized beds. There are, however, few
relationships that correlate bed voidage or phase holdups
to physical characteristics of liquid and solids as well
as operating conditions, in three phase fluidized beds.
Kim et al. (1972) have proposed the following empirical

correlations.

(82) up0¢s O-OOZS(M—')"-"NE?!"—'P-M (Re Re,, ;) 025
g

Pr
3.29a)
and g.=1-¢ W 3.29b)
"R ’
p A

With a standard error of estimate of 0.018. Equation 3.29a
was obtained for a two dimensional fluidized bed and did
not take into consideration the effects of surface tension
and liquid viscosity.

Kim et al. (1975) have, however, decided to consider
the effects of viscosity and surface tension on the liquid
holdup and accordingly, proposed another relationship of

the form;
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eL = 1,504 (Frp,r.) 0.234 (Fr_p,g) -0.006 (Rep) -0.082 ( We) 0.092 3.30)

Where We is the Weber number given by: We = gb and v

¥

was the generalized viscosity constant. Equation 3.30 was
found to fit the data with a standard error of estimation
of 3.9%. A similar empirical relationship was developed by
Begovich and Watson (1978) who used their experimental
data and literature data, from eight different sodrces.

They obtained the following correlation for g,

(1 - es) = 0,37 1u£-2?1ugo.041(pa_pl" ~o.316d;0.zssni.osngo,oag

3.31a)

and, e, = 0.048u,""*%d, *** D% 3.31h)

Equation 3.31a fitted 2381 data points with a correlation
coefficient of 0.87, but its use is rather limited, for it
should only be used for conditions close to those for
which it was obtained. At zero gas velecity, it shows that
the liquid holdup is zero which is not true. Moreover it
predicts an increase in solld holdup at increasing gas
veleoecity and +this 1is also contrary to experimental
observation (Fan, 198%9). Nonetheless, Nikov et al. (1990)
have shown that equation 3.,31la has fitted their data well,
with an average deviation of about 0.26%. Eguation 3.31b
fitted 913 data peoints with a correlation coefficient of
0.93.

Kato et al. (198Bl), have reported that for a +twp
phase (S~L)} bed, the correlation of Garside and Al-Dibouni
(1977) fitted their experimental data well, But, for a

three phase bed, the equation was modified as follows:
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€
ﬁ - (_{-)n 3.32a)

u{‘ EL

where z; is the extrapolated value of the liquid holdup at

y = u, and was given by:

4
. u
e; =1 - 9.7 (350+Re]:}) -5k 0.092 and K = Pt

qw

while the value of n was given by the relationship;

5.1{(1 + 16 .9K%:%%) -
n-2.7

=0.1(1 + 4.43K°'5)Rey”} 3.32b)

These equations were shown to agree well with the
experimental data. Furthermore, when there is no gas flow
Uﬁ = 0), z{ becomes unity and equation 3.32b becomes the
same as equation 3.26 for the two phase (S-L) system.

Saberian-Broudjenni et al. (1987) have shown that
their data was well correlated, with mean deviation of 7%,
by the correlation of Begovich and Watson (1978).
Nonetheless, they further developed another empirical
correlatiocn of the form;

e =eo(—2%)°37(1-+0.07Ra;ﬁ‘) 3.33a)
Upy
1 2
-3 u
e, = {14‘,9) 3; *p:. E?E;%,z_ Rep,g = p_l‘ﬂi(_jf . The gas
+ L
P P

and liguid holdups were obtained using the relationships:

e =g(£?_.:__[f££‘
. ug, * uy

) 3,33b)
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+
ngg(._f__.._uL ul‘) 3.33¢)
Ug"‘ u,

where, the slip velocity is given in 8.1 units by;

My = 0017 (p,ug)0-45 3.33d)

This equation is applicable to non spherical particles and
predicted their data with mean deviation of less than 12%.

3,5:2.3 Biological systems

Correlations for bed voidage and holdups, for use in
biolegically active systems, have not been developed. But,
Smith et al., (1978) have shown that the correlation of
Richardson and Zaki (Egn. 3.22a) has fitted their data
well, They obtained the values of the index n, to be in
the range 7.5 to 14 for yeast flocs and 8.7 to 10.3 for
flocs of Aspergillus niger.

A similar conclusion was reached by Ngian and Martin
(1980) who feound that the relationship between 1liquid
velocity and bed voidage, in biologically active fluidized
beds containing bioparticles, was correlated by equation
3.22a. Hermanowicz and Ganzarczyk (1983) have also found
that the equation was applicable to biclegical fluidized
beds, but only when the drag coefficient (Eqn. 3.22g) was

modified to:

Cp = 17.1Rey' "’ 3.34)

The modification was necessary because the drag force
acting on a falling bioparticle was found to be larger
than that acting on a particle having the same density,
due perhaps to the roughness of the bioparticle, which
tends to affect the liquid boundary layer around it.

In contrast, Brohan and McLoughlin (1984b) have shown
that the correlation of Richarson and Zaki (Eqn. 3.22a)
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was not suitable for active yeast flocs, because the
logarithmic plot of 1liquid wvelocity and bed voidage
produced a curve instead of a straight line as shown in
figure 3.12. But, non active yeast flocs behaved in
accordance with that correlation. They further showed that
the behaviour of fluidised beds, centaining yeast flocs,

depended, to a large extent, on the nature of the yeast.

Log (ul_) cm/s

+3 very ficcoulent
- Flocculent

-1.. L 1 L - 1 ' i L i L J

=0.560.6.68-.7 -.8 -.9-.951.01.081.+-1.21.28

Log (E)

Fig. 3.12: Velocity-voidage relationship for biological
system
(Brohan and McLoughlin, 1984L)

Setiadi (1989) has noted that the correlations of
Richardson and Zaki (Egn. 3.22a) and Wen and Yu (Egn.
3.23) and the modified equation of Hermanowicz and
Ganzarczyk (1983) have fitted his data with a mean
deviation of 11.5%, 5% and 11.6% respectively. Though the
fits seemed good, he further proposed another correlation
which was found to be suitable for non spherical particles
and fitted his data with mean deviation of only 1.7%. The

correlation has the form:



e = 1.72Re, *Ga 017 3,35)

Equation 3.35 was also found to fit the data of Ngian and
Martin (1980) and Timmermans and van Haute (1984) with
mean deviations of 6.9% and 14.1% respectively.

In conclusion, it can be said that the existing
correlaticons are varied and contrasting. Their
applicability to bioactive systems has not been well
demonstrated. There is, therefore, the need to further
test these correlations for their applicability to active
biofluidized beds and, if found necessary, modify them or
develope new correlations that can, with confidence, be

used for active biosystems.
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CHAPTER FOUR

MATERIALS AND METHODS



4.1 MATERIALS
Many materials were used in the course of
accomplishing this work. They include chemicals,

organisms, fermentation and subculture media and tracers.

4.1.1 Chemicals

The chemicals used are listed below. They are Analar
grade reagents and are suplied by Merck, Pool (Formerly
BDH) except where, otherwise, indicated.

Ammonium sulphate

4-Aminophenazone

Calcium chloride, fused

2,4-Dichlorophenyl (Sulphonated)

Di-sodium hydrogen ortho-phosphate

Ethanol, Absolute (University of Strathclyde,

Glasgow)

Glucose Oxidase (Sigma, Pool)

Glucose

Hydrochloric acid

Magnesium sulphate hepta-hydrate

Malt extract agar (Oxoid, Basingtoke)

Methanol (HipherSolv)

Peroxidase (Sigma, Pool)

Potassium di-hydrogen ortho-phopsphate

Sodium azide

Sodium di-hydrogen ortho-phosphate-di-hydrate

Sodium chloride

Sodium hydroxide (A & J Beveridge, Edinburgh)

Yeast extract (Gibco, Paisley)

4.1.2 Organisms

Flocculating strains of the yeast S. cerevesiae were
used. Four of these strains were obtained from the
department of Bioscience and Biotechnology, University of
Strathclyde, Glasgow. They are code—-named ABXR 11B, ABXR
LID, Y6 and EM 93, The other strain, NCYC 1026, was
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obtained from the National Collection of Yeast Cultures,

Norwich.

4.1.3 Media

The medium used in continuous fermentation and in the
Chemap fermenter contained, per liter of distilled water,

Ammonium sulphate, 4.0 g

Calcium chloride, 0.25 g

Glucose, 100 g

Magnesium sulphate hepta-hydrate, 1.0 g

Potassium dihydrogen orthophosphate, 1.5 g

Yeast extract, 6.0 g

(Prince and Barford, 1982a).

Medium used in the LH fermenter contained, per liter
of distilled water,

Glucose, 20 g

Yeast extract, 5 g

The medium used for subculture preparation contained

5.0 g malt extract agar per 100 ml of distilled water.

4.1.4 Tracer material
The five tracer materials used are listed below.
Aniline blue (Merck, Pool)
Dextran blue (Sigma, Pool)
Fluorescein, water soluble (Aldrich, Gillingham)
Methyl green (Merck, Pool)
Methyl violet (Merck, Pool)

4.2 EQUIPMENT

Two batch fermenters and a fluidized bed fermenter
were used in the course of this work. These equipment are
described in this section. Other laboratory equipment,

used mostly for sample analysis, are listed.
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4.2.1 Fluidized bed fermenter

Continuous anaerocbic fermentation was carried out in
a fluidized bed fermenter. This was a vertical column made
of polycabonate material. It consisted of three sections;
a conical bottom, the main column and a particle
separator. Details of the fluidized bed fermenter are
presented in figure 4.1. A schematic diagram of +the
experimental set-up is shown in fiqure 4.2 while figure

4,2 shows a picture of the unit.

Parti -
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Separator - l 1D-68 \.0-62 ' ’ D L
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Al dimenslona are In milll meters

Fig. 4.1: Details of fluidized bed fermenter

The ccnical bottom:! This provided an inlet for the

media and air. It was made of a small cone &€ ¢m in length
and 4.10 cm internal diameter (ID) at top, attached to a
short pipe of 15 cm length and 0.8 cm ID. Medium was
pumped into the column by a calibrated peristaltic pump
(Watson-Marlow Ltd., Falmouth) through a 0.4 cm ID, 0.2 cm
thick silicone tube connected to the short pipe. Alir was
passed into the column at a point 10 cm along this pipe.
A Y-type junction, at the end of the pipe, provided the
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means to drain off the column when required. The cone was
randomly packed with glass spheres, 0.5 cm in diameter,
that help to uniformly distribute medium at the entrance
to the column. A sintered glass filter disc, pyrex, of 4.0
cm in diameter and porosity of 16 to 40 um (P40, grade 3,
Philip Harris Scientific, Glasgow) was positioned, inside

the cone, at the top. This disc was used as liquid
distributor.
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Fig. 4.2: Schematic diagram of fluidized bed fermenter

Main column: This section was of 200 cm length, 3.81
cm ID and 0.3 cm wall thickness. It had twenty sampling
points, situated at a distance of 10 cm apart, on one side
and thirteen pressure taps, 15 cm apart, on the other.
Both the pressure taps and the sampling points were made
of copper pipes of length 5 cm and 0.6 cm ID. The pressure
taps were fitted with wire mesh and flushed to the inside

wall of the column, so as not to interfere with liquid
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flow. They were connected, by silicone tubes, to glass
manometers mounted on a wall beside the column.

The sampling peints were fitted with 0.4 c¢m ID
silicon tubings that were extended to the centre of the
column to ensure that samples were taken from that point.
The silicone +tubes were held firmly with a silicone
sealant. The first sampling point was situated at 3 cm
from the liquid distributor, so it could also be used for
tracer injection. It was fitted with a T-type junction and
a 10 cm needle (18 G) that was extended to the centre of
the column, allowing tracer to be injected at the centre
of the column.

Scales graduated to one millimeter were fixed to the
column. This scale was calibrated (40 cm on scale = 39
cm).

Particle separation section: This section consisted

of a cylinder of 40 c¢m length and 15.2 cm ID connected to
the main column by a 16 cm high cone. A draught pipe of 40
cm length and 5.8 cm ID was seated in the funnel on three
legs 1.5 cm high. The draught pipe was fitted with two
stainless steel flanges placed at 909 apart and at 0.1 cm
away from the cylinder wall. A small weir was made, on the
pipe, between the flanges. Liquid, with particles, from
the column, was forced to pass up through the draught pipe
and down into the cylinder, between and under the two
flanges, before passing out through the quiescent zone to
the outlet. This was at a point 7 cm from the top of the
¢ylinder. 1In following this path, the particles were made
to settle back into the column. Discharged liquid was
collected in 40 liter plastic jars and sterilized,
chemically, by the addition of 30 ml of concentrated
solution of sodium hypochlorite toc every five liters of
the discharge liquid., before disposal.

The +top of +the separator was covered with a
polycarbonate plate 1 cm thick and 17.2 c¢m in diameter.

Two points, similar +t¢ the sampling peints described

119



above, were made on this cover. One of the points was used
as an exit for the carbon dioxide gas produced during
fermentation. It was connected, by silicone tubing, to a
carbon dioxide flow meter (Platon Flow Bits, Basingstoke)
via a trap that removed any accompanying yeast paticles.
The other point was closed up and used for cleaning

purposes when required.

4.2.1.1 Temperature control
The fluidized bed fermenter was assembled in a room
maintained at a constant temperature of 30 C, using

greenhouse wall heaters, and a contact thermometer.

4.2.1.2 Aeration

Air, when required, was passed into the column
through a copper pipe 5 cm in length and 0.6 cm 1ID
connected to the conical bottom. The air was pumped in by
an air pump (Campton, Dawson & Dawson Ltd., Ashbourne) and
was passed, in series, through filters of 0.2 pym (Whatman
Ltd., Maidstone, WCN +type, PTFE L1233) and 0.45 um
(Whatman Ltd., Maidstone, WCN +type, 47 mm diameter)
porosity and an air rotameter (Platon Flow Bits,

Basingstoke) that was used to measure the flow.

4.2.2 LH batch fermenter

This was a one liter fermenter manufactured by LH
Fermentation Ltd. (Reading). It was used for the purpose
of selecting tracer material. It consisted of a glass
vessel and a stainless steel head plate from which a
magnetic bar was suspended. The head plate had an adequate
number of ports for addition of medium and inoculum,
sample withdrawal and attachment of the condenser. Mixing
was achieved by wusing a magnetic stirrer (Stuart
Scientific Co. Ltd., Redhill). The fermenter was used in
a constant, 30 °C, temperature room. No pH control was
applied. A picture of this fermenter is shown in fiqure 4.4.
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4.2.3 Chemap fermenter

This batch fermenter had a seven liter total volume
and was used for the preparation of the inoculum needed
for the column fermentation. It was manufactured by Chemap
AG, 8708 Mannedorf, Switzerland. It consisted of a glass
cylinder sandwiched between two stainless steel plates.
Mixing was provided by impellers attached to a shaft,
which was driven by a steples D.C, bottom entry motor. The
fermenter had a hot water circulation system that was used
to keep the broth at constant temperature. A reflux
condenser was attached to the fermenter, at the top, and
it was used to reflux ethanol vapour and also provided an
exit for the carbon dioxide gas produced during the
fermentation. No pH control was applied. A picture of this

equipment is presented in fiqure 4.5.

4.2.3.1 Temperature control

The fermentation temperature was kept constant at 30
‘C, by controlling the temperature of the circulating hot
water, using a contact glass thermometer (Jumoc D.B.P. West

Germany) .

4.2.3.2 Aeration

Air was pumped by an air pump (Campton, Dawson &
Dawson Ltd., Ashbourne) through a carbon filter of 0.2 um
porosity and an air rotameter (Platon flow bits,
Basingstoke). The air was pumped at a flow rate of four

liters per hour.

4.2.4 Equipment used in sample analysis

The following laboratory equipment were used in the
analysis of sample for +the different parameters
determined.

Microscope (Galen 11, Bousch and Lomb, New York,

U.s.A,)

Microcentrifuge (MSE Scientific Instruments, Sussex)
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Gas chromatograph (Model 8500, Perkin-Elmer Ltd.,
Buckinghamshire)

Integrator (LCI 100, Perkin~-Elmer Ltd.,
Buckinghamshire)

Oven (Macfarlane Robson Ltd., London)

Orbital shaker (LH Engineering Ltd., Reading)
Spectrophotometer {Shimadzu, Model uv 120-02,
V.A.Howe & Co. Ltd., London)

Water bath (Grant Instruments Ltd., Cambridge)

pH meter (Model 8521, CP Instrument Ltd., Bishop's
Stortford)

Autoclave (Model 225 EV, Lakoratory Thermal
Eguipment, Oldham)

Weighing machines (Sartorius and Solex model SC 240)
Centrifuge (Centaur 2, MSE Scientific Instruments,

Sussex)

4.3 EXPERIMENTAL METHODS

Before experiments were started, the ygast cultures
received, were first =subcultured on =slopes. These
subcultures were then used to prepare incculum for use in
fermentation experiments. Preparation of subculture and
inoculum, medium preparation, sterilization of equipment
and medium, selection of yeast strain, operation of column
fermenter, and experiments performed for the purpose of
determining liquid axial dispersion ceoefficient and liguid

holdup, are explained in this section.

4.3.1 Preparation of media

Medium for subculturing and for wuse in Dbatch
fermenters and the fluidized bed fermenter, were prepared
in ac¢cordance to the recipe given in section 4.1.3. Medium

was sterilized before use.

4.3.2 Media and equipment sterilization
Medium and equipment, except the column fermenter,
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were sterilized in an autoclave (Model 225 EV, Laboratory
Thermal Equipment, Oldham) at 16 psi (121 %), for twenty
five minutes.

The column fermenter and all its connected tubing was
sterilized <chemically with a solution of sodium
hypochlorite. This solution was prepared by adding 30 ml
cf concentrated sodium hypochlorite solution into five
liters of distilled water. The hypochlorite solution was
pumped into the column. When the column was filled up, the
solution was left for five hours before it was discharged.
After the sclution was drained off, the column was then

rinsed with 20 liters of sterilized distilled water.

4.3.13 Preparation of subculture

Yeast cultures recieved were subcultured on slopes
before storage. 3 g of malt extract agar was dissclved in
100 ml of distilled water in a beaker. It was covered with
an aluminium foil and heated with steam for twenty minutes
to dissclve the malt extract. The resulting solution was
distributed equally into ten, labelled, McCartney bottles,
sterilized, and sloped. The bottles were left, over night,
to solidify. Each bottle was aseptically inoculated in a
laminar flow cabinet. The slopes were left for three days
in a constant, 30 %, temperature room. They were then
transferred into another constant, 4 °C, temperature room

for storage. Subculturing was repeated every two months.

4.3,4 Preparation of inoculum

For shake flasks and batch fermentations, incculum
was prepared with 50 ml medium put into a 250 ml conical
flask. The medium was sterilized and inoculated using the
slope subcultures earlier prepared. It was then placed on
an orbital shaker, in a constant temperature room at 30 <,
for twenty-four hours. Mcre flasks were simultaneously
used if more than 50 ml of incculum was regquired.

The inoculum for the column fermenter was prepared in
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the Chemap batch fermenter. The fermenter was sterilized
and five litres of sterilized medium containing 50 g/1 of
glucose was prepared, as explained in section 4.3.1. It
was aseptically pumped 1into the fermenter using a
peristaltic pump. The fermenter was inoculated with 100 ml
of inoculum prepared as explained above. Fermentation
temperature and stirrer speed were maintained at 30 °C and
100 rpm respectively. Air was pumped into the fermenter
through a sterilized carbon filter of 0.2 um porosity, at
a flow rate of 4 liters per minute. After forty eight
hours of fermentation, the fermenter was aseptically
evacuated by pumping its contents into a clean, sterilized
aspirator bottle. The procedure was repeated twice in
order to get enough biomass fo: the start-up of the
column.

With the strain NCYC 1026, additional inoculum was
prepared in 10 liter aspirator bottles.

4.3.5 Selection of yeast strain

The yeast strain that will give discrete particles of
measurable sizes was prefered. The four yeast strains
recieved from the Department of Bioscience and
Biotechnology, were tested for floc formation and
distribution of floc size in shake flask fermentation
experiments., Four 250 ml conical flasks, each containing
50 ml of medium (made up of 20 g/l glucose and 5 g/l yeast
extract), were prepared. Each flask was inoculated with a
different strain of yeast in a laminar flow cabinet. The
flasks were then placed on an orbital shaker in a room
maintained at 30 °C. After forty eight hours, the flasks
were removed in turn and the sizes of the particles formed
were measured using a microscope equipped with an eye
piece graticle. About twenty particles were measured from
each flask, to give a representative particle size. The
strain that produced particles of moderate sizes and

narrow size distribution was considered for use in the
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column fermentation experiments.

4.3.6 Operation of continuous reactor

The liquid axial dispersion coefficient was
determined during an anaerobic fluidized bed fermentation
carried out in a 0.3 mm thick, 38.1 mm I.D. and 200 cm
long column fitted, at the top, with a particle separation
chamber. Start-up of the column, addition of growth medium

and sampling from the column are covered in this section.

4.3.68,3 Start-up of column

The column was started up by aseptically pumping in
ten litres of inoculum, prepared as explained in section
4.3.4. It entered the column at a point about 200 cm above
the liquid distributor. The yeast was allowed to settle
and the supernatant liquid drained off. Filter-sterilized
air was pumped into the column at a point below the liquid
distributor. Air flow rate was maintained at 2 litres per
minute. Media containing 50 g/l glucose was pumped into
the column, from the bottom, at a wvelocity of 0.0175
cm/sec, The column was operated in fed-batch form and
whenever the liquid level reached the outlet, the medium
and air flows were stopped and the yeast allowed to
settle. The supernatant liquid was then decanted off. This
procedure was repeated till the settled yeast reached a
height of 50 cm to 80 cm when it was considered ready.

4.3.,56.2 Medium addition during continuous fermentation

A combined flow of sterile air and medium was used to
break-up the settled yeast. Then, the yeast was allowed to
settle again against the medium flow. Sterilized medium
was continously pumped into the column, from the bottom,
using a pre-calibrated peristaltic pump (Watson & Marlow,
WM 502-8, 50). The glucose concentration in the medium was
kept at 50 g/l while the medium velocity was adjusted to
0.0084 cm/sec. The column was allowed to reach steady
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state as indicated by changes of less than 10% in glucose
and ethanol concentrations of samples taken at twc points,
50 c¢m apart, within a period corresponding +to one
residence +time, based on the empty column. When steady
state was established, samples were taken alcng the column
length for the determination of pH, ethanol, biomass and
glucose concentrations. Dispersion and bed expansion
experiments were then performed. Sampling and experiments
were repeated at medium velocities o¢f 0.0175, 0.0235% and
0.0351 cm/sec while +the glucose concentration in the
medium was kept constant.

The experiments were repeated using media containing
glucose of 100 g/l for the strain Yé and 30 and 70 g/1 for
the strain RCYC 1026.

4.3.6.3 Reactor sampling

After the steady state was established, 10 ml samples
were taken, at the sampling points, along the c¢olumn
length. Not less than ten samples were taken during any
experiment. Samples were removed with a 20 ml syringe that
was kKept in an ice bath. 1.5 ml of each sample was placed
into microcentrifuge vials and centrifuged at 13000 rpm
(MSE Microcentaur) for ten minutes. The supernatant liquid
was decanted and kept in a freezer for glucose and ethanol
analysis at a later time. 7 ml of the sample was placed
inte 10 ml sterilized plastic bottles., Its pH was measured
and immediately placed in a freezer for biomass analysis

at a later time.

4.3.7 Axial dispers=ion experiments

Residence time distribution technigque was used to
determine the axial liguid dispersion coefficient and the
liguid holdup. Both pulse and step-change injection
methods were used. In the pulse method, a known gquantity
of tracer material was injected into the fluidized bed and

in the step-change method, the tracer concentration in the
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bed was instanteneuously increased from zero to a known
value, The type and nature of the tracer material used
could have an effect on the residence time distribution
obtained. For this reascon experiments, for the selection
of a suitable tracer material, were carried out before the

start of dispersion experiments.

4,3.7.1 Selection of tracer material

Five tracer materials were selected, for
experimentation, among many considered. The criteria for
selection were based mainly on the material's toxicity,
and availability. Those selected are presented in Table
4,13,

A three stage screening method was employed. At the
first stage, shake flask fermentations were carried out
and in the second stage, anaerobic batch fermentations
were performed with those tracer materials that indicated
suitability during the first stage tests. Finally, further
tests were performed in column fermenter.

Shake flask experiments: Six 500 ml conical flasks

each containing 100 ml of media (made up of 20 g/l glucose

and 5 g/1 yeast extract) were prepared.

Table 4.1: Tracer materials selected
— m
Tracer Molecular weight Estimated cost
(£/100 g)'
Fluorescein 374.86 4.9
Methyl green 472.51 139.6
Methyl violet 393.96 8.9
Aniline blue 799,80 30.0
Dextran blue 2,000,000 480.0 I

* (Aldrich, 1991)
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Tracer materials were added into the flasks such that each
flask contained a different tracer. The sixth flask was
left as a control. The concentration of each tracer in the
resulting solutions was determined as explained in section
4.4,7. All the six flasks were sterilized and 4 ml of an
earlier prepared yeast culture was aseptically added into
each flask. They were placed on a rotary shaker for twenty
four hours in a constant, 20 °C, temperature room. Finally,
the concentrations of biomass and ethanol formed as well
as the residual glucose and tracer, in each flask, were
determined and compared with that of the control. The
experiment was repeated with different concentrations of
tracer materials.

Anaerobic batch fermentation: Three tracer materials,
fluorescein, aniline blue and dextran blue, were further
tested in an anaerobic batch fermentation performed in a
one litre LH fermenter. A 900 ml tracer—-added-medium
containing 20 g/1 glucose, 5 g/l yeast extract and a known
concentration of +tracer material was prepared. The
fermenter was prepared and sterilized along with the
medium. The medium was aseptically pumped into the
fermenter using a peristaltic pump (Watson-Marlow 502 §).
An earlier prepared 50 ml inoculum was used to inoculate
the fermenter. The fermentation was allowed to proceed in
a room controlled at a temperature of 30 °C,

Initial and hourly 10 ml samples were aseptically
removed from the fermenter. The pH of the sample was
measured immediately. The +tracer concentration in each
sample was also measured after centrifuging at 3400 rpm
for ten minutes. Biomass, ethanol and glucose
concentrations, in each sample, were determined.

Each batch fermentation was carried out with a single
tracer material and was repeated. Another batch
fermentation, in which no tracer was added, was used as a

control.
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4.3.7.2 Tracer injection into column

After taking samples along the column length, the
tracer was injected into the column. Both the pulse
injection and the step-change methods were used.

Two tracer materials were used; fluorescein and
dextran blue. They were used in a slightly different
manner as explained in the preceeding paragraphs.

Pulse injection:- With this method, tracer was
injected into the column at a point 3 cm above the liquid
distributor. It was injected by means of a syringe
attached to a 10 cm needle (18 G) that was extended to the
centre of the column. In separate experiments, 0.2 ml, 1.5
ml and 10 ml of 25 g/l fluorescein solutions were injected
into the column. With dextran blue, a 25 g/l sclution was
prepared. 2 ml of this solution was injected into the
column. For Y6 strain, inlet glucose concentrations of 50
g/l and 100 g/l were used, while liquid wvelocity was
varied. But, for the strain NCYC 1026, the inlet glucose
concentration was 30, 50 and 70 g/l.

In all cases, the period of injection was less than
five seconds. Considering the small medium velocity, and
the short period of injection, the signal was assumed to
be a perfect pulse.

Step change:- In the step change experiments, a
sterilized medium containing 50 g/l glucose and a known
concentration of fluorescein, was prepared. When the
column was operating at steady state, medium supply was
quickly swiched to the bottle containing the tracer-added-
medium. The period of switching to the tracer-added-medium
was less than five seconds. The signal was assumed to be
a perfect step change. Step change dispersion experiments
were performed with strain Y6, at the required liquid
velocities and initial tracer concentrations of 0.15 g/1

and 0.01 g/l respectively.
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4.3.6.2 Tracer sampling from column

A point within the yeast bed, where dispersion of
injected tracer was to be monitored, was selected. & 7 ml
sample was then taken at this point about ten minutes
before tracer injection. This sample was centrifuged at
4000 rpm for twenty minutes. The supernatant liquid was
decanted and its optical density read, using distilled
water as a blank. Optical density was read at a wavelength
corresponding +to the wavelength of maximum light
absorption (Ap,) ©of the tracer to be used in +the
experiment. This reading provided the background optical
density at the point of tracer monitoring. Sampling for
the tracer was started one or two minutes after tracer
injection and continued at an interval of one or two
minutes, for a period lasting not less that three times
the estimated residence time, based on liquid volume. For
fluorescein samples, the pH was adjusted to the range 4.7
to 5.3 by the addition of about 50 pl of 0.1 molar sodium
hydroxide. No pH adjustment was required for dextran blue
samples. All samples were centrifuged at 4000 rpm for
twenty minutes (Centaur 2, MSE Scientific Instruments,
Sussex) and the tracer concentration, of the supernatant

solution, was determined as explained in section 4.4,7,

4.4 ANALYTICAL METHODS
The analytical methods employed are grouped into

three categories:

i Analysis of fermentaticon samples for pH, biomass,
glucose and ethanol concentrations,

ii) Measurements of physical parameters; bed height,
pressure drop and particle gize.

iii) Determination of +racer concentration and carbon

dioxide flow rate.

4.4.1 pH

The pH of samples was measured, using a bench pH
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meter, by simply dipping the pH electrode and the
temperature compensating probe into the sample. pH

reading was recorded after it had stabilized.

4.4.2 Biomass

Biomass was determined by the dry weight method. The
sample was first thoroughly shaken and a known volume was
pipetted and filtered, with the aid of suction, through a
membrane filter of porosity 0.45 um and diameter 47 mm
(Whatman Ltd., Maidstone, type WCN). The filter was
previously dried to constant weight at 105 “C, cooled in a
desiccator and weighed. The deposited biomass on the
filter was washed twice, each time with 10 ml of distilled
water. It was then placed into a "etri dish and dried to
constant weight in an oven at 105 “C. The dried filter was
then cooled in a desiccator containing silica gel
granules, for twe hours. It was weighed again after
cooling. The biomass concentration was calculated as:

Weq = W,
C, = (—4—%) 1000 4.1)
Vf

4.4.13 Glucose analysis

The concentration of glucose, 1in a sample, was
determined using the method of Barnham and Trinder as
described by Brown (1988). The method was best used for
samples with glucose concentrations in the range 0.025 g/l
to 0.2 g/l. Consequently, all samples were diluted with
distilled water in order to get glucose concentation in
that range, before analysis proceeded.

Four groups of reagents associated with this method
were prepared and used in the analysis. These reagents
are:-

Phosphate buffer: 2.83 g of Na;HPO, was dissolved in
100 ml of distilled water (Selution A). Also 3.12 g of
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NaH,PO, was dissolved in 100 ml of distilled water
(Solution B). Then, 61 ml of solution A was added to 29 ml
of solution B and the volume made up to 200 ml with
distilled water. The pH of this solution was 7.01.

Enzyme solution: This solution was prepared by
dissolving 30 mg of glucose oxidase and 5 mg of peroxidase
into 100 ml of phosphate buffer. To the resulting mixture,
50 mg of sodium azide and 35 mg of 4-amino phenazone were
added. The solution was stable for four weeks when stored
at 4°C.

Coupler solution: This solution was prepared by
diluting 2,4-dichlorophenol (sulphonated) with phosphate
buffer in the ratio 1:25.

Glucose standards: A stock solution containing 0.2 g
of glucose in one litre of distilled water was prepared.
Dilutions of the stock solution in the ratios 1:2, 1:4,
and 1:8 were also prepared using distilled water as
diluent. The stock solution and the dilutions were used to
give glucecse standards of 0.2, 0.1, 0.05, and 0.025 g/l
respectively.

After preparation of the above reagents, glucose
concentration was determined using the following
procedure; 3 ml of coupler solution and 1 ml of enzyme
solution were placed in a glass test tube and allowed to
stand in a 37 °C water bath for two minutes. 0.2 ml of
diluted sample was added and mixed with a votex mixer. The
test tube was put back into the 37 °C water bath and left
for fifteen minutes. It was then removed and cooled in an
ice bath for one minute, after which its optical density
was read at 515 nm. A blank was prepared by replacing the
0.2 ml of sample with 0.2 ml of distilled water. A
calibration curve was also prepared, for each set of
analysis, wusing +the standard glucose solutions. The
glucose concentration in the fermentation sample was
calculated by multplying +the glucose concentration
obtained with the approperiate dilution factor.
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4.4.4 Ethanol analysis

Ethanol was analysed using a gas chromatograph
(Perkin Elmer, model 8500) connected to a Perkin Elmer
LCI-100 integrator. The gas chromatograph was fitted with
a flame ionization detector and a two metre long, 2 mm ID.
glass column packed with Porapak-Q (80-100 mesh). Nitrogen
was used as the carrier gas at a pressure of 20 psi. The
gas chromatograph was operated with detector and column
temperatures of 250 °C and 185 °C respectively. The run
time was 2.5 minutes.

0.2 ml of sample was diluted with 0.2 ml of 0.2% v/v
methanol in distilled water, which was used as an internal
reference. 1 pl of the diluted sample was injected into
the gas chromatograph. A solution containing 0.1% v/v
ethanol in distilled water and 0.1% v/v methanol in
distilled water was used as standard. 1 ul of this
solution was also injected during each set of analysis.

Ethanol concentration was calculated using the areas

of the projected chromatographs as follows:-

c, = (Do)

Anr

i"‘) Cos B 4.2)
as

4.4.5 Measurement of bed height
In all experiments the bed height was distinctly
visible. Hence, bed height was measured visually using a

graduated scale fixed to the column.

4.4.6 Measurement of particle size

Particle size was measured using a microscope fitted
with an eye piece graticle., The graticle was calibrated
using a stage micrometer (one division on graticle = 0.026
mm). A small amount of the sample was placed on a glass
slide by means of a dropping pipette. The slide was

mounted on a microscope. The number of graticle divisions
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corresponding to the diameter of a particle was read and
converted to size using the calibration obtained earlier.
The diameters of ten to twenty particles were determined
and considered as representative of each sample. The
particles were assumed to be spherical and the average
particle size for each sample was calculated from the
relation (Bailey and Ollis, 1977; Shieh, Sutton and Kos,
1981):

where n is the number of measurements.

4.4.7 Measurement of tracer concentration

The concentrations of the +tracers wused were
determined using the spectrophotometric technique. There
was, however, a slight difference in sample treatment for
the tracers prior to the use of the spectrophotometer.

For fluorescein, the pH of the samples was adjusted
to give a pH in the range 4.7 to 5.3, by the addition of
50 pl of 0.1 molar sodium hydroxide solution to 7 ml of
the sample. It was then centrifuged for twenty minutes at
4000 rpm (MSE Centaur 2). The optical density (OD) of the
supernatant solution was then measured, after it was
carefully decanted. Optical density measurement was made
at a wavelength of 490 nm, using distilled water as a
blank. The optical density of the background medium,
measured at the same wavelength as the sample and using
distilled water as a blank, was also measured. It was
subtracted from the wvalue of the optical density of the
supernatant, to give the correct OD value for the sample.
The concentration of fluorescein, in the sample solution,
was calculated from the value of the corrected optical
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density obtained, using a calibration curve earlier
Prepared.

Cglibration was effected by measuring the 0D of
fluorescein solutions of known concentrations at various
PH values. The optical density measurement was made at 490
nm using distilled water as a blank. A relationship
hetween the optical density, pH and fluorescein
concentration was obtained by multiple regression. The

relationship was given as:

Cpy = 0.0130 - 0.00253 pH + 0.0233 ODyy, 4.4)

Goodness of fit R! = 98.7%

For the other tracers, pH adjustment was not made,
but samples were centrifuged at 4000 rpm for twenty
minutes. CD measurements for dextran blue, aniline bhlue,
methyl vioclet and methyl green were made at wavelengths of
625 nm, 600 nnm, 5B5 nm and 635 nm respectively.
Calibration curves were also prepared for these tracers in
a similar manner to that explained above. The
relationships between concentrations of +tracers and
optical densities were expressed linearly by regression.

These relationships were found to bhe:

Cy = 1.1846 OD,,s — 0.0009172 4.5)
R! = 99.8%

Cp = 0.0436 ODgg, - 0.000412 4.6)
R = 99.8%

C,, = 0.00754 OD,,, + 6.549 X 1075 4.7)
Rl = 99.8%

Cpg = 0.0239 ODgys + 5.227 x 1074 4.8)
R} = 93.6%
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The wavelength used, for each tracer material,
corresponded to its wavelength of maximum light
absorption. These were obtained by preparing solutions of
tracers of known concentrations and then measuring the
optical densities cf these sclutions at various
wavelengths. For a particular material the wavelength at
which the optical density was highest was considered to be
its wavelength of maximum light absorption and was used in

subsequent optical density measurements.

4.4.8 Determination of carbon dioxide flow rate
Carbon dioxide (CO;) flow rate was estimated using a
CO; rotameter. A trap was placed in the CO; line in order
to remove the accompanying yeast particles. The co, flow
rate was also estimated from ethanol concentration

profiles.

4.5 DATA ANALYSIS

Some parameters were not directly obtainable from the
experiments performed, but were calculated from the data
generated. For example, the data generated from the
dispersion experiment was used to calculate the liquid
axial dispersion coefficient. Also +the carbon dioxide
profile was evaluated from the ethanol concentration
gradient. The technigques used to analyse the data are

explained in this section.

4.5.1 Calculation of liquid axial dispersion
coefficient

The technique of calculating +the liquid axial
dispersion coefficient (D,) depends con the method of tracer
injection used and also on the manner in which the tracer
was injected and monitored. In this section, details of
the calculation procedure involved for both the pulse
method and the step change method are explained. In both
cases, the mean and variance of the distribution obtained,
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from the dispersion experiment, were equated to the mean
and variance of a theoretical distribution obtained from
an appropriate flow model of the system. As earlier
mentioned, the dispersed plug flow mecdel was considered
appropriate to our system; the mean and variance of
theoretical distributions derived from this flow model

were used.

4.5.1.1 Pulse method

Tracer was injected within the bed and it was sampled
within the bed at a selected point downstream of +the
injection peoint. There were no changes in medium flow
pattern at the point of tracer injection and sampling: the
system was operated with open boundries. Sampling of the
tracer was done by taking samples at known time intervals;
i.e, by the mixing-cup method. Since the system was open
and the tracer sampling was by the mixing-cup method, the
closed system boundary conditions are applicable
(Levenspiel, 1972). In a particular dispersion experiment,
the mean and variance of the distribution obtained, were
calculated from equations 4.9 and 4.10 respectively. The
mean and variance were also calculated, in dimensionless
form, from the theoretical distributions obtained using

the dispersed plug flow model (Eqns. 4,11 and 4.12).
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where, Pe =

The
procedure:
1)

2)

3)

4)

= avg.th _ 4 4.11)
tnvy.ax
2
o =2 -2 1 -a% 4.12)
tis Pe pé?

e, D,

calculation of D, was done by following the
The mean was calculated from equation 4.9 using
the experimental data.

Using +the calculated mean, the wvariance was
calculated from equation 4.10.

The calculated variance was then wused in
equation 4.12 to calculate the Peclet number
(Pe), by trial and error.

The Peclet number was finally used to calculate
the liquid axial dispersion coefficient (D,).

The amount of tracer recovered, from a dispersion

experiment
amount of
of the vol

the tracer

, was calculated from equation 4.13 and the
tracer injected was calculated from the product
ume of tracer injected and the concentration of
used. Hence, the percentage recovery of tracer

was cobtained using equation 4.14.

W, =QXcC, At, 4.13)

$Tracer recovered (R,;) = (

M)IOO 4.14)

Vias Cor
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4.5.1.2 Step change method

The time record of tracer measured, at the monitoring
point, as QUA/CH.W is called the F curve. It is related to
the C curve according to eguation 4.15. The C curve is
therefore a normalized response obtained from a pulse
experiment and normalization was done by dividing +the

measured +tracer concentration by the area under +the

concentration-time curve, i.e., cC = < .

?c.bt
0

dF AF
= ar , ar | . = 4.15
oy aE w8 AL C.At = AF )

The C curve was obtained by taking the slopes of the F
curve, The mean and variance, of the F curve, were
calculated from equations 4.16 and 4.17 respectively

(Levenspiel, 1972).

Cavg = LE;.Co AL, = Kb, AF, 4.16)

02 = Lt2.0,. At, - t2, = DtZ.AF, -t2, 4.17)

The calculated variance was then matched with the
theoretical variance in equation 4.12 and the D, was
calculated in accordance with +the procedure outlined

before.

The tracer recovered is given by the ratio ¢y, /oy -

4.5.2 Calculation of liquid holdup

The liquid holdup was calculated from the
experimentally obtained average residence time given by
equation 4.19. For closed systems, the residence time can
also be expressed as the ratio of liguid volume in +the bed
to the liquid flow rate (Levenspiel, 1972; Admassu et al.,
1985). Thus,
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t 4.18
and, e, = h!i_ﬂ 4.19)
Vp
4.5.3 Calculation of gas flow rate

The flow rate of CO, gas released, during the
fermentation, was obtained by considering the
stochiometric relation:-

CjHy,05 ~ 2C;HOH + 2C0, 4.20)
From the above equation, the number of moles of ethanol
produced was equal to +the number of moles of carkon
dioxide also produced. At a temperature of 30 °C the flow
of carbon dioxide at the reactor exit, where the pressure

is atmospheric, is given by equation 4.21.

f, {ml/min) = 0.54 C, £ 4.21)

The rate of gas generation, in the reactor at a given

height (z), is given by equation 4.22,

0.54 C,, £, Popn

4.22)
P,..*(263-2)p,g

£, , {(ml/min)

4.5.4 Regression analysis

Te get relationships between parameters, regression
analysis was performed using the method of least sguares.
Linear regressions were performed with a desk calculator
(Casio Scientific, Fx-115N), whereas multiple regression
was performed with the Minitab software package, on a VAX

computer.
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CHAPTER FIVE

RESULTS AND DISCUSSIONS



5.1 INTRODUCTION

This section is divided into four parts, namely;
tracer selection, performance of fluidized bed bioreactor,
axial liquid mixing and bed expansion behaviour. In each

part, the results obtained are presented and discussed,

5.2 TRACER SELECTION

Selection of a suitable tracer material for use in
residence time distribution (RTD) studies is important,
because ©physical phenomena such as adsorption or
absorption of tracer could have a significant effect on
the nature of the RTD curve obtained. This may have a
subsequent effect on the evaluation of the axial liquid
dispersion coefficient and liquid holdup. The tracer may
also affect the yeast metabolism by either hindering or
accelerating it and these may have a profound effect on
the rate of the biochemical reaction and gas production.
The loss of tracer either by physical or biochemical
means, may also affect the values of D, and e,.

A three—-stage selection procedure was adopted. In the
first stage, shake flask experiments were performed with
the aim of finding the effects of the tracers on the yeast
metabolism and the recoverability of tracer materials. In
the second stage, anaerobic fermentations were performed
at conditions similar to those at which the RTD study
would be conducted. Here, the main objective was to asses
the effect of the tracer on yeast metabolism. At the
initial stages of the fermentation this will give an
indication of what may likely happen at the entrance to
the column reactor. Alsc, the course of the fermentation,
with time, could be assesed. In the final stage, the
suitability of tracers was tested in a continuous column
bioreactor containing fluidized flocs of yeast, strain Y6.
The focus here was to assess the effect of large amount of
biomass on the suitability of a particular tracer. Tracer

absorption into the biomass and subsequent desorption
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could affect the RTD curve and consequently, the inferred
values of D, and e

Prio to tracer selection, the wavelength of maximum
light absorption (A4,,) was determined for each tracer and
calibration curves were obtained at the lu!'
5.2.1 Determination of A“:

The wavelength at which each of the tracer materials

had maximum light absorption A and the concentration

maz’
ranges considered are presented in Table 5.1. The values
of A,
(1991) with the exception of fluorescein and methyl

obtained are the same as those given by Aldrich

violet, where wvalues of 491 nm and 584 nm were given

respectively. It was noted that A, was independent of

concentration of tracer, within the ranges considered.

Table 5.1 A“! for the tracer materials
— —_————. =
Tracer Wavelength A, Tracer concn., C,
(nm) (g/1)
Fluorescein 490 0.001-D.D6&6
Dextran blue 625 0.0125-4.0
Methyl violet 585 0.01-0.,12
Methyl green 635 0.001-0.05
I Aniline blue 600 0.1-0.12 I
5.2.2 Calibrations for tracer concentration

Changes in tracer concentration with optical density
OD, showed a similar pattern for all the five tracer
materials. Initially, OD increased linearly with
concentration but, at a certain concentration, the OD
became constant and insensitive to further increases in
concentration. Similar behaviour was observed for
fluorescein by Setiadi (1989). The calibration curves are
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shown in appendix C.

A regression analysis on the linear portions, of the
concentration versus OD curves, was performed, The slope
m and intercept ¢, of these lines, and the correlation
coefficient R, in addition to the minimum detectable
concentrations and the upper limits of the 0D readings

used in the regression, are shown in Table 5.2,

Table 5.2 Regression analysis of calibration curves

: : 1
Tracer Slope, Intercept | Correlation | Min. tracer Upper
m (g/l) . ){10E coeff., R conen. , C“ limit
(g/1) (mg/1) of OD
DB 1.1846 =91.72 1.000 35 0.838
FL 0.0124 -1.114 0.992 0.36 0.619
Hv 0.0075 6.549 0.999 0.29 0.798
MG 0.0239 52.27 0.998 1.2 0.807
AB 0.0436 -41.17 0.999 0.9 0.926
L=

(DB = Dextran blue, FL = Fluorescein, MV = Methyl violet,
MG = Methyl green, AB = Aniline blue)

The high correlation coefficients indicated that the
relationships between the tracer concentration and OD, for
all the tracers, were linear. The minimum detectable
concentration was obtained from the slope and intercept of
the lines, by considering the lower sensitivity limit of
the instrument to be 0.03 as stated by Brown (1988). It
was noted that fluorescein and methyl violet were
detectable at concentrations lower than 1 mg/l, whereas
dextran blue was detectable only above 35 mg/l. The
resultant effect is that the minimum amount of dextran
blue that may be required for RTD study will be about 97
times that of fluorescein or 39 times that required for
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aniline blue. Methyl violet and methyl green have also
very low minimum detectable concentrations of 0.29 and 1.2

mg/l respectively,

5.2.3 Effects of tracer materials on yeast metabolism
in shake flasks

There are a number of ways in which the tracers may
effect the vyeast metabolism. A preliminary fermentation
experiment was performed in shake flasks for +the
comparison of yeast metabolism in terms of glucose
consumpticon, biomass and ethanol productions, against a
control fermentation. The experiment was repeated with
higher concentrations of <racer materials in order +to
confirm the results and also investigate the effscts of
increased tracer concentration.

As expected, the two experiments gave similar
results, except for methyl wviolet where significant
differences were aobserved; indicating that  higher
concentrations of methyl violet increased the effect on
yvyeast metabolism. There was a remarkable similarity in
both trend and magnitude of glucose consumption (Fig. 5.1)
and ethanol and biomass productions (Figs. 5.2 & 5.3) in
the control flask and in flasks containing fluorescein,
dextran blue and aniline blue. This means +that the
presence of dextran blue, fluorescein and aniline blue,
does not significantly affect the yeast metabolism, and
both ethanol and biomass yields were found +to be
comparable to those obtained in the control experiment, as
shown in figures 5.4 and 5.5.

On the other hand, contrasting results were obtained
with methyl green and methyl violet. When compared to the
control, glucose consumption, ethanol and Dbiomass
production, in the presence of methyl violet, were low.
This indicated that methy viclet has repressive effect on
yeast metabolism., But, in the presence of methyl green,

the amount of glucose consumed was the highest, at about
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13 g/1. The corresponding amounts of ethanol and biomass
produced were also the highest with an average of 5.8 and
1.24 g/1 respectively. These results suggested that methyl

green promoted yeast metabolism.
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5.2.4 Tracer recovery in shake flasks

A tracer which has no significant effect on yeast
metabolism may however prove not to be a good choice if it
has poor recovery. This may be due to adsorption on cell
surfaces and reactor walls or absorption into the cells.
Tracers may also be affected by the biochemical changes
taking place in the bioreactor.

The percentage recovery of tracers, are presented in
figure 5.6. It is apparent that dextran blue has the
highest percentage recovery of an average of 96%, while
fluorescein was the least recovered with an average of
27%. Also only about 34% of methyl green was recovered
whereas both MV and AB were fairly gquantitatively
recovered, with averages of 71% and 84% respectively. The
loss of methyl green may be due partly to adsorption on
cell surfaces and container walls or metabolization by the
yeast cells. The low biomass yield in the presence of this
tracer may suggest +that methyl green favoured ethanol
production to yeast growth. In the case of methyl violet,
its loss may be due, purely, +to adsorption on cell
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surfaces. As this tracer was shown to repress yeast
metabolism, it is not 1likely that it will itself be

metabolizable.
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Fig. 5.6: Recovery of tracers in shake flasks

In fact on visual observation, in flasks containing methyl
green and methyl violet, the yeast cells were noted to be
intensely coloured, whereas only slight colouration was
observed in the other flasks.

The small logs of dextran blue and aniline blue could
be attributed to adsorption also, since fermentation
activities in the presence of these tracers could well be
compared to those of the control. Most surprising was the
behaviour of the fluorescein tracer. Since fermentation
activities proceeded virtually unhindered in the presence
of fluorescein, the loss of about 73% of this tracer
cannot be attibuted to adsorption only, though that was
also noticed. This relatively large loss of fluorescein
was found to be due to the drop in pH which occured during

the fermentation.

5.2.4.1 pH effects

Optical density measurements of a fixed concentration

150



of fluorescein were found to fall significantly with a
drop in pH as shown in Table 5.3. Thus, a pH drop from
5.32 to 3.59, decreased OD measurements by about 50%.
However, increasing the pH by the addition of sodium
hydroxide solution caused an increase 1in the OD a0
measurement; and bringing the pH back to its former value
was noted to give reproducible 0D, reading for a pH of
4.29, but for a pH of 6.69, the OD,, reading was noted to
be higher and not reproducible. These results are shown in
Table 5.4 and indicated that fluorescein concentration is
a function of both OD,, and pH. Consequently, a calibration
curve was prepared by reading the OD,, at varying pH for

fixed fluorescein concentrations.

Table 5.3 pH effect on fluoreescein 0D,

I pH Optical density, ODyg9
I 247 0.253
3.08 0.264
3.59 0.292 I
4.19 0.359
4.7 0.427
5.32 0.520
e

The resulting graphs are shown in appendix C. Using
multiple regression analysis, the data was found to fit
equation 5.1 with a ceorrelation coefficient of 93.6%.

~0.0221 - 0.00549pH + 0.04350D + 0.000217pH?

Ce1 = - 0.05950D% + 0.02960D° + 0.0016Log,,0D 5.1

Considering only the linear portions, shown in fiqure 5.7,
a new correlation, for calculating fluorescein

concentration, in the pH range of 5.3 to 4.7, was obtained
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(Eqn. 4.7). This new relationship fitted the data with a
correlation coefficient of 98.7% and was subsequently used

for the calculation of flucrescein concentration.

Table 5.4 Reproducibility of optical density for

flucrescein

Optical density, 0D,

6.69 8.5
I 3.74 0.100
4.96 0,234
&.69 0.631
4,96 0.235 ﬂ
0.4
0.4t ? _ v S
o = > = 3,
s = = : . /
, = - ) z Concn. g
q 0.2 i 1 —+ o.001
; s B . 4 0.002
1 - = . b > 0.008
B i Y 0.004
g 0.1 - 0.008
= i - £> A A A + o.008
8 4 o } y ﬁ' 1? 3 o.007
' ¥ T 52 0.00e
[1]
5.3 5.2 5.1 6.0 4.9 4.8 47
pH

Fig. 5.7: Calibration for fluorescein concentration

The ODﬁ25 of a solution of dextran blue was also noted
to be slightly affected by pH. A pH decrease from 6.54 to
3.82 was found to cause OD615 to decrease from 0.291 to
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0.258 which represented an 11.3% reduction in
concentration. Unlike fluorescein, increasing pH by the
addition of NaOH did not increase the ODy;; as shown in
Table 5.5. This indicated that the loss of OD;,, due to
fall in pH, was not recoverable.

The pH was found to have a slight increasing effect
on the optical density of aniline blue because a drop in
pH from 7.24 to 2.47 did change the ODg,,, of a fixed
concentration of aniline blue, from 0.601 to 0.792. The
effect of pH on the optical density of methyl violet and
methyl green solutions was not investigated, because these
tracers were found to have a significant effect on the
yveast metabolism and were also adsorbed on the surfaces of

the yeast cells.

Table 5.5 pH effect on OD;,, reading for dextran blue

pH Optical density, ODg;
e 0.291
4.06 0.267
3.82 B @58
10.60 0.255
10,34 %.325
6.91 0.250
4.05 0242
3.77 Q230
10.55 0..229
4.05 0.209

5.2.4.2 Conclusion
Preliminary fermentation studies have shown that

methyl violet and methyl green are not suitable tracers
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for RTD experiments in systems involving fermentation of
glucose with S. cerevisiae because these materials affect
the yeast metabolism; methyl violet repressed it while
methyl green was found to promote it. Moreover, these
tracers were poorly recovered and were adsorbed on the
surfaces of cells and glass walls. But, aniline blue,
dextran blue and fluorescein may be suitable, though, this
depends on the pH; for constant pH, fluorescein may be
most suitable, otherwise aniline blue, may be the best
choice. Dextran blue has the advantage of high recovery,
but its high minimum detectable concentration coupled with
its high cost (Table 4.1) makes it the least wviable

option.

8.2.:5% Effects of tracer materials on yeast metabolism
during anaerobic batch fermentation

Anaerobic batch fermentations were performed in order
to investigate further the effects of tracer materials at
conditions similar to those at which the RTD study would
be carried out. Three tracers, dextran blue, fluorescein
and aniline blue were chosen because of their favourable
performance during the shake flask experiments. The
fermentations in the presence of these tracers were
compared with a control. Changes in tracer concentrations,
during the fermentation, were monitored.

Figure 5.8 showed the +trend of ethanol production
during the batch fermentations. There was remarkable
similarity in the lag time, of about 3 hrs, for the
control, dextran blue and fluorescein. But, with aniline
blue, ethanol production proceeded without any lag time.
However, residual glucose and biomass concentrations shown
in figqures 5.9 and 5.10 respectively, did not indicate
this difference in lag time. There may, therefore, be no
serious basis for discreminating against any of these
three tracers, with respect to their effects on yeast

metabolism alone.
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Tracer concentrations, in the fermentation systems,
are shown in figures 5.11, for dextran blue, and 5.12, for
both aniline blue and fluorescein, The concentration of
dextran blue was independent of time within the B hrs of
fermentation. This confirmed +the results obtained for
dextran blue in the shake flask fermentations and also
showed that adsorption of dextran blue was not
significant.

Similarly, pH changes form 6.18 +to 4.19, which
occured during the fermentation, had no significant
effect on the measured concentration of dextran blue. The
apparent concentration of aniline blue remained constant
for about three hours, after which, decrease was noticed.
After eight hours, about 56% of the aniline blue was lost.
The reason for this loss was not known, though it could be
due to high ethanol concentration, because changes in pH
do not have significant effect on the concentration of
this tracer. The effect of ethanol concentration was,

however, not investigated. When the effect of pH was taken
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into consideration and equation 4.7 was used to calculate
fluorescein concentration, no significant change was
noticed for fluorescein during the entire period of

fermentation.
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Fig. 5.11: Recovery of dextran blue during anaerobic
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Fig. 5.12: Recovery of aniline blue and fluorescein
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In conclusion, therefore, dextran blue and
fluorescein are the best, but when the cost of these
materials is taken into concentration, fluorescein becomes
the obvious choice, because it is about 98 times less
costly than dextran blue (Table 4.1). Moreover, the
minimum detectable concentration of fluorescein is about
97 times lower than that of dextran blue. However, the
final choice can only be possible after using these
tracers in the continuous flow column bioreactor

containing fluidizing flocs of yeast.

. Tracer choice in continuous column operation

To further test the suitability of the fluorescein
tracer, a known volume of a solution of fluorescein was
injected into an operating column bioreactor containing
flocs of yeast strain Y6. Several experiments were
performed with different concentrations of fluorescein and
volumes of injection, in order to find if the wvolume
injected or the concentration of fluorescein used had any
effect on the nature of the RTD curve. The Peclet number
Pe', and liguid holdup e, were also evaluated and compared
with that obtained from similar experiments with dextran
blue. Total +tracer recovery was assessed while the
residence times were calculated from the RTD curves and
used for comparison.

In separate experiments, 0.2 ml and 1.5 ml of a 25
g/l fluorescein solution were injected into the column
when liquid velocities were 0.0351 cm/s and 0.00B4 cm/s
respectively, representing the upper and lower limits of
ligquid velocities to be used in dispersion experiments.
The RTD curves obtained are presented in form of E curves
in figures 5.13 and 5.14 respectively. It is clear from
these response curves that something was interfering with
the flow of fluorescein solution in the column, because
the peints in the curve are dispersed and there was no
peak which is a characteristic of pulse injections in
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tubular flow systems.
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Fig. 5.13: E curve for 0.2 ml of 25 g/1 fluorescein at

liquid superficial velocity of 0.0351 cm/s

With higher concentration of fluorescein, a greater spread
was observed. This observation may be due to tracer
diffusion intec the bicmass and its subseguent desorption.
Fluorescein with its small molecular weight may have besen
absorbed by the yeast cells when its concentration in the
ligquid was high. But as the concentration in the liquid
becomes low, desorpticn takes place and fluorescein
appeared at the monitoring point, resulting in a long
tail.

On the other hand, with dextran blue, the behaviour
was different even at the same ligquid velocities. As shown
in figures 5.15 and 5.16, there was a sharp peak in the
RTD curves and this was characteristics of pulse inputs in
tubular flow systems. Moreover, the tailing was absent,
suggesting that the high molecular weight of dextran blue
could have prevented absorption of this tracer into the

yeast cells.
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It was, therefore, not surprising that the residence times

obtained wusing dextran klue appeared more reasonable
compared to those obtained using fluorescein as shown in

Table 5.6,

Table 5.6 Tracer performance in column bioreactor

Tracer Liquid Tracer Res. Peclet No. g, =
vel., u recovd. R» time, Pe' = TS Te

(cm/s) (%) T.(min) wH/e D,
L 0.0084 2.7 95.30 0.102 0.586
0.0351 9.7 15.37 0.055 0.395
LB 0.0084 64.6 25.88 0.132 0.159
" 0.0351 69.6 16.62 0.286 0.427
0.0263 81.8 i4.51 0.312 0.280
0.0175 85.5 15.72 0.360 0.202

(FL = Fluorescein, DB = Dextran blue}

Comparison of the values of liquid hold up (e;), calculated
as the ratio of residence time obtained from the RTD curve
to the residence time of the empty column, at <+the same
height, showed that with fluorescein g was higher at lower
liguid velocity, which was not expected. But with dextran
in the liquid

which was

blue, <there appeared +to be an increase
holdup due to

expected. These differences in liquid holdup may have been

increase in liquid wvelccity,
responsible for the cbserved differences in Peclet numbers
cbtained with these tracers, at the same liquid velocities
of 0.0351 and ©0.0084 cm/s.

times taken for the tracer to travel from the point of

The residence times were the

injection t¢o the monitoring point, 82 cm apart.
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Fig. 5.16: E curve for 2 ml of 22.2 g/l dextran blue

at lig. superficial velocity of 0.0351 cm/s

The holding back of fluorescein which cccured due to
absorption alsc results in poor +tracer recovery. Only a
fraction of what was injected, was recovered; 9.7% and
2.7% for liguid wvelocities of 0.06351 and 0.0084 cwm/s,
respectively. But about 70% of dextran blue, injected, was
raecovered (Table 5.6). This indicated that very little
absorption of this tracer took place, owing perhaps to its
high molecular weight of 2,000,000,

To further confirm the results obtained with dextran
blue, more experiments were performed at two other liquid
vaelocities of 0.0263 and 0.01753 cm/s. The RTD curves
obtained are presented in figures 5.17 and 5.18 for liquid
velocities of 0.0263 and 0.0175 cm/s respectively. Again,
it bacame clear that with dextran blue, very good response
curves were obtalined. Furthermore, the recovery of this

tracer was higher than 70% in most of the cases.
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An attempt was made to use fluorescein as a step
input. Two experiments were conducted with 0.25 and 0.005
g/l fluorescein solutions. As shown in fiqures 5.19 and
5.20, data points in the F curves obtained were sgcattered
and only a small fraction of the tracer was recovered;
12.7% and 38.3% respectively. In fact, it was noted that
traces of flucorescein did remain in the column even after
flushing with fresh liquid medium for two days. But, with

dextran blue, none was left few hours after injection.
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Fig. 5.19: F curve for 0.25 g/l fluorescein at liq,.

superficial velocity of 0.0084 cm/s

In conclusion, therefore, fluorescein can be said to
be a poor tracer for use, either as pulse or step input,
in column bioreactors containing flocculant yeast strains
because it is absorbed by the biomass and is poorly
recovered. Hence the RTD curves obtained have scattered
points and long tails. Therefore, the use of dispersed
flow model may not be appropriate for this tracer.
Incorporation of the diffusion term in the dispersed flow

model will complicate the mathematics.
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Fig. 5.20: F curve for 0,005 g/l fluorescein at liq.
superficial velocity of 0.0351 cm/s

Dextran blue, on the other hand, gave good RTD curves,
showed no tailing and was very well recovered. This
indicated that the tracer was not absorbed by biomass and
dextran blue was, therefore, the best choice for use as
tracer in column bioreactors containing flocculant yeast
strains. A similar conclusion was reached by Jimenez et
al. (1988) with respect to dextran blue. They observed
that dextran blue was a suitable tracer for submerged
biocfilter systems, for it was neither adsorbed nor
absorbed and its recovery was over 90%. Dextran blue was,
therefore, choosen as a tracer for all RTD determinations
in this work.
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5.3 PERFORMANCE OF FLUIDIZED BED ANAEROBIC FERMENTER

The performance of the fermenter was studied in order
to ascertain that it was properly active and comparable
with literature fermenters of the same type. In addition,
the rates of gas production and superficial gas velocities
were obtained from the performance study. Two strains of
veast, Y& and NCYC 1026, were used. The choice of strain
Y6 was made against four others, because preliminary
investigation in shake flasks indicated that it produced
smaller flocs having Sauter mean diameter of 0.487 mm with
a standard deviation of 0.121. The sizes of the other
strains are given in appendix A. NCYC 1026 was chosen
based on literature information that it produced flocs, in
tower fermenter, of average diauneter of about 0.1 cm
(Smith and Greenshields, 1973).

Four ligquid flow rates of 5.75, 12, 18 and 24 ml/min
were employed. With strain Y&, inlet gluccse concentration
was 50 g/l, though a run was pelrformed with 100 g/l at
liquid flow of 18 mi/min. But, with the strain NCYC 1026,
three inlet glucose concentrations of 30, 50 and 70 g/1
were used.

The performance of the fermenter was evaluated with
respect to the effects of inlet glucose concentration and
liguid flow rate on other fermentation parameters
including ethanel concentration, productivity and gas
production. The results obtained are presented and
discussed in this section. Hewever, the trends of the
fermentation runs conducted and the general observations
made, are presented first.

For the purpose of calculating fermentation
parameters, the column exit referred to the end of the
uniform diameter column, which was at a point 197 cm from
the inlet, whereas effluent or outlet referred +to the
liquid stream going out of +the reactor, after passing
threugh the separator. Ethanol concentration values at

points immediately above the fluidized bed level together
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with the measured fluidized bed heights and the liquid
heldups, obtained from the RTD study, were used to
calculate ethanol productivities, based on liquid volume
(P). The same concentration wvalues were alsoc used to
calculate reactor productivity, based on empty column
(P'). The fluidized bed heights and values of the liquid
holdups are given in Tables 5.7 and 5.B respectively, for

all the fermentation runs performed.

Table 5.7 Fluidized bed height (cm)

Inlet Ligquid flow rate,
glucecse, C,. F— e
(g/1) . 5:75 12 18 24
(ml/min) (ml/min) (ml/min) (ml/min)
30 70 69 71 74
I 50 50 49 58 59
l 70 87 88 81 84 I
I 50 (Y6) 109 124 127 129 I
— e —

Table 5.8 Liquid holdup (g)

Inlet Liquid flow rate, f.
g]ucose‘ C:i I —— ——————
(g/1) = 5.75 12 18 24
(m]l /min) (ml/min) (ml/min) (ml/min)
30 0.1708 0.1541 0.2343 0.2425
50 0.1Y579 0.1964 0.2232 C.2113
70 0.1112 0.1738 0.2102 0.2443
I 50 (Y6) 0.1591 0.2013 0.2792 0.4268
e ——

5:3;1 Trends and general observations
In all the fermentation runs, it was noted that there

were gradual changes in glucose and ethanol concentrations
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and pH along the column height. The occurance of gradients
in these parameters was an indication tbat liquid phase
mixing, within the yeast bed, was not complete otherwise
such gradients would not occur. The fermentation with NCYC
1026 performed at 50 g/l inlet glucose concentration and
a liquid flow rate of 24 ml/min, is used as an example for
the purpose of discussing +the observed wvariations of
performance parameters along +the column height. The

fluidized bed height, at these conditions, was 53 cwm.

5.3.1.1 Trends in pH

Figure 5.21 showed the trend in pH. It can be seen
that the pH dropped from a value cof 5.99, at the column
inlet, to 3.93 at the top of the yeast hed and further to
3.84, at the outlet,
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Fig. 5.21: pH profile along column height

This represented a 34.4% drop in pH within the yeast bed
and is not unexpected in the anaerobic fermentation of
glucose. A similar trend was reported by Jones et al
(1984)., The drop in pH may be because the microorganisms
took up P04'2 ions in the process of their growth, leaving
behind H' ions that caused the observed drop in pH.
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5.3.1.2 Glucose concentration
Glucose ccencentration also dropped in a similar

mannexr, as the pH, as shown in figure 5.22.
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Fig. 5.22 Profile of glucose concentration
along column height

The drop was from an 1inlet concentration of 46.4 g/1 to
9.33 g/l at top of the bed and further to an outlet
concentration of 5.8 g/l. This corresponds +to glucose
consumption of about 37.1 g/l within the bed. Such a drop
in glucoze concentraticn was expected and indicated a good
level of microbial activity. Further, it confirmed that
the drop in pH was as a result of the metabolic activity
0of the veast.

Glucose concentraticons, at points immediately above
the bed, were noted to be low as shown in Table 5.9,
though the actual values depended on the liquid flow rate
and inlet glucose concentration wused. In all the
fermentation runs, glucese consumption was over B80%,
except at the liquid flow rate cof 24 ml/min and inlet
glucose concentration of 70 g/1, where glucose consumption
was about 76%.
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Table 5.9 Glucose concentration at top of bed

Inlet Liquid flow rate, fL
glucose, C
(g/1) 5:758 12 18 24
(ml /min) {(ml/min) (ml/min) (ml/min)

30 0.14 1.37 5.06 2.88

50 1,11 2.42 5.69 9.33

70 1.04 2.34 7.44 17.61

50 (Y6) 0.22 2.59 2.47 8.06
e

3513 Ethanol concentration

Ethanol concentration increased along the column
height, as expected. The increase was from 2.2 g/l at a
peint 3 cm above the column inlet, to a value of 13.6 g/l
above the yeast bed and further to 17.7 g/1, at the
outlet. Based on the glucose consumption, an ethanol yield
of 0.368, representing 72.2% of the theoretical yield, was
obtained above the bed. Similar +trends in ethanol
concentration and yield value were reported by Prince and
Barford (1982a) and Jones et al. (1984).

It was noted that the increase in ethanol
concentration was much more pronounced at the liquid-solid
interface. This was indicated by a sharp increase in
ethanol concentration immediately above the 59 cm yeast
bed, as shown in figure 5.23. Similar observations were
made in all the fermentation runs conducted. It is
interesting to note that the sharp increase in ethanol
concentration at the top of the bed was accompanied by
sharp drop in glucose concentration at the same point. The
high surface area available for liquid-sclid contact and
the relatively smaller flocs at the top of the yeast bed
were probably responsible for the observed sharp increase
in ethanol concentration at this point. This pointed to an
increased metabolic activity at the top of the yeast bed.

170



10

¥

of "

0 g0 90 160 200 280 300

Ethanol concentration Ce(a/n

Helght along column, z {cm)

Fig. 5.23 Precfile o0f ethanol concentration
along column height

Also very little ethancl was produced above the yeast hed,
suggesting +that +there was, virtually, no metabolic
activity above the bed, as was expected, since biomass
concentration above the hed was very small.

Ethanol concentrations, above the bed, were all of

the same order of magnitude, as shown in Table 5.10.

Table 5.10 Ethanol concentration at top of bed

—_—
Inlet Liquid flow rate, fL
glucose, C
(g/1) 5.75 12 18 24
{ml/min) (ml/min) (ml/min} {ml /min)
30 11.36 11.28 9.18 14,06 I
50 18.82 17.65 17.93 13.63
70 30.27 31.58 23.90 12.39
50 (Y6) 25.38 24 _B2 24 .54 20.04
— T —
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But, there were some variaticons depending on +the inlet

gluceose concentration and the iiguid flow rate employed.

5.3.1.4 Ethanol yield
The ethanol yield also varied with column height, as
shown in figure 5.24.
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Fig. 5.24 Profile of ethanol yield along
column height

Ethancl yield was 0.295 at 3 cm above column inlet, 0.36&8
above the bed and 0.435 at the outlet. The trend indicated
that yield increased with increase in column height.
Similar observation was reported by Jones et al. (1984).
The vield wvalues obtained, at the top of +the bed, are
presented in Table 5.11 and it can be agreed that there
was generally high yield, except at high liquid flow rate
and high inlet glucose concentration. The low yvield at
these conditions was probably the effect of low hydraulic

retention time.
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Table 5.11 Ethanol yield at top of bed

Inlet Liquid flow rate, f,
glucose, Cgy
(g/1) 5.75 12 18 24
(ml /min) (ml/min) (ml/min) (ml/min)
30 0.348 0.452 0.431 0.470
50 0.354 0.340 0.441 0.368
70 0.441 0.457 0.373 0.246
50 (Y6) 0.489 0.498 0.491 0.490 I
| — —  ——  — ——¢—¥¢¥—&—¢4

5.3:1:8

Carbon dioxide gas production was calculated from the

Gas production

ethanol concentrations. Only few measurements of gas
production were made with a carbon dioxide flow meter,
because the meter arrived late. Some of these measurements
were noted to be lower than the calculated gas flow rates,
due perhaps to the dissolution of carbon dioxide by the
incoming liquid. The measured values of gas flow rate are
given in appendix A.

As shown in figure 5,25, gas production increased
height due to
activity. The increase was from 23.2 ml/min,
cm above the column inlet, to 149.5 ml/min
above the bed and 229.1 ml/min, at the outlet.

It was noted that gas production took place,
within the yeast bed,
to the reactor outlet,
There
production at the bottom and top of the yeast bed;

about zero at the bottom and about 149.5 ml/min at the bed

along the reactor increased metabolic

at a point 3

immediately

almost

entirely, though a steady increase

due to static pressure, could be

noticed. was a remarkable difference in gas

it was

top. These gas flows corresponded to superficial

velocities of zero at the bottom and 0.219 em/s at the

gas

top. These imposed variations in superficial gas velocity,
along the column height, could consequently cause axial

variations in the liquid mixing coefficient (D:).
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fig. 5.25 Gas production along column height

Significant differences in between
the bottom and the top of the yeast bed,
in all the fermentation runs performed; these are shown in

Table 5.12.

gas production,

were manifested

Table 5.12 The difference in gas flow
rates between the bottom and

top of yeast bed (ml/min)

Inlet Liquid flow rate, f
glucose, CH
(g/1) 5.75 12 18 24
(ml/min) (ml/min) (ml/min) (ml/min)
30 29.85 61.82 75.47 154.18
50 48.65 95.22 145.06 149.49
70 82.49 174.58 198.15 148.07
50 (Y6) 68.34 142.01 210,57 251.97

It can be seen that the differences are significant and of
the same order of magnitude as the above, even at the

lowest inlet glucose concentration of 30 g/l, where it
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transiated +to a difference of about 0.20 cm/s 1in
superficial gas wvelocity, at liquid flow rate of 24
ml/min. Both Gommers et al. (1986) and Setiadi (1989) have
noted that =such a value o©of gas flow rate could have
significant influence on the liguid axial mixing
coefficient. This case will be further discussed in
section 5.4.4.

5.3.1.6 Ethanol productivity
Ethanol productivity, based on an empty column, P
showed a sharp drop along the reactor height (Fig. 5.26).
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Fig. 5.26 Ethanol productivity along column
height

A value of 94.15 g/(l.hr) was obtained at a point 3 c¢n
above the column inlet and 22.96 g/(1.hr) above the bed,
while at the outlet, the productivity dropped to a value
of 8.49 g/(1.hr). A similar trend was observed by Admassu
et al. (1985) in their tower fermenter where the
productivity, based on liguid volume, was reported to have
dropped gradually from a wvalue of 80 g/i.hr at 10 cm,
apbove the column inlet, to about 23 g/l.hr at a helight of
70 cm.
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The ethanol productivities, based on the empty
column, obtained, at points immediately above the bed, are

shown in Table 5,13 for all the fermentation runs, Like

other fermentation parameters, this one was also
influenced by the inlet glucose concentration and liquid
flow rate,. It 1s interesting +o note that these

productivity values compare very well to literature values
as shown in Table 5.14. The relatively higher wvalues
obtained in this work were due *o the higher liquid

throughput used.

Table 5.13 Ethanol productivity (empty
column)

Inlet Ligquid flow rate, fL

glucose, Cq
(g/1) - 5.75 1'% 18 24

(ml/min) (ml/min) (ml/min) (ml/min)

30 4.58 9.50 11.59 23.68

50 10.36 20.27 30.88 22.96

70 10.78 23.47 26.64 19.90

50 (Y6) 7.32 12.44 18.45 18.62

Ethanol productivity, based on liquid volume, shows
similar dependence on liquid flow rate and inlet glucose
concentration, as shown in Table 5.15. The highest
productivity obtained was 13B.37 g/l.hr while the lowest
productivity was 28.76 g/l.hr. These high productivity
values were as a result of the high biomass concentration
in the Dbioreactor. High ethanol productivities in
fluidized bed bioreactors are common. Values of 80 and 23
g/1l.hr were reported by Admassu et al. (1985). Other
bioreactor types, utilizing immobilized microorganisms,
were also reported to give high ethanol productivities as
well. For example, productivity values of 53.8, and 49.6
g/l.hr were reported by Williams and Munnecke (19B1) and
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Lee et al. (1983), respectively, for yeast packed beds.
Table 5.14 Comparison of the productivity
of bioreactors
— e ——
Inlet Residence | Ethanol | Productivity, Reference
glucose, time, T yield P
Cy (g9/1) (hr) Y (g/1.hr)
30 1.58 0.47 23.7 This work
50 1.58 0.37 23.0 This work
70 1.58 0.27 19.9 This work
180 9.6 0.5 8.6 Jones et al.
(1984)
130 Bl 0.5 B 57 Jones et al.
(1984)
17.8 Prince and
Barford (1982a)
14.3 Prince and
Barford (1982a)
12.3 Prince and
Barford (1982a)
Table 5.15 Ethanol productivity (Ligquid
volume)
“w
Inlet Liquid flow rate, f, I
glucose, C;
(g/1) = 5.75 12 18 24
(ml/min) (ml/min) (ml/min) (ml/min)
30 28.76 76.20 52.33 98.97
50 Ta.32 115.83 138.37 138.10
70 96.63 115.52 132.98 85.94
i 50 (Y6) 45.98 62.80 66.08 51. 72
_——

Similarly,

by Inloes et al.
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respectively, for hollow fibre fermenters containing

immobilized yeast.

L . T e ¢ Biomass concentration

Variations in the concentration of biomass along the
column height could not be quantified. This was due to the
difficulty in sampling the +tightly packed and sticky
biomass, which had failed to form discrete floc particles.

With strain Y6, attempts were made to break up the
seemingly packed yeast bed, by using 100 g/1 of inlet
glucose concentration, at a liquid flow rate of 18 ml/min,
in the hope that increased metabolism might result and
cause increased gas production that would eventually break
up the bed, as noted by Jones et al. (1984). But, it was
found that the bed did not break up and that glucose
inhibition was manifested in form of decreased yield,
ethanol concentration, gas production and ethanol
productivity, when compared to the results obtained with
a 50 g/l inlet glucose concentration, at the same liquid
flow rate (Table 5.16).

Table 5,16 Comparison of fermentation
parameters for strain Y6

“
Inlet Exit Co, flow EtOH EtOH
glucose, C, | EtOH, C,, rate, f productivity P' | yield, Ypl
(g/1) (g/1) (ml/min} (g/1.hr) (-)
50 25.59 233.77 12.3 0.558
100 20.11 183.71 9.67 0.241
50+3H NaCl 9.60 0.51 0.055

When this failed, 1M, 2M and 3M NaCl solutions were added
to the growth medium in separate runs. With 1M and 2M
solutions, the yeast bed remained compacted. However, 3M

solution succeeded in decompacting the bed, but severe
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loss of activity resulted due to yeast inactivation by the
salt solution. When compared with runs made without NacCl
solution, severe decrease in productivity, ethanol and gas
productions and yield were noticed. as presented in Table
5.16. The inability to break up the bed of strain Y6 and
vet maintain its viability, necessitated the change of the
Btrain to NCYC 1026, though that also failed teo give
discrete floc particles and +the problem of measuring
biomass concentration remained. Figures 5.27 and 5.28 are
presented in order to show how compacted the Y& and NCYC
1026 beds were. Nonetheless, estimates of biomass
concentrations were made when the column was being
dismantled. For the Y& strain, the estimated biomass
concentration, con a dry basis, was 63 g/l while it was 48
g/l for strain NCYC 1026. These wvalues of biomass
concentration are comparable to the wvalues of 70 and 55
g/l reported by Prince and Barford (1982a) and Jones et
al. (1984) respectively.

It was interesting +to note that 1little biomass
wastage cccured in the effluent; at a liquid flow rate of
24 ml/min and inlet gluccse concentration of 50 g/l conly
0.05 and 1.04 g/l biomass was lost for the Y6 and NCYC
1026 respectively. Biomass concentrations above the bed
were, similarly, low as shown in Table 5.17 for the entire
set of fermentation runs, even at high liquid flow rates
and high inlet glucose concentration. Furthermore, the
fluidized bed surface was, distinctly, visible during all
the fermentation experiments. This low Lkhiomass wastage
indicated that in this system, fermentation was not
limited by washout of organiasms, but by liquid throughput.
Thus, both the twe strains used were of the flocculant-
fermentation Iimited group which, according to
Greenshields and Smith (1971), attain high concentrations
and have heavy 'sticky' flocs of up to 1.3 cm in diameter.
This probably caused <the difficulty in sampling the

biomass.

179









Table 5.17 Blomass concentration above bed

f

Inlet
glucose, C
(g/1)

Liquid flow rate,

18 24
(ml/min) (ml/min)

5.75
(ml/min)

12
(ml/min)

30 1.14 1.08 1.40 1.96
50 1.78 1.55 1.37 1.64
70 1.52 2.04 3.63 2.45

0.98

0.28

50 (Y6) 0.24 0.04

5.3.1.8 Conclusion

It can safely Dbe concluded that trends in
fermentation parameters observed in this study were very
similar to observations made by other authors, using tower
bioreactors. Thus, the observed trends are normal in
fluidized bed bioreactors containing flocculant strains of
yeast. Furthermore, comparison of reactor productivities
with reported 1literature wvalues indicated very good
agreement, suggesting that the reactor used in this work
was very similar to those used by others.

Though, measurements of biomass concentrations,
within the bed, were not reliable due to the highly
flocculant nature of the organisms, results of
measurements above the bed have shown that very little
biomass wastage took place. This means that the yeast bed
remained active and in place even at relatively high
ligquid flow rate of 24 ml/min, suggesting that the strains
used were of the fermentation limited type.

5.8.2 Effects of inlet glucose concentration

The effects of 1inlet glucose concentration on
fermentation parameters could be seen from runs made with
strain NCYC 1026, because inlet glucose concentration was
varied from 30 to 70 g/l.
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Figure 5.29 shows the influence of inlet glucose

concentraticn on the glucose concentration.
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Fig. 5.29 Effect of inlet gluceose concn. on
glucose conc. ahove bed

At liquid flow rates of 5.75 and 12 ml/min, glucose
concentration above the bed seemed to be independent of
inlet glucose concentration and it was very low,
indicating that all the glucose was utilized by the yeast,
resulting in over 99% glucose consumption. But, at a flow
rate of 1B ml/min, glucose concentration, above the bed,
increased linearly with inlet glucose concentraticn.
However the influence of inlet glucose concentration
on the gluccse concentration above the bhed, was more
pronounced at a high liquid flow rate of 24 ml/min, where
a sharp lincrease in glucose concentration was observed.
Therefore, up to a liquid flow rate of 1B ml/min, the
inlet glucose concentration does not seem to have strong
influence on the glucose concentration. The observed trend
was expected because at the highest liquid flow rate the
residence time of ligquid in the bed was low, about 1.58 hr
and there was insufficient time for the organisms tc act

on the glucese substrate, meaning that the rate of glucose
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assimilation was lower than its rate of supply.

Ethanol concentration increased, as was expected,
with increases 1in 1inlet glucose concentration. The
increase was linear at liquid flow rates of 5.75, 12 and
18 ml/min, as shown in figure 5.30.
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Fig. 5.30 Effect of inlet glucose concn. on
ethanol concentration

At a liquid flow rate of 24 ml/min, however, ethanol
concentration seemed to be independent of inlet glucose
concentration. This means that the fermentation capacity
of the bed was exceeded as a result of the short hydraulic
residence time.

In contrast to ethanol concentration, the effect of
inlet glucose concentration on ethanol yield was rather
conflicting (Fig. 5.31). At a liquid flow rate of 24
ml/min, yield decreased linearly with increases in inlet
glucose concentration. But, at liquid flow rate of 5.75
ml/min, there was initial insensitivity up to about 50 g/1
and further increases in inlet glucose concentration

caused increase in yield.
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Fig. 5.31 Effect of inlet glucose concn. on
ethanol yield

At an intermediate liquid flow rate of 12 ml/min, increase
in inlet glucocse concentraticon +to 50 g/l, caused a
decrease in yield while a further increase, increased the
yield. At a liquid flow rate of 18 ml/min, there was a
gentle increase of yield up to about 530 g/l and a further
increase in inlet glucose concentration caused a decrease
in yleld. The cbservation of lower yield at the highest
flow rate was not surprising because ethanol concertration
was also low at this liquid flow rate.

The effect of inlet glucose concentration on ethanol
productivity, based on the empty column, was similar to
that on ethanol concentration. Productivity increased
linearly with increased inlet glucose concepntration at the
ligquid flow rates of 5.75 and 12 ml/min. At a liguid flow
rate of 18 ml/hr there was an initial linear increase to
50 g/l and, thereafter, the productivity lhecomes
independent of inlet glucose concentration. But, at a
liquid flow rate of 24 ml/min, ethanol productivity seemed
te decrease gently with 1ncreases in inlet glucose
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concentration (Fig. 5.32).
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In figure 5,33, the effect of 1Inlet glucose
concentration on calcufated superficial gas velocity was

shown. Like ethanol productivity, gas velocity increased
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linearly with increases in inlet glucose concentration, at
all liquid flow rates except 24 ml/min where a maximum was
noted at an inlet glucose concentration of 50 g/l1. The
subsequent decrease in gas wvelocity at higher inlet
glucose concentrations was an indication of Ilower
metabolic activity due, perhaps, due to low hydraulic
residence time.

5.3.8 Effects of liquid flow rate

Liquid flow rate was also noted to have an effect an
the fermentation parameters. Increases in liquid flow rate
were found to increase superficial gas velocity at all
inlet glucose concentrations except 70 g/1. In the case of
this high inlet glucose concentration, gas velocity
increased linearly with increases in liquid flow rate,
only to a liquid flow rate of 12 ml/min and it remained
about constant with further increases in liquid flow, as
shown in figure 5.34.
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Fig. 5.34 Effect of liquid flow rate on gas
velocity

At the lowest inlet glucose concentration of 30 g/l1, the
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effect of liquid velocity was almost parabolic, whereas it
seemed linear at an inlet glucose concentration of 50 g/1.

Liquid flow rate showed little effect on ethanol
concentrations for inlet glucose concentrations of 30 and
50 g/1 (Fig. 5.35).
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Fig. 5.35 Effect of 1liquid flow rate on
ethanol concentration

For the former a slight minimum in ethanol concentration,
at 18 ml/min, was observed, whereas for the latter, a
maximum at the same liquid flow rate occured. With 70 g/l
inlet glucose concentration, ethanol concentration
decreased rapidly with increases in liquid flow rate. It
was noted that strain Yé had higher ethanol concentrations
compared to strain NCYC 1026, at the same inlet glucose
concentration and at all liquid flow rates. This may be
caused by genetic differences of the strains.

Ethanol yield was also affected by liquid flow rate
(Fig. 5.36). At low inlet glucose concentrations of 30 and
50 g/1, the trends indicated a gentle increase in yield
due to increases in liquid flow rate. However, at an inlet

glucose concentration of 70 g/l1, there was a sharp
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decrease in yield at liquid flow rates above 12 ml/min.
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Fig. 5.36 Effect of ligquid flow zrate on
ethanol yield

With strain Y6, the liquid flow rate did not seem to
affect yvield.

The liguid flow rate was found +to affect ethanol
productivity, as shown in figure 5.37. At a low inlet
glucose concentration of 3¢ g/l, productivity increased
linearly with ligquid flow rate, but at 50 and 70 g/l inlet
glucose concentrations, a maximum was noted at a liquid
flow rate of 18 ml/min. A similar trend was reported by
Prince and Barford (1982a). It was noted that the
productivity wvalues obtained with strain Yé were lower
than these obtained with strain NCYC 1026, at the same
inlet glucose concentrations and at all liquid flow rates,
This sugygested that strain Y6 may be more flucculant than
strain NCYC 1026. The latter strain may have formed a less
compact bed and this might have facilitated the transfer

of substrate inte the biomass.
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At all inlet glucose concentrations, there was an increase
in glucose concentration above the bed, at high liquid
flow rate. The increase was however more pronounced at
flowe higher than 15 ml/min. There was also a sharp
increase in glucose concentration, above the bed, at a
liguid flow rate of 24 ml/min, for 70 g/1 inlet glucose
concentration. This could be dus to +the short liquid

residence time.

5.3.4 Reliability of concentration measurements

To find ocut the reliability of the measurements of
glucose and ethanol concentrations, five measurements were
made for each of the parameters, using one sample. For
glucose, the results obtained from these five measurements
were: 5.32, 5.40, 5.40, 5.45 and 5.32 g/1, giving a mean
cf 5.378 g/l and a sample standard deviation of 0.0567.
This gives a 95% confidence interval cof + 2.9% of +the
value of a single observation,

Similarly, results of ethanol concentration
measurements were: 7,964, B.464, B8.261, B.404 and 8.2%94
g/l. These give a mean of 8.277 g/l, a sample standard
deviation of 0.193 and a 95% confidence interval of +6.49%

of the value 0f a single ovbservation.

5.3.5 Conclusion

The above results have indicated that the fermenter
used in this work was comparable to other fermenters, of
the same kind used by other researchers, both in terms of
observed trends of fermentation parameters and the effect
of inlet glucose concentration and ligquid flow rate on
these parameters. When values of individual parameters
were considered, there was also close similarity between
the wvalue obtained here and those reported in the
literature.

Though, variation in biomass concentration along the
column height could not be established due +to the
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difficulty of sampling biomass from the fermenter, an
estimate of biomass concentration in the system was
nevertheless made and values obtained agreed very well
with those reported in the literature. Low biomass wastage
in the effluent even at high liquid thoroughput and high
inlet glucose concentrations, was observed with both
strains of yeast, leading to the believe that the two
strains were of the fermentation limited type that have,
characteristically, large and sticky flocs.
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5.4 AXIAL LIQUID DISPERSION COEFFICIENT

Axial liquid dispersion coefficient (D,) 1is an
important parameter in +the design and prediction of
performance of fluidized bed bicreactors. Not only does it
affect the residence time of ligquid flowing into the
bioreactor, it also has considerable influence on physical
processes such as heat and mass transfer rates between
particles and phases. But, +this parameter Iis also
significantly Iinfluenced by particle and liguid properties
and process conditions.

In this work, the extent and nature of the influence
of liquid and gas superficial velocities, on D,, have been
studied in a fluidized bed anaerobic bioreactor containing
flocculant yeast, strain NCYC 1026. Owing to the packed
nature of the yeast bed used and the failure of the yeast
gtrains to form discrete floc particles, the influence of
the particle size on D, could not be studied.

The peculiar characteristics of this anaercbic system
did not allow for the direct control of gas velocity,
because the gas was generated iIn situ. Therefore,
variation in gas wvelocity was effected by varying the
glucose feed rate. This led +o0 a linear relationship
between glucose consumption rate and the superficial gas
velocity, as shown in figure 5.39. Hence, the lowest
superficial gas velocity emplovyed was about 0.0534 cm/s,
corresponding to a superficial liquid velocity of 0.0084
¢m/s and an inlet glucose concentration of 30 g/l, whereas
the highest was 0.335 cm/s, which occured with inlet
glucose concentration of 50 g/l and a liquid velocity of
0.0351 em/s. On the other hand, four superficial liquid
velocities of 0.0084, 0.0175, 0.0263 and 0.0351 cm/s were
used.

The axial liquid dispersion coefficlient was
calculated from the residence time distribution (RTD)

data, as explained in section 4.5.1.
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Fig. 5.39 Influence of glucose consumption
rate on gas velocity

The results obtained and the influence of superficial
ligqguid and gasvelocities, on D,, are presented and
discussed in this section. In addition, an attempt was
made +to correlate the D, data with liquid and gas
superficial velocities, Unfortunately, literature
correlations could not be tested against the data because
all the correlations were derived for fluidized beds, but
proper fluidization was not obtained in this study.
Moreover most of these correlations do require the
particle diameter which could not be measured in this

study.

5.4.1 Magnitude of D, values obtained

Values of D, obtained, in all experimental runs, are
summarized in Table 5.18. The minimum value obtained was
4.67x10™° m'/s, while the highest value was 8.2x10°¢ m¥/s.
Therefore, even the lowest value of D,, is about 4.7 times
higher than the limit of 1x10~° m'/s, below which, D, may
not have significant influence on the concentration

profile in a tower fermenter (Setiadi and Larsen, 1991).
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Axial liquid dispersion

Table 5.18 g
coefficient (szlo m‘/s)

Inlet Superficial liquid velocity, u
glucose, C
(g/1) 0.0084 0.0175 0.0263
(cm/s) (cm/s) (cm/s)
30 4.67 17.14 12.46
50 10,42 16.65 B2.92
I 70 9.62 11.09 14,25
I 50 (Y6) 5.70 31.97 29.93
———————————

Going by the report of Setiadi and Larsen (1991) a D:value
of 1x10™ m1/5, would increase the height of tower, required
to achieve 95% utilization of fermentable carbohydrate, by
a factor of 2.4. Therefore, all the D, values obtained in
this the

concentration profile in a tower fermenter.

work, could have significant influence on

A comparison was made between some reported values of
D, and the values obtained in this study, as shown in Table

5.19.

Table 5.19 Comparison of D, values
[~ S
Column internal Gas Disp. coefft. Reference
diameter, D, velocity, u, D, x10*
(cm) (cm/s) (m'/s)
5.7 0.047 0.0153 Admassu et al.
{(1985)
A 0.083 2.9-10.1 Gommers et al.
(1986)
11.2 0.0085 20.6 Setiadi (1989)
3.81 0.087 1.042 This work

It is obvious that the simulated study of Setiadi
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Wwith alginate beads at liquid veloclity of 0.142 cm/s, gave
a higher value of D, even though the gas velocity was one
tenth of what was used in this work. The relatively larger
column diameter used by Setiadi (9189) may have caused Dz
to be high, but column diameter alone may not explain the
observed difference.

Similarly, +the result of Gommers et al. (1986)
conducted in column of similar diameter to this study and
at comparatively similar gas velocities have, nonetheless,
D, values that are 2.9 to 10 times higher than that
obtained in this work. The reasons for these differences
may be that the reported results were for fluidized beds,
whereas fluidization of the yeast bed was not achieved in
this work. Horeover a lower ligquid veleocity of 0.0084 cm/s
was used in this work whereas Gommers et al. (1986) used
a liquid velocity of 1.2 cm/s and Setiadi (1989) used
0.142 cm/s.

On the other hand the results of Admassu et al.
(1985), for a tower fermenter, have shown a D, value that
is about 68 times lower than what was obtained in this
study. The difference in gas velocities in the two studies
may not account for this large difference in D,. However,
it was noted that the liquid velocity used by Admassu et
al. (1985) was 0.0012 cm/=e, which was about seven times
lower than the wvalue of 0.0084 cm/s used in this work.
This large difference in superficial liquid velocities may
have been responsible for the observed difference in D,

between the two studies.

5.4,2 Effect of gas superficial velocity on D,

The effect of gas velocity on D, was studied at four
different liquid velocities. At the lowest ligquid velocity
of 0.0084 cm/s (Fig. 5.40), there was an initial increase
in szrom 4.6'?2:10'5 to 10.42x10'5nﬁ/s due to an increase in
superficial gas velocity from 0.054 to 0.087 cm/s.
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But, a further increase in superficial gas velocity +to
0.138 cm/s left D, virtually unchanged, at 9.62x107° mi/s.

Similarly at a liquid wvelocity of 0.0175 cm/s, an
increase in gas velocity from ©.099 c¢m/s to 0.209 cm/s,

did not significantly change D which remained at

7
17.19x10” and 16.65%107 mzfs respectively. But, further
increase in gas velocity to 0.298 cm/s, caused D, to
decrease to 11.09x10° mi/s, as shown in figure 5.41.
However, at a liquid wveloclity of 0.0263 cm/s, an
increase in gas velocity from 0.1B6 cm/s to 0.267 cm/s
increased D, from 12.46x107 to 82.92x107° m2/5 and a further
increase of gas velocity +to 0.319 cm/s, caused the
decrease of D, to 14.25x107 mz,fs &s shown in figure 5.42,
But at the highest liguid velocity of 0.0351 cm/s,
slight decreasing and increasing trends in D,, due to
increases in gas velocity, were noticed. An increase in
gas velocity from 0.279 to 0.306 cm/s decreased D, from
16.34 to 12.48x107° ml/s (Fig. 5.43). A subsequent increase
of gas velocity to 0.335 cm/s, increased D, to 24.54x1073

mi/s.
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Therefore, putting all the four sets of D, data into

perspective (Table 5.20),

a trend seemed to imerge.
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Table 5,20

0.058 0.1

0.16

0.2

Superficlal gas vsloclity, u,;l (ecm/sec)

of gas

velocity on D, at

liquid velocity of 0.0351 cm/s

Changes in D, with gas velocity

Gas velocity, Uy Disp. coeffifient, D, Xx10°
(cm/s) (m‘/s)
0.054 4.67
0.087 10.42
0.099 17 .13
0.138 9.62
0.186 12.46
0.209 16.65
0.267 82.92
0.279 16.34
0.298 11.09
0.306 12.48
0.319 16.34
0.:325 _ 24 .54 I

There was, generally, an increase in D: with increases in
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superficial gas velocity. However three distinct regimes,

depending on the gas velocity, could easily be identified

as summarized in Table 5,21.

Table 5.21 Gas flow regimes
Range of gas velocity Range of D, %x10°
(cm/s) (m?/s)
0.054 - 0.099 $£.07T = 219
0.138 - 0.267 9.62 - 82.92
Q0.279 = 0,33% 11.09 — 24.54 I

In the first regime, increasing gas velocity from 0.054
cm/s to 0.099 cm/s caused a steady increase in D, from 4.67
to 17.19x107° m2/s. But in the second regime, an increase
in gas velocity from 0.138 to 0.267 cm/s, caused D, to
increase from 9.62 to 82.92x10" nﬁ/s. Simliarly, in the
third regime, increasing gas velocity from 0.279 to 0.335
cm/s, initially caused D, to drop to 11.09%107° nﬁ/s and
then it subsequently increased steadily to 24.54x107° mi/s.

Figure 5.44 shows these gas flow regimes. It was also
noted that a sharp drop in Dzoccured when gas velocity was
increased from 0.099 to 0.138 cm/s and 0.267 to 0.279
cm/s. The exact reason for these sharp drops in D, is not
known.

In three phase fluidized beds liquid axial mixing is
partly caused by the movements of gas bubbles and theilr
wakes. Increases in superficial gas velocity increase both
the relative velocity of the bubbles (Slip velocity) and
the bubble size, all of which, cause an increase in
liquid axial mixing (Kim, Baker and Bergougnou, 1977; El-
Temtamy et al. 1979a). Hence, increasing superficial gas
velocity 1is expected +to increase the axial liquid

dispersion coefficient.
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Therefore the general increases in D, due to increase in
gas veloclty, observed in this study, was expected and was
ln agreement with the reports of Vvail et al. (1968);
Michelsen and Ostergaard (1970); Xim et al. (1972); El-
Temtamy et al. (1979a); Xim and Kim (1983); Gommers et al,.
(1986); Davison (1588) and Setiadi (1989).

However, the bubble size is also affected by the
particle size and liquid velocity (Kim et al., 1977; Fan,
1989). An increase in either of these parameters would
cause a decrease in bubble size and might, consequently,
diminish the influence of gas wvelocity on D,. In this
study, variations 1in gas velocity were achieved Dby
increasing both the liquid velocity and the inlet glucose
concentration. Perhaps, the cobserved decrease in the value
of D,, with increasing gas velocity, was caused by a
decrease in bubble size as a result of increased liguid

velocity.

5.4.3 Effect of superficial liquid velocity
The effect of liquid velocity on D, was studied at
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inlet glucose concentrations of 30, 50 and 70 g/1. At 30
g/l 1inlet glucose concentration, increases in liquid
velocity caused D, to change in a rather complex manner as

shown in figure 5.45,
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Fig. 5.45 Influence of liquid wvelocity on D,
at inlet glucose concn. of 30 g/1 =

Initially, an increase in liquid velocity from 0.0084 to
0.0175 cm/s caused D, to increase from a low value of
4.67x107° mifs to 17.19x107° mi/s, corresponding to an
increase of about 73%. Further increases of liquid
velocity to 0.0263 and 0.0351 cm/s, caused D, to decrease
to 12.46x107° nﬂ/s and then increase +to 16.34x10° mI/s
respectively.

A contrasting trend was observed with an inlet
glucose concentration of 50 g/l (Fig. 5.46). Here, an
increase in liquid velocity from 0.0084 to 0.0175 cm/s and
further to 0.0263 cm/s, caused D, to increase steadily from
10.42x10° to 16.65x10"° and 82.29x107° m'/s respectively.
But, a further increase in liquid velocity to 0.0351 cm/s,
resulted in D, decreasing to 24.54x107 mi/s.

A similar trend was observed at the highest inlet
glucose concentration. As shown in figure 5.47, an
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increase in liquid velocity from ©.0084 to 8.0175 ¢cm/s and

then to 0.0263 cm/s, increased D, from 9.62x107° mzfs to

10.51%107 mi/s
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Fig. 5.46 Influence of liquid velocity on D,
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Increasing the liquid velocity, again, tc 0.0351 cm/s,
decreased Dz to a value of 11 .BE»:clO'5 ml/s. It was, however,

noted that the changes in D, were marginal at this inlet
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glucose concentration due to a possible effect of gas
velocity.

In order to assess the overall effect of ligquid
velocity on D,, the three set of data were put in a single

plot shown in figure 5.48.
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Fig. 5.48 Overall effect of liquid velocity on
D, at all inlet glucose concns.

It can be seen that the D, data can be approximated by
straight lines, with positive slopes, representing best
fits and correspending to each of the three inlet glucose
concentrations,

It was noted that the Dz values, at an inlet glucose
concentration of 50 g/] were consistently higher than the
values obtained at the other twe inlet glucose
concentrations. Also, the D2 values at an inlet glucose
concentration of 30 g/l were, for most of the 1liquid
velocities, higher than the values for an inlet glucose
concentration of 70 g/l. These cbservations are rather
unusual, because an increase in inlet glucose
concentration coupled with an increase in liguid velocity,
resulted in higher gas preduction rates, which were,
therefore, expected to cause an increase in Dz' Instead,
the results indicated +that at an inlet glucose
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concentration of 70 g/1, 1liquid velocity had 1little
influence on D, and lower values of D, were obtained.

It is believed that, in addition to bubble movements
and their wakes, axial liquid mixing may also be caused by
the continuous splitting up and recombination of flowing
liquid elements or turbulence, due to the presence of
solids that obstruct +the liquid flow, and by the
oscillatory movements of the particles, in the vertical
direction (El-Temtamy et al., 1979a). Increases 1in
turbulence and oscillation of the particles, will cause an
increase in liquid phase mixing.

Increasing superficial liquid velocity would cause an
increase in the turbulence and oscillatory movements of
particles, with a consequent increase in D,. In addition,
it would also cause an increase in bed voidage, which has
a decreasing effect on axial ligquid mixing. Therefore, an
increase in superficial 1liquid wvelocity would either
increase or decrease the axial liquid dispersion
coefficient, depending upon which of the above three
factors was most significant.

The increases in D,, due to increase in superficial
liquid velocity, which was observed in this study at inlet
glucose concentrations of 30 and 50 g/l was an expected
trend and in agreement with the reports of El-Temtamy et
al., (1979a); Kim and Kim (1983) and Setiadi (1989).
Furthermore, the lower values of D,, noted at an inlet
glucose concentration of 70 g/l may have been caused by
increased bed voidage, which was brought about by
increased gas production at this inlet glucose
concentration. The decrease in D,, due to increases in
superficial 1liquid velocity at high bed voidage, was
reported by Kim and Kim (1983) and Setiadi (1989), for
fluidized bed systems.

It should be kept in mind that, in this study, an
increase in liquid velocity also increases the rate of

glucose supply and consequently the rate of glucose
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consumption, which was earlier (Section $5.3.2) shown to be
directly preoportional +to the superficial gas velocity
generated in the bioreactor. Therefore, the effects of
liquid velocity observed, may include some influence cof

the gas velocity as well.

5.4.4 Axial wvariation in b,

It was noted, in section 5.3.1.5, that gas production
in the bioreactor varied along the <column height,
consequently, causing axial variations in superficial gas
velocity. The effect of this axial wariation in gas
velocity, on D,, was assessed by determining the
coefficient at +two points, 20 cm apart, at the same
superficial liquid velocity and inlet glucose
concentration., Three liquid velocities of 0.0175, 0.0263
and 0.03531 om/s and inlet glucose concentration of 70 g/l
were used, while Dzwas determined at 45 cm and 65 cm above
the column inlet. The valuss of D, obtained are presented
in Table 5.22 together with the calculated gas velocities

at the two points.

Table 5.22 The effect of axial wvariation 1in gas

velocity on D,

Gas velocity, u

Liquid | Disp. coefficient, D10’ .

vel ., (mlfs) (cm/s)
I.l.[I
(cm/s)
45 om 65 ¢m Increase 45 cm 65 cm Increase
% %
|| 0.0175 10.51 11.09 5 0.115 .145 20
H 0.0263 13.81 14,25 3 G.112 0.159 30
Il 0.0351 11.8% 12.48 5 0.156 0.193 19

It is interesting to note that the D, values at the
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height of 65 cm were, consistently, higher than those
obtained at the height of 45 cm, though the difference
was, in all the three cases, between 3% and 5%. On the
other hand, there was a difference of between 19% and 30%,
in superficial gas wvelogities, at these points. These
results indicated that D, is not seriocusly affected by
axial wvariaticn in superficial gas velocity in +this

system.

5.4.5 Correlations for axial liquid dispersion
coefficient

The D, values obtained in this work have not been
fitted intec any of +the existing correlations because
fluidization of the yeast bed was not achieved, while the
existing correlations were all derived for fluidized beds.
Furthermore, mest ¢f the correlations require the use of
the particle diameter which was not measured in this work,
dye to the failure of the yeast bed tc form discrete flocg
particles.

Nonetheless, an attempt was made to relate the
observed D, values to the liquid and gas superficial
velocities, Linear and exponential relationships were
considered. In evaluating these relationships, only eleven
out of the twelve data points were used. In both the two
models, the data point with D, value of 82.92x107" m%%, had
very large residuals. Significance tests, using the method
described by Himmelblau (1970), have shown that, with 95%
confidence, the point was an outlier and was, therefore,
not included in +the multiple regressions. Detailed
calculations are shown in appendix B.

In the linear model the D, was given by equation 5.2

L

z = @ t U, t aly 5.2)

where a;, & and a; are constants and their wvalues were
obtained by multiple regression, as:
a = 0.672; a, = 0.48; &y = 27.4
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Therefore, equation 5.2 becomes:

D, = 0.672 + 0.48u, + 27.4u, 5.3)

With D,, U, and u; given in cmzfs, cm/s and cm/s
respectively. Equation 5.3 has a goodess of fit (R} of
48.1%, which was low, considering the number of data
points (11). The negligible effect of gas velocity on D,
was easily apparent from the equation. t-ratio values of
1.26, 0.21 and 2.12 were obtained for the liquid velocity,
gas velocity and the constant respectively. This further
confirmed the negligible effect of gas velocity on D..

For the exponential model, D, was related to the
ligquid and gas superficial velocities, by the following
relationship;

D’ = f(uq, uL) -*D‘ = blu:?u:i Sak]
Where b;, b; and b, are constants. Linearizing equation 5.4

gives:

Log(D,) = Log(b,) + b,Log(u,) + byLog(u,) 5.5)

Values of +the constants were obtained by multilinear
regression as:
b, = 7.047, b, = 0.197, b, = 0.347

Hence, equaticon 5.4 becomes;

D, = 7.047uy * uy " 5.6)

Where Dz‘ ug and u; are given in cnﬁ/s, cm/s and cm/s
respectively. Equation 5.6 has RY of 52.9%, which was an
improvement over the linear model (Eqn. 5.3) but,
nonetheless, low when the number of data points are
considered. The t-ratio values were 2.20, 0.6B and 1.11
for the constant, gas velocity and 1liquid wvelocity,
respectively, indicating that the gas velocity has little

effect on Dv
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The lack of proper fit of the experimental data, as
indicated by the low wvalue of Rz, inteo the exponential
model which was the type used, for fluidized beds, by some
researchers (El-Temtamy et al., 1979a; Kim and Kim, 1983;
Setiadi, 1989), indicated that, the system is not a
fluidized bed. However, other parameters such as particle
size and density and liquid density and viscosity, which
have nct been considered in the correlation, may have
effect on the dispersion coefficient,

It was noted, from the correlation, that the exponent
for the liguid wvelocity is about 1.8 times higher than
that for the gas wvelocity, suggesting +that, 1in +this
system, the liquid velocity had greater influence on the
D, than the gas velocity. This is, however, not surprising
hbecause proper fluidization of the vyeast bkbed was not
achieved and the bed formed a plug which might have
hindered the formation of large gas bubbles, in response
to increases in superficial gas velpocity. Large diameter
particles have been reported to cause decreases in bubble
size, and a resultant decrease of the axial 1liquid

dispersion coefficient (Michelsen and Ostergaard, 1970).

5.4.6 Conclusion

It can be concluded that the D, values in this study
are high enough +to0 cause a considerable effect on the
concentration profile in tower bioreactors. Furthermore,
both the ligquid and gas superficial velocities were found
to affect the axial dispersion coefficient, though, the
former had greater influence. The observed trends, of the
effects of liquid and gas velocities, on D,, are similar to
the trends reported by cther researchers and were in
agreement with the established theory. However, both the
linear and the exponential correlations of D, with the gas
and liquid velocities, have low values of r? due perhaps to
the influence of other parameters such as column diameter

and particle size which have not been considered here,
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5.5 BED EXPANSION CHARACTERISTICS

In three phase fluidization, the volume fraction, or
holdup, o©f each of the phases can be evaluated by
simultaneously solving equations 3.19a and 3.19b, provided
the pressure drop across the bed and any one of the
holdups, are known. Unfortunately, attempts to measure the
pressure drop across the vyeast bed did not succeed,
because yeast escaped intoc +the manometer tubes and
production of gas in these tubes made pressure readings
impossible. Similarly, determination of the liquid holdup
by draining the liquid within the bed, was attempted
without success. This was because gas production continued
even when the liquid flow was stopped. Draining the liquid
at this stage resulted in the loss of substantial amount
of biomass. When the gas production was allowed to stop,
the bed was blocked-up by large agglomerates of yeast
flocs.

Determination of the solid holdup, from the weight of
the solids using equation 3.19, did not work either, due
to the difficulty of sampling the biomass accurately. But,
using the residence time distribution (RTD) data, a
numerical value of the liguid holdup could be determined.
Furthermore, the bed voidage was estimated from the height
difference between the fluidized bed and the bed under a
no-flow situation. However, the method was not wvery
accurate owing to the compressible nature of the bed; the
height of the dry bed was not constant but depended on the
time the bed was left dry. Therefore, 15 hours was
arbitrarily used as the time basis, after which, the dry
bed height was measured. The bed voidage was then
calculated as the fractional increase in bed height. Using
the calculated values of the bed voidage and the values of
the liguid holdup obtained, from the RTD data, the gas
holdup was determined by difference and the solid hold up
was consequently evaluated using equation 3.19a.

The RTD method, used to determine the liquid holdup,
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was not without problems either. The main problem
experienced was the lifting up of the entire bed or part
of the bed, due to gas pressure (Fig. 5.49). When this
occurred the residence time of the injected tracer becomes
high, resulting in a higher value of the liquid holdup and
this may also lead to an underestimation of the degree of
liquid mixing. A few measurements of liquid holdup were
made under these conditions, at a 1liquid wvelocity of
0.0351 ecm/s and inlet glucose concentrations of 30 and 50
g/l, as shown in Table 5,23,

Table 5.23 Effect of bed breakage on measured liquid
holdup and D,
—_— -w
Parameter Inlet glucose, Bed condition
o With Without
(g/1) i ithou
breakage breakage
Liquid holdup, e 30 0.354 0,243
(=)
50 0.343 0.211
Disp. coefficient, 30 0.541 1.634
D, x10*
e PN 50 0.785 2.454 I
—— -

It is evident that this phenomenon of bed breakage
caused an overestimation of the liquid hold up and a
significant reduction in the value of the axial liquid
dispersion coefficcient. This was expected, because a
lower particle concentration, as is the case when bed
breakage occurs, has been reported to cause a decrease in
axial liguid dispersion coefficient (Michelsen and
Ostergaard, 1970; El-Temtamy et al. 1979%9a).

However, liquid holdup was determined at four liquid
velocities of 0.0084, 0.0175, 0.0263 and 0.0351 cm/s and
inlet glucose concentrations of 30, 50 and 70 g/l1. Bed
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voidage, gas holdup and solid holdup were also estimated
at the same conditions.

In this section, the effects of gas and liquid
superficial wvelocities, on the 1liquid holdup, are
presented and discussed. 1In addition, a correlation
relating these parameters is also presented. Furthermore,
estimates of the bed voidage, gas and solid holdups are

similarly presented and discussed.

5.8,% Liquid holdup
Values of the liquid holdup obtained, are summarized
in Table 5.24.

Table $5.24 Values of liguid holdup obtained
Liquid Inlet glucose, Gas velocity, Liquid
velocity, Cyi ug holdup, e
(em/s) (g/1 (cm/s) (=)
I 30 0.054 0.171
50 0.087 0.158
0.0084
70 0.138 0.111
3o 0.099 0.154
50 0.209 0.196
0.0175
l 70 0.298 0.174
K[¥ 0.186 0.234
50 0,267 0.223 I
0.0263
70 0.319 0.210 _I
30 0.279 0.243 J
50 0.335 0.211 I
0.0351
70 0.306 0.234 _I
—
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It can be seen that the highest value of +the 1liquid
holdup, obtained, was 0.243 which occurred with an inlet
glucose concentration of 30 g/1, at a liquid velocity of
0.0351 cm/s and a corresponding gas velocity of 0.279
cm/s. The lowest ligquid holdup was 0.111 and occured at
the lowest liquid velocity of 0.0081 cm/s, with an inlet
glucose concentration of 70 g/l and a corresponding gas
velocity of 0.138 cm/s. These values of ligquid holdup are
not far from the value of 0.25 reported by Admassu et al.
(1985), for a tower fermenter at superficial liquid and
gas velocities of 0.0012 e¢m/s and 0.047 cm/s respectively.
But, compared to non biological beds, these values of
liguid holdup are low; values in the range 0.6 to 0.8 were
reported by Michelsen and Ostergaard (1970).

However, the low values of liguid holdup, obtained in
this study, indicated that +the yeast bed was not
fluidized, but merely expanded due to increased liquid

velocity.

0 TR g Effect of gas velocity on liquid holdup

The effect of gas velocity on liquid holdup, at the
lowest liquid velocity of 0.0084 cm/s, is shown in figure
5.50. It can be seen that, at this liquid wvelocity, an
increase in gas velocity from 0.054 to 0.138 cm/s caused
liquid holdup to decrease from 0.171 to 0.111, Thus, a 61%
increase in gas velocity has caused liquid holdup to
decrease by 35%.

At a liquid wvelocity of 0.0175 cm/s, a complex
behaviour, involving increase and decrease in liquid
holdup due to increase in gas velocity, was observed as
shown in figure 5.51. 1Initially, an increase in gas
velocity from 0.099 to 0.209 cm/s, increased liquid holdup
from 0.154 to 0.196. A further increase in gas velocity to
0.298 cm/s, caused liquid holdup to decrease to 0.174.

At a liquid velocity of 0.0263 cm/s, similar trend
was observed as with the lowest liquid velocity.
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Increases in gas velocity from 0.186 to 0.267 cm/s and

further to 0.319 cm/s,

caused liquid holdup to decrease

from 0.234 to 0.223 and further to 0,21 respectively (Fig.

5920
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gimilarly, at a liquid velocity of 0.0315 cm/s, the
1igquid holdup was noted to decrease from 0.211 to 0.234
and 0.243, due to increases in gas velocity from 0.279 to
0.306 and to 0.3353 cm/s respectively as shown in figure

5.53.
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The overall effect of gas velocity on liquid holdup,
for all the low liquid velocities used, is shown in figure

5.54.
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Fig. 5.54 Overall effect of gas velocity on
liguid holdup at all lig. velocities

It is clear that, at each liquid velocity, all the data
points, except one at a liquid holdup of 0.111, could be
represented by a straight line of best fit, with negative
slope. This indicated that increases in gas velocity
caused decreases in liguid holdup at all liquid flow
rates. The same observation was reported by Michelsen and
Ostergaard (1970) for three phase fluidized Deds
containing air, water and glass beads of 1 mm, 3 mm and 6
mm diameter. Similar observations were also reported by
Ostergaard (1978), Kato et al. (1981) and Setiadi (1989).
This observation is, therefore, expected because increases
in gas velocity will increase the bed height and since the
ligquid wvelocity remains unchanged, a decrease in the
volume fraction of liquid or liquid holdup, results. But,
the reason for the low liquid holdup of 0.111, is not

known.
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- I T I Effect of liguid velocity on liguid holdup

The effect of superficial liquid velocity on liquid
holdup, was studied at inlet glucose concentrations of,
30, 50 and 70 g/1. At 30 g/1 inlet glucose concentration,
an increase in liquid velocity from 0.0084 to 0.0175 cm/s
caused liquid holdup to decrease slightly from 0.171 to
0.158 possibly due to the increase in gas velocity. But,
subsequent increases in liquid velocity to 0.0263 cm/s8 and
then to 0.0351 cm/s, caused increase in liquid holdup to
0.234 and 0.243 respectively (Fig. 5.55).
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Fig. 5.55 Influence of 1liquid wvelocity on
ligquid holdup at inlet glucose
concn. of 30 g/l

This marginal increase in liquid holdup may be because of
the effect of gas velocity which also increased from 0.186
to 0.279 cm/s, due to the increased feed rate of limiting
substrate, and has earlier been shown to have a decreasing
effect on ligquid holdup.

At an inlet glucose concentration of 50 g/l a steady
increase in liquid holdup, due to the increase in liquid
velocity, was noted as shown in figure 5.56. The holdup
increased from 0.158 to 0.196 and further to 0.223, as a
result of an increase in liquid velocity from 0.0084 to
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0.0175 and further to 0.0263 cm/s respectively.
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Fig. 5.56 Influence of liquid wvelocity on
liguid holdup at inlet glucose
concn. of 50 g/l

But, a further increase in liquid velocity to 0.0351 cm/s
caused a decrease in liguid holdup to 0.211, probably due
to the increase in gas velocity from 0.267 to 0,335 cm/s.

A similar trend was observed with an inlet glucose
concentration of 70 g/l. A steady increase in liquid
holdup, from 0.111 teo 0.174 and then to 0.21, occured when
the liquid velocity was increased from 0.008B4 to 0.0175
and further +o 0.0263 cm/s respectively. A further
increase of liquid velocity to 0.0351 cm/s caused only a
marginal increase in liquid holdup. to 0.234 (Fig. 5.57).

An overall effect of liquid velocity on liquid holdup
is shown in figure 5.58 for all the inlet glucose
concentrations studied. It is interesting to note that the
data could be represented by straight lines of best fit,
with positive slopes. This indicated that, for all the
inlet glucose concentrations, increases in the liquid
velocity caused linear increases in liquid holdup; an
observation earlier reported by Michelsen and Ostergaard
(1970), Ostergaard (1978), Kato et al. (1981) and Setiadi
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This therefore mean that the increase in gas production,

observed for an increase in liquid wvelocity, had less
effect on liquid holdup than the liquid velocity itself.
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Certainly, increases in liquid velocity are expected to
increase the volume fraction of liquid within the yeast
bed and, as such, the observations made in this study are

expected.

5.5.0.3 Axial variation in liquid holdup

In order to assess the axial wvariation in liguid
holdup, the holdup was determined at bed heights of 45 cm
and 65 cm, using an inlet glucose concentration of 70 g/l
and liquid velocities of 0,0175, 0.0263 and 0.0351 cm/s.

The results obtained are presented in Table 5.25.

Table 5.25 Axial variation in liquid holdup
Liguid velocity, Ligquid holdup, Gas velocity, U,
u, (cm/s) e, (-) (cm/s)

45 cm 65 cm 45 cm 65 cm
0.0175 0.116 0.174 0.115 0.145
0.0263 0.179 0.210 0.112 0.159
0.0351 0.231 0.234 0.156 0.193

It is obvious that there was consistently higher liquid
hold up for a bed height of 65 cm compared to 45 cm, at
all the ligquid velocities used, in spite of the increase
in gas velocity which was noted to have a negative
influence on ligquid holdup.

It is not known why the expected decrease in ligquid
holdup, due to increasing gas velocity, did not occur.
Perhaps, segregation of the bed might have taken place.
Tower fermenter beds have been reported to segregate in
accordance with +the particle size distribution; with
larger particles, having higher density, at the bottom of
the tower and smaller ones at the upper parts (Andrews,
1986)., If this happens, a higher solids concentration will
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be expected at the bottom of the bed and this could cause
lower liquid holdup in this lower section. These results,
though not conclusive, indicate that there is an axial
variation in liquid holdup, in fluidized bed anaerobic
bioreactors, and that the nature of this variation is an
increasing trend in the liquid holdup with increases in
bed height.

5.5.1.4 Correlations for ligquid holdup

& large npumber of correlaticns, relating liquid
holdup tec process parameters and particle properties have
been developed, as discussed in section 3.5.2, But, the
correlation of Richardson and Zaki (Egn. 3.22a), has been
the most widely used and was found to be applicable to
fluidized bed bioreactors (Greenshields and Smith, 1971;
Smith et al., 1978; Hermanowicz and Ganzarczyk, 1983),
even though it was derived for +the +two phase (S-L)
systems. Therefore, 1in +this section, +the relationship
between the liquid wvelocity and liquid holdup was
investigated, by means of equation 3.22a. Furthermore, the
effects of both liquid and gas superficial velocities were
also simultaneously investigated, using multilinear
regression technigue.

A linearized form of equation 3.22a is given by:

Log(u;) = Log(u,) + nLog(e.) 5.7

Therefore, a plot of Log (uL) against Log (sL) will give a
strajight line with slope of n and, a Y-axis, intercept of
Log (u). These plots are shown in figures 5.59, 5.60 and
5.61, for inlet glucose concentrations of 30, 50 and 70
g/l, respectively and in figure 5.62, for strain Y6 at an
inlet glucose concentration of S0 g/l. It can be seen that
in all these fiqures, the data points could be represented
by a straight line of best fit.
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A linear regression was performed and the results obtained
are presented in Table 5.26.
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Table 5.26

Values of n and settling velocity

Inlet Exponent in Particle Correlatiocn
glucose, eqn. 322a, terminal vel., | coefficient,
Csi (g/1) n u; (cm/s) R

30 0.278 0.590 0.761

0.227 0.479 0.936

SD L] L] L]
0.997 11.34 0.997 I
70 0.528 1.414 0.995 _I

—
" Values for yeast strain Y6.

It is clear that, except at the lowest inlet glucocse

concentration, the relationship between superficial liquid
liquid holdup, can be well represented by
equation 3.22a as indicated by the high

coefficients. Nonetheless, a further look at the values of

velocity and
correlation

n and the floc settling velocity u,, suggests that these
parameters are not constant but varied with strain type
and with the inlet glucose concentration. The variation in
the values of n and u, with strain type is not suprising,
because it was reported earlier by Brohan and McLoughlin
(1984b).

inlet glucose concentration does

However, the variation of these parameters with
indicate the possible
the use of eqguation

effect of gas velocity. Therefore,

3.22a,
should be with great caution,

for predicting liquid holdup in tower fermenters,

Furthermore, +the wvalues of n reported here are
significantly different from the wvalues of 4.4 and 11
and Smith

respectively. It is

reported, for vyeast flocs, by Greenshields
(1971) and Smith et al. (1978)
important to note that both Greenshields and Smith (1971)
and Smith et al. (1978) have used the bed voidage rather

than liquid holdup, whereas it is the liquid holdup that
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is required in order to evaluate liquid residence time in
the bioreactor. Moreover, the results of Smith et al.
(1978) were obtained from sedimentation studies whereas
Greenshields and Smith (1971) arrived at their result by
extrapolating the velocity-voidage curve, But,
sedimentation tests are of limited use in predicting the
expansion characteristics of fluidized beds, containing
flocculent microorganisms, as noted by Brohan and
McLoughlin (1984b). This is because retardation due to
partial support within the yeast bed plays an important
role in causing deviations from ideal behaviour. These
differences in procedure, coupled with differences in the
yeast strains wused, could be responsible for the
significant differences in the values of n obtained in
this and the other two studies.

In order to take the effect of gas velocity, on the
liquid hold up, into consideration, eguation 5.8 was used.

Ca., G
e, = flug, u) = e, = cyug u, 5.8)

Where ¢y, c; and ¢, are constants. When linearized, equation

5.8 becomes:

Log(e;) = Log(c,) + c,Log(u,) + c,Log(u,) 5.9)

Using multiple regression analysis, the values of ¢, ¢,
and c¢, where found to be 0.847, -0.126 and 0.457
respectively. Hence, equation 5.9 can be written as:

e, = 0.847u,° " up 4’ 5.10)

Both Uy and u, are given in cm/s. Equation 5.10 has
goodness of fit (Rl) of 74.3%, which may be considered
fair. The t-ratio values of ~-0.21, -1.10 and 3.71 were
obtained for the constant term, gas velocity an liquid
velocity, respectively. This shows that the gas velocity
has negligible influence on the ligquid holdup.

However, a linear model was found to relate liquid
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heldup to gas and ligquid superficial velocities, better
than the power relationship (Eqn. 5.10). This linear model

is given in equation 5.11, with both g and y; in cm/s.

e, = 0.124 - 0.067u, + 3.85u; 5.11)

Equation 5.11 has R' of 75.1%, which was an improvement
over the exponential model. The t-ratios were 7.62, -0.58
and 3.47, for +the constant, gas wvelocity and 1liquigd
velocity respectively., Again, the gas velocity has a weak
effect on liquid boldup.

It is important to note that both the two models,
used to correlate the liquid holdup to the gas and liguid
superficial velocities, have low values of RrE, Perhaps
other parameters such as particle sjze and liquid density,
which have not been considered here, may have significant
influence on the liguid holdup, causing R2 to be low.
Furthermore it has been noticed that, in both equations
5.10 and 5.11, the gas velocity causes a decrease in
liquid holdup but its effect could be considered marginal.
Using the linear model, neglecting the influence of gas
velocity in calculating the liquid holdup, will cause an
error of B8.5%, at the highest gas and liquid velocities of
0.335 and 0.0351 cm/3 respectively. Similarly, the error
will be 2.3%. at the lowest gas and liguid velocities of
0.054 and 0.0084 cm/s respectively. These levels of error
could be tolerated and therefcre, for gas velocities in
the range 0.054 to 0.335 em/s and ligquid velocities in the
range (.0084 to 0.0351 ¢m/s, the influence of the gas
velocity on the ligquid heldup, can be neglected.

5.5.2 Estimation of bed wvoidage

Bed voidage was estimated from the difference in
height between the dry and fluidized beds. There were two
main problems with the measurements of the dry bed height.
The compressible nature of the yeast flocs meant that, if
left dry, the bed compressed and the resulting height
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depended on the period the bed remained dry. The other
problem was that as the dry bed settled, pockets of air
were trapped and this caused a higher reading of the dry
bed height. In view of these two problems, it was not
possible to rely too much on the data for bed wvoidage,
even though, effort was made to look out for trapped air
and elimate its contribution to the dry bked height.
Moreover. the bed was left dry for a constant period of 15
hours, before reading the dry bed height.

The bhed voidage obtained at different gas and liguid

superficial velocities is presented in Table 5.27.

Table 5.27 Estimate of bed voidage
Liquid Gas Dry bed Fluidized Bed
velocity, velocity, height, Hy bed height, voidage,
UL(Cme) ug(cm/s) {em) By (cm) g (-)
0.054 58 70 0.171 “
0.087 42 50 0.160
0.0084
0.138 63 B7 0.276
0.099 55 69 0.203
0.20% 38 49 D.224
0.0175
G¢.298 66 B8 0.250
0.186 536 71 0.211
0.267 42 55 0.236
0.0263
0.319 63 81 0.222
0.279 54 74 0.270
0.335 42 59 0.288
0.0351
0.306 55 B4 0.345

The lowest value of the bed voidage was 0.16 and occured
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at the lowest liquid velocity, while the highest was 0.345
which happened at the highest liquid wvelocity., as
expected. It is important to note that the highest bed
voidage was lower than 0.4, which was reported to be the
voidage at the incipient or minimum fluidization condition
(Greenshields and Smith, 1971). This confirmed that proper
fluidization of the yeast bed was not achieved.

A further look at the bed voidage values indicates
that there was an increase in bed voidage, at the same
ligquid velocity and this points to a possible influence of
gas velocity on the bed voidage. This was, however,
expected since an increase in gas velocity will be
expected to cause an increase in fluidized bed height

unless bed contraction occurs,

5.%.3 Estimation of gas and solid holdups

Gas holdup was estimated from the difference between
bed voidage and ligquid holdup, while the solid holdup was
obtained by wusing equation 3.1%9a. The results are
presented in Table 5.28 It is evident, from the results,
that the contribution of the gas holdup to the bed vecidage
was very low at low gas velocities, but this increased
markedly at high gas velocities and low liquid velocities
as was the case at a gas velocity of 0.138 cm/s where the
contribution was about 60%.

A further look at the results indicated that the gas
contribution to bed voidage depended on the inlet glucose
concentration; at a high 1inlet concentration, the
contribution was high, even when the liquid velocity was
high. Therefore, neglecting the contribution of the gas
phase in determining the bed voidage, in this kind of
bioreactor, as concluded by Davison (1988) and Setiadi
(1989), could result in underestimating the bed voidage;
although it should be remembered that the bed, in this
work, was not fully fluidized.

Solid holdup remained high, in the range 0.84 to
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0.72, for all the experinents, except at high liquid
velocity and high inlet glucose concentration when it
dropped to 0.66. This high solid holdup was probably
responsi ble for the high ethanol productivity obtained in
t hi s bioreactor.

Table 5.28 Estimates of gas and solid hol dups
Li qui d Gas Gas Solid Contribution of ¢4 to
vel ocity, vel oci ty, hol dup, hol dup, bed voi dage
u. (cms) ug (cnis) Q (") cs (-) (*)
0. 054 0. 001 0.83 0.58
0. 087 0. 002 0.84 1.88
0. 0084
0. 138 0. 165 0.72 59. 78
0. 099 0. 049 0. 80 24. 14
0. 209 0. 029 0.78 11. 48
0. 0175
0. 298 0. 076 0.75 30. 40
0. 186 -0.023 0.79 0.00
0. 267 0.013 0.76 5.51
0. 0263
0. 319 0.012 0.78 5.41
0.279 0. 027 0.73 10. 37
0.335 0. 077 0.71 26. 74
0. 0351
0. 306 0.111 0. 66 32.17
5.5.4 Concl usi on

It can be concluded that the liquid holdup, in this
bi oreactor, was affected by changes in both |iquid and gas
velocities. Wile increases in gas velocity decreased the
liquid holdup, linearly, increases in liquid velocity
increased the liquid holdup also in a linear manner. But,
the error in neglecting the influence of gas velocity on
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ligquid hold up could be very little.

The relationship between liquid velocity and liquid
holdup could be represented by a power correlation similar
to that of Richardsen and Zaki, but caution should be
exercised in using this relationship, because the values
of the exponent n and the settling velocity depended on
the yeast strain used and on the inlet concentration of
glucose employed.

The 1liquid holdup may not be constant, but may
increase with increases in bed height due possibly to the
effect of segregation of particles within the bed.

The bed voidage was alsc noted to depend on the inlet
glucose concentration and the liquid wvelocity used.
Furthermore, the contribution of gas velocity to the bed
voidage was found to be high especially at low liquid
velocity and high inlet glucose concentration. Therefore,
estimating the bed voidage from the liquid holdup, alone,

could result in significant error.
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6 OVERALL DISCUSSION

Immobilization of microorganisms provides a means for
achieving high biomass concentration and high solids
retention +time in Dbioreactors. These are necessary
requirements for high reactor productivity. Therefore, the
successe in the development of immobilization techniques
have brought about increasing interest in the use of novel
bioreactors, which were found to have advantages, over the
conventional batch and continuously stirred tank reactors.
One of +these novel reactors, 1is the fluidized bed
bioreactor. The main advantage of this bioreactor is that
the bioparticles are small with high surface areas, which
are colonized by microorganisms, enabling the hydraulic
retention time to be markedly reduced, resulting in high
performance.

Fluidized bed bioreactors have been used for the
manufacture of beer and vinegar (Greenshields and Smith,
1971) and for the treatment of domestic and industrial
wastewaters (Sahm, 1984). However, despite their
potential, they still remain in the laboratory and pilot
scale stages. To date, only a few fluidized bed
bioreactors are commercially in operation for the
production of beer, vinegar and for the treatment of
wastewaters (Heijnen et al., 1989). One of the problems
hindering the realization of their full potential, in the
biochemical industry, 1is difficulty in modelling and,
therefore, difficulty in predicting their performance
(Venkatasubramanian et al., 1983), This difficulty is due
to the complex interaction of the various phases involved
in the bioreactor. Furthermore, a number of biochemical
processes produce gas in situ which adds to the complexity
of the system,

However, some researchers (Ching et al., 198B4;
Hamdane et al., 1988; Setiadi and Larsen, 1991) have
directed effort at the modelling of fluidized bed

bioreactors. The model they all used was the dispersed
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plug flow model. The axial liquid dispersion coefficient
and liquid heoldup are twe of the important parameters in
this model and are required for the evaluation and
prediction of reactor performance. Though, there exists a
large amount of information on the prediction of axial
liquid dispersion coefficients and liquid holdup in
fiuidized beds, from process parameters and liquid and
particle properties, the information relates +to non-
biological systems whereas different operating conditions
and particles are used in biolegical systems. For example:
In non-biological beds, particle Reynolds numbers are
higher +than 100, whereas they are Jlower +than 100 in
biological beds (Kikuchi et al., 1984).

A few researchers have, however, studied liquid
mixing and bhed expansion by simulating gas producing
anaerobic fluidized beds (Gommers et al., 1986; Setiadi,
198%9). They used conditions similar to those obtained in
biological systems; typically low gas and liquid
velocities and low density particles. But, such studies
need to be verified against active biological heds in
order %o ascertain <their applicabily to anaercobic
fluidized bed system with in situ gas production.

In this work, the magnitude of liquid mixing and
holdup, in a gas-producing anaerobic fluidized Ded
bioreactor and the effects of superficial liquid and gas
velocities, on these parameters, were studied, using the
residence time distribution technique with dextran blue as
the tracer. Furthermore, tracer experiments were performed
in order +to find a suitable tracer material compatible
with the flocculant yeast strains used. In addition, the
petrformance of the bioreactor was evaluated.

The suitability of a tracer was assessed with respect
to its effect on yeast metabolism, its metabolization by
yeast, its adsorption on yeast cells and sgquipment, its
absorption into yeast flocs and the effect of fermentation
conditions on the tracer. These are all important
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characteristics of a suitable tracer (Swaine and Daugulis,
1989).

0f the five tracers tested, only dextran blue was
found to pass almost all the requirements, on account of
its high molecular weight. Jimnez et al., 1988 have also
found dextran blue to be suitable for submerged
biofilters. Fluorescein was absorbed by the flocs and a
long tail in the RTD curve resulted. Using this tracer may
require the inclusion of a diffusion term in the dispersed
plug flow equation (Stevens et al., 1986). In addition,
its optical density was affected by pH. Decreases in pH,
which ocurred during the fermentation, caused significant
reduction in the optical density of fluorescein,
Therefore, pH adjustments were necessary with this tracer.
Aniline blue did not affect yeast metabolism but it
disappeared, during anaerobic batch fermentation, possibly
due to increased ethanol concentration. On the other hand,
methyl green and methyl violet were found to promote and
inhibit yeast growth respectively and are, therefore, not
suitable as tracers in this system.

The performance of the bioreactor was comparable to
others of the same type, though, higher productivity
values were noted in this system on account of the high
liguid thoughput used. The highest ethanol productivity,
based on liquid volume, was about 138.37 g/(l.hr). The
high biomass concentration of 48 to 63 g/l achieved in the
reactor, coupled with the low hydraulic residence time,
are thought to be responsible for the observed high
ethanol productivities.

The liquid flow rate and the generated gas did not
fluidize the bed properly. The yeast was noted to form
very large agglomerates which might have caused high mass
transfer resistance, Even then, a high glucose
utilization, above B0% was obtained, in all cases, except
one; at a liquid flow rate of 24 ml/min and an inlet

glucose concentratjon of 70 g/1 where glucose utilization
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was found to be 76%. The biomass loss was noted to be low
even at the highest liquid flow rate. This suggested that
the yeast strains were of the fermentation limited type as
defined by Greenshields and Smith, 1971,

The bubble size has an effect on the axial liquid
dispersion coefficient, but the nature of the effect is
dependent on the particle size. The inability to properly
fluidize the bed and the subsequent formation of lumps of
vyeast could have had a significant effect on the bubble
sizes and consequently on the values of D, and the trends
observed. An increase in gas velocity was noted to cause
little increase in D,, whereas increasing liquid velocity
was found to increase D, linearly at low gas velocities.
But, at high gas velocities, an increase in liquid
velocity caused a decrease in D, possibly due to increased
bed voidage. A similar trend was cobserved by Kim and Kim
1983, and Setiadi, 1989, for fluidized beds.

Axial variation of D, was not pronounced due to the
weak effect of gas velocity on the dispersion coefficient.
A correlation of D, with gas and liquid velocity, has
indicated this weak effect, and further, a significance
test has also confirmed that the effect of gas velocity
could be neglected.

Results for the liquid holdup have shown trends
similar to what was reported for fluidized beds. There was
a decrease in liquid holdup due to increasing gas
velocity, But, an increase in liquid velocity caused an
increase in liquid holdup. The gas velocity was, however,
noted to have little effect on liquid holdup. Therefore,
for this sytem, the liguid holdup can be estimated from
the liquid velocity alone.

The relationship between liquid velocity and liquid
holdup could be represented by the equation of Richardson
and Zaki (1954), but the exponent, n was found to have
values that were significantly different from the values
obtained by Greenshields and Smith, 1971 and Smith et al.,
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1978. Furthermore, it is influenced by the strain type and
the inlet glucose concentration. Therefore, the use of
such correlations should be with extreme caution. A linear
correlation was found to fit the liquid holdup data, with
a goodness of fit of 75.1%.

Estimates of gas holdup have shown that the
contribution of the gas phase to the bed voidage could be
signigicant especially at low liquid wvelocity and high
inlet glucose concentrations.
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7

CONCLUSTIONS
Based on the results obtained in this study, the

following conclusions can be made.

1)

2)

3)

4)

5)

6)

7)

8)

Dextran blue is a suitable tracer for use in the
determination of liquid residence time in gas
producing anaerobic biorector containing flocculant

Saccharomyces cerevisiae.

Fluorescein, aniline blue, methyl wviolet and methyl
green  are not suitable for residence time
distribution study in bioreactor system containing

yeast flocs.

The bioreactor used for this study i3 similar, in
terms of ethanol productivity and glucose
utilization, to other tower bioreactors containing

floes of yeast.

The magnitude of +the axial liquid dispersion
coefficient was high enough to affect the substrate

concentration profile in the bioreactor.
The axial dispersion coefficient increased with
increases in liquid velocity at low bed voidage, but

decreased at high bked wvoidage.

Increases in gas velocity increased the axial ligquid

dispersion coefficient marginally.

Axial variation in axial ligquid dispersion

coefficient was not well pronounced in this system.

An increase in gas velocity decreases the liquid

holdup linearly, but the effect is marginal.
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9)

10)

11)

12)

Increases in liquid velocity increased the liquid
holdup linearly.

The correlation of Richardson and Zaki (1954) was
applicable +to¢ the liquid holdup data, but the
exponent n, was noted to depend not only on the
strain type but also on inlet glucose concentration.

Any axial wvariation in liquid holdup was not

pronounced.
The contribution of gas holdup to the bed wvoidage

could be high at low liquid velocity and high inlet

glucose concentrations.
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5)

6)

¥

8)

Large columns need to be used in liquid phase mixing
and bed expansion studies, in order to understand the
effect of liquid circulation on these parameters.
This may also make the results more readily

acceptable for industrial scale applications.

The method for floc sampling need to be improved,
Their fragile nature and bed contamination should,
however, be taken into consideration.

Another method for measuring the pressure drop across
the fluidized bed needs to be devised, because the
conventional manometric method does not work with

this system.

There is need to integrate results from mixing and
hydrodynamic studies with the kinetic and mass
transfer aspects, in order to have a complete model

of the system.
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APPENDICES

APPERDIX A: Experimental data

Table a.l1 Data for shake flask experiment one

Tracer Glucose Ethanel Biomass Ethanol Biomass Tracer

consmd . cConcn. Concn. yvield vield Recd.
(g/1) (g/1) (g/1} (=) (=) (%)
NG 12.98 6.45 1.3 0.5 Q.1 33.56
MV 1.88 2.82 0.52 1.5 0.28 76.67
AB B.28 3.63 1.22 G.44 0.15 76.6
FL 6.8 3.66 1.2 0.53 0.18 28.0
DB 8.24 3.76 1.323 0.46 0.15 95.89
CL 9.43 3.81 1.25 0.41 0.13 -

(MG = Methyl green; MV = Methyl violet; AB = Aniline blus;

FL = Fluorescein; DB = Dextran blue; CL = Control)

Table a.2 Data for shake flask experiment two

Tracer Glucose Ethancl Biomazs Ethanol Biomass Tracer

consmd. conen. ¢oncn. vield vield Recd.
(9/1) {g/1) (9/1) (=3 (=) (%)
NG 13.44 5.06 1.13 0.38 0.08 36.51
nv 1.02 0.63 0.09 0.62 0.09 65.54
AB 8.6 3.3 1.02 0.38 0.12 90.61
FL 9.44 3.38 1.01 0.34 0.11 26.0
LB 7.98 3.45 1.01 0.43 0.12 S6.54
CL 10.41 3.47 0.97 g.33 Q.09 -
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Table a.3 Glucose concentration during
anaerobic batch fermentation

Time CL AB Fl DB
(hr) (g/1) (g/1) (g/1) (g/1)
0 20.12 20.12 i9.1 18.3
1 18.48 16.86
1.2 19.2 18.55
2 19.7 18.59 17.76
2.2 37.53
2.8 18.03
3 19.4 15.88
. ) 14.32
4 18.2 16.12 11.58
16.28 9.26
5.2 11.39
5.5 14.62
6 12.51 5.16
6.4 33.27
6.5 8.41
&.7 B.63
7 3.88
75 7.43
(45 7.34
8.5 6.21
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Table a.4 Ethanol concentration during
anaerobic batch fermentation

Time CL AB Fl DB
(hr) (g/1) (g/1) (g/1) (9/1)
0 0 0 0 0
1 0.13 0.08
3.2 0.02 0.64

2 0.13 0.31 0.01
2.2 1.16

: 0.46

3 0.43 0.74
3.7 1.78

4 1.02 0.71 1.71

1.87 3.5

3.2 2.49
5.5 1.29

6 2.63 2.95
6.4 2.86
6.5 2.08
6.7 4.67

7 4.99
7.5 2.68
TR 5.49
8.5 4.06
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Table a.5 Biomass
anaerobic batch fermentation

Time
(hr)

5.2
5.5

6.4
6.5
6.7

7.5
7.7
8.5

CL
(g/1)

0.114

0.1
0.171

0.54

0.64

Q.78
0.76

concentration

AB
(g/1)

0.16

0.14

0.22

0.61

0.86

1.21

1.23

Fl
(9/1)

0.06
0.1

0.13

0.22

0.25

0.63

0.83

0.78

0.79
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DB
(g/1)

0.26
G.22

0.33

0.57

0.9
1.36

1.76
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Table a.6 Tracer

Time
(hr)

1.2

2.2
2.8

3.7

CL
(g/1)

recovery during anaerobic
batch fermentation

AB
(g/1)

0.009

0.01

0.011

0.01

0.007

0.005

0.004

Fl
(g/1)

0.02
0.021

0.021

0.021

0.021

0.022

0.023

0.023

0.022
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DB
(9/1)

0.588
0.587

0.582

0.584

0.582

0.582

0.586

0.586



Table a.7 Recalibration of fluorescein tracer

Table a.8 Data for measured gas flow rate

pH Concentration, (g/l)

0.001 | 0.002 | 0,003 | 0,004 | 0.005 | 0.006 0.007 0.008
5.3 .046 .084 .13 .189 1225 .285 .332 .38
5.2 .042 .08 .122 .18 .215 .272 .328 .365
5.1 .04 .078 .118 Rl | .204 .26 .301 .348
5.0 .039 .071 .11 .162 .194 .248 .29 +33
4.9 .036 .068 .105 . 152 .182 .235 .274 .31
4.8 .032 .062 .1 .145 +371 .222 .26 .295
4.7 .03 .06 .092 .136 .16 .21 .245 273

Calculated gas
flow rate
(ml/min)

36.8
67.9
137.5
190.9
80.7
143.2
229.1
S4.2
204
218
209.2
185.4

Measured gas
flow rate
(ml/min)

100
100
130
130
40
100
175
300
300
350
350
200
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Lig. flow rate
(ml /min)

5.75
12
18
24

5.75
12
18

5.75
12
18
24
18

Inlet glucose
concn.

(g/1)
30
30
30
30
50
50
50
70
70
70
70

100



Table a.9 Data for tracer experiments with fluorescein

Data for fig.
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Data for tracer experiments with dextran

blue

Table a.10
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Table a.1l1 Data on the profile of fermentation parameters

Column pH Glucose Ethanol Ethanol Gas flow Productivty

height {(g/1) (g/1) yield {(mi/min} P' (g/l.hr)
(cm) (=)

0 5.99 46.37 0 0 0 0

3 5.01 38.79 2.24 .295 23.15 94,15
14 4.43 26.67 6.32 . 331 68.12 58.83
24 4.68 31.52  6.07 .409 63.92 31.96
34 4.68 32.57 5.4 .391 57.26 20.05
45 4.47 28.44 6.48 .361 £9.29 18.18
55 4,37 25.13 8.09 . 381 B7.32 18.5¢9
75 35.93 9.33 13.63 . 368 149.49 22.96
136 3.87 8.16 16.33 427 188.45 15.17
197 3.84 6.51 16.78 .421 204,38 10.76
263 3.84 5.76 17.68 435 229,08 B.4%8

Table a.12 Data for fig. 5.39

Glucose consumption rate Gas velocity
(9/s) (cm/s)
.0g3 .054
.005 . 099
.008 .186
.013 279
. Q05 .087
.011 . 209
013 267
.016 .335
.007 .138
.014 . 298
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Table a.13 Data for figures 5.29 to 5.38

Inlet Liquid Glucose EtOH EtOH Gas Productvty
glucose flow (g/1) {g/1) vield vel. P'(g/1.hr)
(g/1) (ml/min) (em/s)
30 5. 79 .14 11.36 .348 .054 4.58
30 12 1.37 11.28 .452 .099 9.5
30 18 5.06 9.18 .431 .186 11.359
30 24 2.88 14.06 .47 .279 23.68
50 575 .13 18.82 .354 .087 10.36
50 12 2.42 17.65 .34 .209 20.27
50 18 5.69 17.93 .441 .267 30.88
50 24 9.33 13.63 . 368 335 22.96
70 5.75 1.04 30.27 .441 .138 10.78
70 12 2.34 31..28 .457 .298 23.47
70 18 7.44 23,9 »373 319 26.64
70 24 17.61 13.39 . 246 .306 19.9
50(Y6) 5. 75 &) 25.38 .489 .118 7.32
50(Y6) 12 2.59 24.82 .498 . 244 12.44
50(Y6) 18 2.47 24.54 .491 .361 18.45
50(Y6) 24 8.06 20.04 .49 .430 18.62
Table a.l14 Sizes of flocs formed by different yeast
strains
Yeast strain Sauter mean Standard
diameter of flocs deviation
(mm )
Y6 0.487 0.121
ABX-LID 0.732 0,136
EM-93’ 0.325 0.063
ABXR-11B 1.448 0.359

* Flocs formed by this strain dissentegrate easily with
slight shaking.
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Table a.l15 Data for axial liquid dispersion
coefficient and liquid holdup

Inlet glucose Liquid flow Axial disp. Liquid holdup,
(g/1) rate coeffgciqnt. e
(ml/min) D.x10° (m*/s)
30 5.75 4.67 0.171
30 12 17.14 0.154
30 18 12.46 0.234
30 24 16,34 0.243
50 5.75 10.42 0.158
50 12 16.65 0.196
50 18 82.92 0.223
50 24 24.54 0.211
70 b 9.62 0.111
70 12 11.09 0.174
70 18 14,25 0.223
70 24 12.48 0.234

APPENDIX B: Specimen calculations

1. Rejection Ef outlier

The method described by Himmelblau (1970) was used to
reject a suspected outlier. For an assumed model, the

ratio

/rR* - R/ _ . ; ,
e . B is calculate. Where, R is the residual of

Syy

the suspected outlier, R' is the average residual of the
other observations and Sﬂ is the standard deviation of the
observations excluding the suspected outlier. If the value
of V exceeds the t-ratio at 95% confidence, then the
hypothesis H : the observation does not correspond to an
outlier, is rejected.

The analysis was performed with respect to the
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observation with D, of 8.29x107* mz/s.

For the linear model, R = 3.09659, R' = -0.001837 and
Sﬂ = 0.3011. Therefore, the wvalue of V was found to be
5.646 which exceeded the t-ratio value of 3.54 and the
observation was concidered as an outlier.

For the exponential model, R = 2.68746, R' = -0.02693
and Sﬁ = 0.19751, resulting in V wvalue of 13.743. Here
again, the observation was rejected,.

2. Calculation of gas flow rate

Gas flow rate was calculated from the equation:

0.54C, 1P,
P,n*(263-2)p, g9

£, (ml/min)

Py, = 1.0133x10° Kg/m.s’ = 3.648x10° g/cm.min?, p, = 1 g/ml
and g = 9.81 m/313,3.532x106cm/m1nt Therefore, for liquid
flow of 24 ml/min and ethanol concentration of 13.63 g/l
and column height of 75 cm, the gas flow rate was
calculated as 149.489 ml/min which corresponds to a gas

velocity of 0.219 cm/s.
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AFPPENDIX C: Calibration curves for concentration of

tracers

Tracer

Tracer concentration Ct (/1)
r

4 Dextran biue

Optical density, OD

Fig. c.l1 Change in optical density with
concentration for dextran blue

0.7r

(9/1)

tr

Tracer

45 Fluoresceln

Tracer concentration C

Optical density, OD

Fig. c.2 Calibration of fluorescein without
pH adjustment
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0.12

Tracer

Tracer concentration Ct {g/1)
r

A5 Methyl green

Optical density, OD

Fig. .3 Calibration for methyl green tracer
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bY Tracer
g
= 45 Anlline blue

Optical density, OD

Fig. c¢.4 Calibration for aniline blue tracer
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0.038
=
ko 0.09
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©  p.028f
o
o
= 0.02
o 0.018
(&)
&
Q 0.01
9 0.008 Tracer
o
= 45 Methyl violet
o P . L L 1 J

0 o8 1 18 z 28

Optlcal density, OD

Fig. c¢.5 Changes in optical density with
concentrations of methyl violet
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